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HYDROGEN PRODUCTION VIA WATER GAS SHIFT REACTION ON A NICKEL
BASED CATALYST

Erlisa Baraj, Karel Ciahotny, Tomd$ Hlincik, Veronika Snajdrovd
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In this paper the fundaments of the water gas shift reaction (WGSR) were described. An overview of the
most commonly used catalysts for industrial applications as well as catalysts that are being developed are
discussed. The main focus of this work was to perform catalytic activity tests for the WGSR in a laboratory
apparatus. The tested catalyst was a nickel-based catalyst. Tests were performed using feed gas consisting of
50 mole % carbon dioxide and the balance nitrogen. Catalytic tests proved that the selected nickel-based cat-
alyst was active for the WGSR. However, it was observed that methanation side reaction also took place.
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1. Introduction

The water gas shift reaction (WGSR) was discovered
in 1780 by the Italian scientist Felice Fontana [1]. In the
first published reports the process was described as a way
of obtaining clean hydrogen from hydrogen containing gas
contaminated with carbon monoxide and hydrocarbons.
The gas mixture and excess steam were lead over pumice
stone impregnated with nickel or cobalt at temperatures
between 350 and 450 °C [2]. However, WGSR found its
first industrial application only in 1913 as part of the Ha-
ber-Bosch process of ammonia manufacture. After several
attempts to obtain clean Hy, including water electrolysis, it
was soon realized that the most economically feasible pro-
cess on such a large scale as ammonia production was the
WGSR [3]. The process was perfected in 1915 by convert-
ing CO to CO, with steam over iron-chromium catalysts.
Carbon dioxide was removed from the gas mixture via
scrubbing [4].

Hydrogen demand is increasing and is expected to
continue rising in its use as a fuel or as feedstock for the
chemical and petrochemical industry. The most notable
uses of hydrogen are ammonia production (and subsequent
fertilizers production) and the processing of crude oil into
fuels and high quality chemical products. Additionally, hy-
drogen is extensively used in metal and glass industry,
electronic and food industry [5]. Nowadays hydrogen is
becoming an interesting energy carrier as fuel and eventu-
ally as a possible substitute in the future to fossil fuels.
Currently, can be observed increasing interest in the utili-
zation of hydrogen for fuel cell applications. Moreover it
is also anticipated that renewed interest in the Fischer-
Tropsch technology will further enhance the demand for
hydrogen. Therefore it is crucial to expand current hydro-
gen production capacity [6].

1.1. Fundaments of the water gas shift reaction

The WGSR is a reversible exothermic reaction be-
tween carbon monoxide and water steam to from carbon
dioxide and hydrogen, as depicted in Eq. (1) [7].

H,0(g)+CO(g) <> CO,(g)+ H,(g)  AH,,=—40.6kJ/mol (1)

The WGS reaction is a catalytic, equilibrium con-
trolled chemical reaction. Since WGSR proceeds without
change in the number of moles, pressure does not affect
equilibrium. However, up to the equilibrium moment to-
tal pressure can positively affect CO conversion since it
increases the reaction rate [8].

Reaction equilibrium is mostly a function of temper-
ature. Taking into consideration that WGSR is a mildly
exothermic reaction, in order to increase H, production
and reduce CO content the reaction should be conducted
at lower temperatures. However, certain catalysts are not
active at lower temperatures. Moreover, often to achieve
the required reaction rate higher temperatures are re-
quired. Therefore, WGSR is conducted industrially in
two stage catalytic converter. The first, high temperature
(HT), stage operates at temperatures ranging from 320 to
450 °C. High temperatures favour fast CO conversion.
The second stage, low temperature (LT), operates at tem-
peratures ranging from 150 to 250 °C [8-11].

1.2. Catalysts for the water gas shift reaction

A variety of catalysts is capable to catalyse WGSR.
The catalyst of choice can differ depending on reaction
temperature. The WGSR is readily catalysed by both
metal and metal oxides [11]. For industrial applications
the WGSR catalysts are divided into two main classes:
Fe-based and Cu-based used for HT and LT conversion,
respectively [9].

The HT — WGSR is typically carried out using an
iron oxide catalyst structurally promoted with chromium
oxide. Typical catalyst used in industrial applications
contain about 8 wt % Cr,Oj3 (chromia). The active phase
of the catalyst is Fe3O4 (magnetite). The presence of
chromia prolongs the catalysts effective lifetime by sta-
bilizing the material and preventing sintering
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[12, 13]. Except catalyst stabilization it is believed that
chromia, to a lower extent than magnetite, can also cata-
lyse the reaction [14].

The LT — WGSR enhances the process by allowing
a higher CO conversion and yields in H, production. In-
dustrially the catalyst used in this phase is a mixture of
copper and zinc oxide. Quite often AlO; (alumina)
serves as a support. The catalysts are unstable at high
temperature conditions due to Cu sintering. Thus opera-
tion temperatures should not exceed 300 °C [15, 16].

Conventionally used catalysts have their advantages
and disadvantages. For instance Fe-based catalysts have
the advantage of being cheap and stable but the need of
high temperatures is their major limitation. On the other
hand, Cu-based catalysts have good activity at lower tem-
peratures but are more susceptible to poisoning (due to
the presence of sulphur and chlorine compounds) and op-
erate in a limited temperature range due to sintering [6,
8]. Therefore research on catalysts that have higher activ-
ity at lower temperatures and improved stability is cru-
cial. Various metals such as cobalt, molybdenum, gold,
platinum, rhodium and palladium are being tested [17-
22].

In recent years, Au and Pt-based catalysts have re-
ceived extended attention since they show very high ac-
tivity at low temperatures and potential stability in oxi-
dizing atmospheres [9]. It is still difficult to establish
which metal shows better catalytic activity since most
available data are presented for very specific experi-
mental conditions. Platinum based catalysts have re-
ceived much attention and have been applied for single
stage WGS reaction. The support plays an important role
especially in single stage WGS. Some of the most com-
monly used supports for Pt-based catalysts are ceria and
zirconia [21, 23]. However it has been pointed out that a
well prepared and properly activated Au based catalyst
can be at least as active as a Pt-based catalyst [24].

Except having good activity catalysts should also be
financially feasible. Nickel is one of the most widely used
metals as catalyst since it has a high surface area and is
relatively cheap [25]. Taking into account costs and also
the need to develop new catalysts that operate at interme-
diate temperatures nickel based catalysts have been re-
ceiving attention [26, 27]. Moreover in bimetallic cata-
lysts the presence of nickel has positively affected cata-
lyst activity in the temperature range 100 to 240 °C [28].

2. Experimental

2.1. Laboratory apparatus for catalytic activity
measurements

A commercial nickel based catalyst was tested in a
laboratory apparatus set up in UCT Prague designed to
work at temperatures up to 500 °C, pressure up to 8 MPa.
For WGSR catalyst testing a model gas mixture contain-
ing 50 mole % CO and 50 mole % N». The gas feed pres-
sure ranging from 0.6 to 8 MPa was controlled via an
electronic pressure regulator (Bronkhorst High-Tech
B.V., Netherlands). Flow measurements and regulation

up to 10 I'min’! (100 kPa; 25 °C), were performed via a
thermal mass flowmeter (Bronkhorst High-Tech B.V.,
Netherlands). Manometers were placed upstream and
downstream a control needle valve. At all individual sec-
tions of the apparatus ball valves were situated that ena-
bled rapid depressurization of the corresponding parts.

Gas feed preheating, in order to prepare for the
WGSR, was carried out in a tubular preheater placed in
an oven equipped with a temperature regulator CLARE
4.0 (Clasic CZ s.r.0., Czech Republic). The preheater was
80 cm long and had a diameter of 3.5 cm making for a
total volume of 0.77 dm?. Distilled water, in order to ob-
tain water vapour, was injected via a capillary in the pre-
heater. The preheated gas mixture afterwards flowed to
the WGSR reactor. The reactor was a 15 cm long tubular
reactor, with a diameter of 3 cm, wall thickness of 4 mm
making for a total volume of 106 ml. The reactor was
wrapped with a heating wire and was situated inside two
stainless steel protective tubes. One of the protective
tubes was 18.5 cm long, had a diameter of 10.8 ¢cm and
wall thickness of 3 mm. The other protective tube was
18.5 cm long, had a diameter of 11.4 cm and wall thick-
ness of 3 mm.

The produced gas was cooled in a pressure vessel of
a total volume of 0.55 dm® situated in a water bath
F32ME (Julabo GmbH, Germany) set at -2 °C. Excess
material condensed in the pressure vessel. In the final part
of the apparatus, sampling of produced gas was per-
formed. The scheme of laboratory apparatus is depicted
in Fig. 1.

2.2. Catalytic activity measurement

In the reactor was placed 100 g of nickel based cat-
alyst. Feed gas flow was set at approximately 8 I'min-!
(100 kPa; 25 °C). During all experiments the whole ap-
paratus was at pressure. Catalyst activity tests were per-
formed for pressure 0.5, 2, 4 and 6 MPa. Initially the ap-
paratus was heated at 470 °C using ultra clean N». Once
the desired temperature was reached feed gas was
switched to the model gas mixture consisting of 50 mole
% CO and 50 mole % N». At this point apparatus pressure
was regulated to the desired pressure (0.5, 2, 4 or 6 MPa).
Once pressure was reached water was pumped into the
preheater. Water flow was maintained constant at 3.5
I'min!. The WGSR took place at an initial temperature of
470 °C. Subsequently the reaction took place at gradually
lower temperature until reaching 150 °C or zero CO con-
version. Produced gas was sampled and analysed approx-
imately every 20 °C. During every sampling interval, ex-
cess water condensate was pumped out from the pressure
vessel.

2.3. Catalyst characterization

Elemental analysis was performed via X-ray fluo-
rescence (XRF) on a Spectrometer ARL 9400 XP
(Thermo Fischer Scientific Inc., USA). Data analysis via
the software Winxrf, was carried out.
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Fig. 1 Laboratory apparatus for the WGSR

Surface area and total pore volume were measured by N»
adsorption and desorption isotherms at -196 °C using a
COULTER SA3100 instrument (Beckman Coulter Inc.
USA). Samples were degassed at 13 Pa and 150 °C. Sur-
face area was determined based on BET (Brunauer—Em-
mett—Teller) isotherm measurement. Pore size distribu-
tion was calculated based on the BJH (Barrett-Joyner-
Halenda) model.

2.4. Product analysis

Gaseous products were analysed via a gas chro-
matograph (GC) Agilent HP 6890 (Agilent Technolo-
gies, USA) coupled with a standard flame ionization de-
tector (FID) and a standard thermal conductivity detector
(TCD). The GC was fitted with two independent chan-
nels in order to make possible the analysis of both organic
and inorganic gaseous products in the produced gas. The
FID channel permitted the determination of the organic
products while the TCD channel permitted the determi-
nation of the inorganic products. Since H, was one of the
compounds of interest, He was chosen as mobile phase.

3. Results and discusions

3.1. Catalyst characterization

X-ray fluorescence

X-ray fluorescence analysis of the nickel based cat-
alyst before tests showed that its major component was
Ni. Catalyst support was SiO». Nickel content in the cat-
alyst was 74.07 wt % while SiO, content was
25.93 wt. %.

BET analysis and pore size distribution

Catalyst surface area based on BET analysis was
19524 m*>g!. Catalyst total pore volume was
0.3256 ml-g’!. Acording to BET theory the adsorption
isotherm was type II [29].

Gaseous product analysis

After GC-FID/TCD analysis of produced gas was
established that the WGSR reaction took place in the
presence of the nickel based catalyst. Thus the catalyst
proved to be active for the WGSR under the described
experimental conditions. However except hydrogen and
carbon dioxide it was observed that a major component
of the produced gas was methane at all applied pressures.
The presence of methane indicated that the chosen nickel
based catalyst had catalytic activity also for the methana-
tion reaction. In Fig. 2 - Fig. 5 the produced gas compo-
sitions for each individual pressure are depicted.

The highest CO, content in produced gas, indicating
the highest CO conversion rate, was 41.33 mole %. This
CO; content was achieved under 4MPa pressure and tem-
perature 433 °C experimental conditions. However, the
highest hydrogen content in the produced gas of 12.1
mole % was observed at 0.5 MPa pressure and tempera-
ture 485 °C. The highest methane content in the produced
gas of over 12 mole % was observed at 4 MPa pressure
and in the temperature range from 210 to 360 °C. Similar
results were also observed for 6 MPa pressure in the tem-
perature range from 260 to 360 °C.

From the acquired data it was confirmed that ele-
vated pressure does not positively influence the WGSR.



S1(4)

50

40
S

e CHA

'g 30
S == C02
* 20
[
2 H2
=

10 e/ i CO

0

150 250 350 450
Reactor temperature [°C]
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Fig. 4 Produced gas composition at pressure 4 MPa.

On the contrary low hydrogen content along with
high methane content at elevated pressure indicated that
higher pressure had a positive effect on the methanation
reaction. The fact that produced gas composition at 4 and
6 MPa was quite similar indicates that after certain values
pressure does no longer play a substantial role for neither
WGSR nor methanation reaction.
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Fig. S Produced gas composition at pressure 6 MPa.

4. Conclusions

The selected commercial nickel based catalyst
proved to be active for the WGSR reaction under the ap-
plied laboratory experimental conditions. Experiments
were performed using a model gas mixture consisting of
50 mole % CO and 50 mole % N,. Tests were performed
at 0.5, 2, 4 and 5 MPa pressure and in the temperature
range 150 - 470 °C. During the course of the experiments
it was observed that in the produced gas was also present
methane indicating that the catalyst was active also for
the methanation reaction.

The highest conversion rate of CO to CO, was 83 %
and was reached at 4 MPa pressure and temperature
433 °C. The highest H; content of 12.1 mole % was at
0.5 MPa pressure and temperature 485 °C. The highest
methane content in the produced gas of over 12 mole %
was observed at 4 MPa pressure and in the temperature
range from 210 to 360 °C. Similar results were also ob-
served for 6 MPa pressure in the temperature range from
260 to 360 °C.

The acquired data indicated that the produced hy-
drogen via WGSR immediately reacts with either carbon
monoxide or carbon dioxide to form methane. Taking
into consideration that elevated pressure positively af-
fects methanation it is only natural that the highest me-
thane content in the produced gas was observed at pres-
sure 4 and 6 MPa.
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Constant increase of carbon dioxide emissions from anthropogenic activities leads to the search
of options for its recycling and utilization. Although recycled CO; utilization as a raw material
for the production of chemicals and propellants can be challenging, it is the most sustainable way
to mitigate its emissions. Among the most promising applications of CO; is its catalytic fixation
with hydrogen via the methanation reaction to methane. CO2 methanation, depending on the used
catalyst and overall reaction conditions, can proceed through different mechanism or pathways.
A literature review on the methanation reaction mechanism shows that CO2 can be converted to
methane either by direct methanation or through the formation of a CO intermediate. This article
analyses the proposed reaction mechanisms of CO2 methanation.
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Introduction

Carbon dioxide is the major greenhouse gas (GHG)
arising from human activities and the concentration
of atmospheric CO- has been continuously and con-
siderably increasing since the industrial revolution
(Canadell et al., 2007; Kod¢i et al., 2008). In Fig. 1,
the estimated trend of COsy emissions since 1980 is
depicted.

Increase of the COs concentration is mainly at-
tributed to the high consumption of carbon-based fu-
els for transport and electrical energy production. The
use of biomass and biofuels is often considered as a
way of achieving zero COs5 emission, assuming that
biomass growth removes as much CO; as it is emitted
during its combustion (Gustavsson et al., 1995). How-
ever, using biomass and biofuels for energy supply will
not result in zero CO5 emission when land-use change
is taken into account (Searchinger et al., 2008). Due
to the fact that the world’s transportation and energy
demand is expected to continue increasing throughout
the coming decades, stabilization of GHGs emissions,
namely COg, is an important issue to be addressed.
Another concern to deal with is that fossil fuels are
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still indispensable for our global energy needs, consid-
ering that most of the world’s energy comes from these
sources. Fossil fuels have become the dominant energy
source at the beginning of the twentieth century. Since
then, no alternatives to crude oil, gas and coal have
emerged to replace them as a universal source of en-
ergy and raw material for chemical industry (Song,
2006). It is expected that the world’s energy supply
will come mainly from oil, gas, coal and low-carbon
sources by 2040 (International Energy Agency, 2014).
In addition, a recent estimate suggests that by 2030,
the global energy demand will increase by 53 % (Yu
et al., 2008). However, resources of fossil fuels will not
be constant over this period of time; for instance, the
demand for natural gas increases with the highest rate
among the fossil fuels, which makes the need for al-
ternative energy sources crucial (International Energy
Agency, 2014).

The first option to deal with CO5 emissions is the
carbon capture and sequestration (CCS) from sta-
tionary sources such as power plants. The captured
and sequestered CO5 can be then disposed of through
long-term disposal such as deep ocean disposal, or for-
est sequestration or storage in geological formations
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Fig. 1. Global CO2 emissions from anthropogenic activity 1980-2012 (U.S. Energy Information Administration, 2015).

(Tilley, 1993; Yang et al., 2008; Herzog, 2011). Various
CCS small scale units are currently on development
and demonstration stages. It should be noted however
that CCS will eventually involve large parasitic energy
loads leading to the reduction of the energy output of
power plants and consequently increasing the cost of
electricity production (Hoekman et al., 2010).

The second option of reducing high atmospheric
emissions of COs is its recovery and recycling from
stationary sources and evaluation of its potential use
in the production of marketable products. Currently,
COg; is mainly used for chemical and fertiliser manu-
facture (through urea synthesis), polycarbonates (for
plastics), salicylic acid, beverage carbonation and food
preservation (Altenbuchner et al., 2014; Watile et al.,
2014). Worldwide consumption of CO4 for these pro-
cesses represents a very small fraction of CO2 gener-
ated by fuel combustion (Edwards, 1995). It can be
approximately estimated that only around 5-10 % of
the total CO5 emissions worldwide are used for fuel
and chemical production (Centi & Perathoner, 2009).

Carbon dioxide is a nontoxic, non-flammable and
abundant feedstock. For chemists, CO; is a very at-
tractive Cy building block in organic synthesis (Mills
& Steffgen, 1974; Darensbourg et al., 1999; Sato et
al., 2011). Recycled CO; as a carbon source for chem-
icals and fuels can be considered as a more sustain-
able feedstock. CO; is a stable molecule, being the
most oxidized state of carbon. As a raw material it
is in its lowest energy level and thus its conversion
into other products as a single reactant is difficult.
CO; reacts much easier when a co-reactant, such as
H,, is present. Catalytic hydrogenation of CO2 to
methane, also known as the Sabatier reaction, re-
ported by Sabatier and Sendersen, is an important
catalytic process (Sabatier & Senderens, 1902; Mills
& Steffgen, 1974).

COQ + 4H2 — CH4 —+ 2H20
AHapgx = —165kJ mol ! (1)

Methanation of CO2 has a variety of applications
the two most notable being the purification of synthe-
sis gas for ammonia production and the production
of synthetic natural gas (SNG). NASA (The National
Aeronautics and Space Administration) is also excep-
tionally interested in the application of COs metha-
nation for on-site production of life support consum-
ables and propellants from Martian atmosphere (Hol-
laday et al., 2007; Hu et al., 2007). Additionally, spe-
ciality chemicals manufacturer Clariant has supplied
a CO2-SNG proprietary developed catalyst for an
Audi’s methanation unit in Werlte, Germany (World
News, 2013). Considering the increasing fuel demand,
and the specifically recent global increase of natural
gas demand, methanation of recycled CO5 available
from CCS facilities for SNG production is a very at-
tractive application.

Methanation conditions

Interaction between CO5 and Hs is of theoreti-
cal and practical interest because it involves stable
molecules in chemical reactions aimed at the prepa-
ration of practically valuable compounds. Since the
publication of the work of Sabatier and Sendersen
(1902) about catalytic methanation, it is well known
that CO and COs can both be reduced in the pres-
ence of Hs over a catalyst as shown for CO5 in Eq.
(1). The Sabatier reaction is reversible and exothermic
(A Haggk = —165 kJ mol~1). Even though the reaction
is exothermic, some initial activation energy/heat is
needed to start the reaction (Brooks et al., 2007).

A variety of metals on different supports can be
used as methanation catalysts. The first metal tested
as such a catalyst was nickel (Sabatier & Senderens,
1902). It is established that CO2 adsorbs dissociatively
on nickel at temperatures starting from 298 K and
above, reaching its maximum adsorption near 473 K.
At temperatures above 473 K, the rate of adsorption
becomes comparable to the rate of desorption (Fal-
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coner & Zagli, 1980). Nickel based catalysts have been
widely used for methanation also due to their low
costs. However, nickel catalysts can be deactivated
due to nickel particles sintering (Wang et al., 1996)
at high temperatures. In later tests, a variety of cat-
alysts, such as copper, cobalt, ruthenium, rhodium,
have been tested for methanation as well (Klissurski et
al., 1992; Trovarelli et al., 1995; Takanabe et al., 2005;
Sharma et al., 2011; Karelovic & Ruiz, 2012; Zamani
et al., 2014). Attempting to enhance methanation, a
wide range of metal supports such as SiOs, v-Al; O3,
zirconium oxides, cerium oxides, TiO2, MgO, zeolites
have been tested (Ussa Aldana et al., 2013; Trovarelli
et al., 1995; Jacquemin et al., 2010; Kim et al., 2010;
Marwood et al., 1997; Eckle et al., 2011; Borgschulte
et al., 2013; Westermann et al., 2015; Sharma et al.,
2011).

Methanation of COs has been tested using vari-
ous catalysts at temperatures generally ranging from
423 K to 973 K (Peebles et al., 1983; Tsuji et al.,
1994; Chang et al., 1997; Tada et al., 2012; Abell6 et
al., 2013; Aziz et al., 2014a; Tada et al., 2014). To
optimize the process, tests have been performed even
at lower initial reaction temperatures of 298-373 K
for certain catalysts, e.g. ruthenium based ones (Soly-
mosi et al., 1981a; Sharma et al., 2011). However, it
is generally agreed that higher yields are achieved at
temperatures of 443 K and above (Solymosi et al.,
1981a), in some cases, maximum reaction rate and
highest selectivity can be reached even at tempera-
tures as high as 623-723 K (Abelld et al., 2013; Aziz
et al., 2014a). Nevertheless, increasing the methana-
tion temperature above 773 K results in the increased
amount of CO due to the endothermic reverse water
gas shift reaction (RWGS), Eq. (2) (Gao et al., 2012).

The Hs : CO5 ratio strongly influences the final
product. Low ratios tend to provide larger amounts
of high molecular mass products while at higher ra-
tios, more methane is produced. The ideal Hy : COq
mole ratio creating an atmosphere relevant for metha-
nation, and leading to better selectivity and higher
methane yield is generally agreed to be 3 : 1 up to
4:1 (Karn et al., 1965; Tsuji et al., 1996; Graga et al.,
2014). When the reaction proceeds with Hy and COq
in the ratio of 4 : 1, more than 95 % of the formed
hydrocarbon is methane (Karn et al., 1965).

The main characteristics of CO, methanation have
been summarized by Henderson and Worley (1985).
CO3 hydrogenation is more selective towards product
formation than CO hydrogenation, methane usually
being the only hydrocarbon product. Under similar
conditions, activation energy of COs hydrogenation
is usually lower than that of CO hydrogenation. The
rate of CH, formation from COs is higher than that
from CO. Carbon dioxide hydrogenation is thought to
proceed via the dissociative adsorption of some forms
of CO and then through the same pathway as CO
hydrogenation.

Methanation reaction mechanism

Methanation is a catalytic reaction. Depending on
the nature of the metal serving as the catalyst, ei-
ther CO or CHy is the main product of the reaction
(Lapidus et al., 2007). Methanation of CO9, Eq. (1), is
a fairly simple reaction. However its mechanism is dif-
ficult to establish and some controversial opinions on
the intermediates involved have been presented. The
reaction pathways of CO2 methanation are divided
into two main categories. The first one proposes the
conversion of COs to CO via the reverse water gas
shift reaction, and its subsequent reaction to methane
through the same pathway as CO methanation (Pee-
bles et al., 1983; Eckle et al., 2011; Borgschulte et
al., 2013). The second pathway proposes direct COq
methanation (Mills & Steffgen, 1974; Sharma et al.,
2011). Nowadays, it is generally accepted for most
catalysts that in COs methanation, CO is the main
intermediate.

It should be noted that even in case of CO metha-
nation, an agreement on the reaction kinetics and
mechanism has not been met. Most of the studies
listed in this work focus on COs hydrogenation at
H, : CO; ratios close to 4 : 1, which is the ratio most
often applied in syngas hydrogenation. Atmosphere
with high excess of hydrogen, with the Hy : CO4 ratio
of up to 100 : 1, which is typical for selective metha-
nation reactions, may react following different mech-
anisms than those described in this work.

According to the first proposed mechanism of CO9
methanation through the main intermediate product
CO, the Sabatier reaction (Eq. (1)) is a combination
of the reverse water gas shift reaction (Eq. (2)) and
CO methanation (Eq. (3)).

COQ + H2 — COad + HQO
AHsosx = 41 kJmol ™! (2)

COuq + 3H, < CHy4 + H2O
AHsggx = —206 kJmol ! (3)

This means that after the CO5 adsorption and dis-
sociation on the catalyst surface, COs methanation
proceeds through the same route as CO methana-
tion. It should be noted that water as a side product
can have negative effect on the methanation reaction.
Borgschulte et al. (2013) stated in their work on COq
methanation over nickel catalysts supported on zir-
conia that CO formed by the reverse water gas shift
reaction is an important intermediate. However, water
removal from the reaction centres is critical to increase
the reaction yield of CHy and to minimize the release
of CO as a side product.

In their work, Weatherbee and Bartholomew (1982)
stated that the first step of CO5 hydrogenation is dis-
sociative adsorption to hydrogen atoms, CO,q and
oxygen atoms. Adsorbed CO can either dissociate to
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carbon and oxygen atoms (Eq. (4)) or desorb.
Coad A Cad + Oad (4)

The next steps include the hydrogenation of ad-
sorbed carbon and carbene intermediates to methane,
Egs. (5-9), and of atomic oxygen to water, Egs. (10—
12).

Cad + Haa < CHaq (5)
CHaq + Haq < CHg aq (6)
CHy,aq + Haq < CH3 aq (7)
CH3,aq + Haq <= CHy aa (8)
CHyaq = CHy g 9)
Oad + Haq <> OHag (10)
OHaa + Haga <> H2Oaq (11)
H204q < H204 (12)

An important factor to be established when de-
scribing methanation is the rate-determining step.
Based on the above described reaction mechanism, the
carbine species hydrogenation to CHy was initially as-
sumed as the rate-determining step (Klose & Baerns,
1984). However, this assumption was abandoned in
later works and different pathways have been pro-
posed. Generally, it is accepted that CO,q is produced
via the reverse water gas shift reaction (Eq. (2)) in-
volving either a redox mechanism (Goguet et al., 2007)
or the formation and decomposition of formate species
(Yaccato et al., 2005). Alternatively, dissociative ad-
sorption of COs is also proposed (Eckle et al., 2011).

In their study on methanation on nickel catalysts,
Coenen et al. (1986) proposed that the rate determin-
ing step can be either CO dissociation to surface car-
bon (Eq. (4)) or CHO dissociation. In case of CO dis-
sociation, the reactions proceed according to Eqs. (5—
9). CHO dissociation hypothesis introduces two new
reactions: Eq. (13) and consequent CHO interaction
with hydrogen (Eq. (14)).

COuq + Haq <« CHO,q (13)
CHO.q + Hoq <« Caq + H2Og (14)

Reaction temperatures, pressure, used catalyst and
the particle size of the catalyst influence the metha-
nation reaction mechanism. Taking this under consid-
eration, dissociation of the CHO intermediate can be
the rate-determining step for temperatures just below
850 K (Andersson et al., 2008).

Even when the CO5 methanation occurs via CO
formation, it does not necessarily mean that CO for-

mation should proceed through the reverse water gas
shift reaction. Jacquemin et al. (2010) performed COq
methanation using a rhodium based catalyst, specif-
ically rhodium supported on v-AloO3 (Rh/y-AlO3).
It was observed that the first step in CO5 methana-
tion is its dissociative adsorption (Eq. (15)) to form
CO.q and O,q4 on the surface of the catalyst.

CO3 «> COug + Oadq (15)

Formation of CO,q on the surface of the catalyst
was proven by in situ DRIFT (Diffuse Reflectance
Infrared Fourier Transformation) measurements. The
present bands were associated with oxidized Rh which
reacted rapidly with hydrogen to form methane. The
most accepted pathway is CO,q dissociation to C.gq
according to Eq. (4). Oxidization of rhodium occur-
ring during the reaction confirmed that CO; is disso-
ciated on the surface of the catalyst and that the cat-
alyst is oxidized by the O,q species. In a related work,
Beuls et al. (2014) performed CO2 methanation using
an Rh/4-AlyO3 catalyst and DRIFT measurements.
It was confirmed that COs dissociation is responsi-
ble for the oxidation of Rh. Additionally, their results
support the mechanism proposed by Jacquemin et al.
(2010).

Reaction intermediates in CO5 methanation were
investigated in a different study using ruthenium sup-
ported on alumina (Ru/y-Al;O3) as catalysts (Eckle
et al., 2011). The intermediates were investigated by
steady state isotopic transient kinetic analysis coupled
with DRIFT experiments. Due to the non-reducible
support material of the Ru catalyst, the redox mech-
anism was excluded. Formate mechanism was consid-
ered as highly unlikely to be the dominant rate de-
termining reaction in this case. The dominant for-
mate mechanism would require a rapid decrease of the
formate related bands after DRIFT analysis, which
is in contrast with the experimental results. Instead,
during DRIFT analysis the formate related bands
grow, indicating that the decomposition of formate
species is too slow compared to the CO,q exchange
rate. As a result it was proposed that on a Ru cat-
alyst, CO2 methanation proceeds via dissociative ad-
sorption (Eq. (2)) forming CO,q and O,q, which is
the rate determining reaction of the process. In a
different study (Marwood et al., 1997), steady-state
transient measurements coupled with IR spectroscopy
were performed using ruthenium supported on tita-
nia (Ru/TiO3) as the catalyst. A reaction mecha-
nism (Fig. 2) was proposed, which involved the ex-
istence of CQO,q, a reaction intermediate in the path-
way to methane. Formate was considered to be a side-
product bound more strongly to the support. Hydro-
genation of CO,q present in a lumped form involved
six adsorbed hydrogens was obviously not an elemen-
tary reaction; however, the hydrogenation steps could
not be distinguished by IR spectroscopy. Additionally,
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Fig. 2. Proposed mechanism of CO2 methanation: S is the sup-
port; M is the metal; I is the metal support interface
(Marwood et al., 1997).

the existence of a pathway involving hydrogen car-
bonate was proposed for the formation of interfacial
formate species since the experiments indicated that
these species were formed on the support during the
reaction and their transient response was consistent
with the response of a CO precursor. Solymosi et al.
(1981a, 1981b) similarly proposed that even though
the formate ions are formed on the metal, they mi-
grate rapidly to the support during the methanation
reaction and therefore the formate bands correspond
to those of a side-product adsorbed on the support.
However, it was suggested that the presence of such
bands is indicative of formate species adsorbed on the
metal-support interface, which is regarded as the pre-
cursor of CO.

Catalyst behavior and as a result also the formed
reaction intermediates vary depending not only on
the type of the metal but also on the metal /support
ratio. Westermann et al. (2015) studied the reac-
tion mechanism of CO2 methanation using nickel im-
pregnated on ultra stable Y (USY) zeolite (Ni/USY)
via IR operando measurements. It was observed that
when USY was used in the absence of hydrogen,
CO3 does not adsorb. The amount of adsorbed CO»
increased with the increasing nickel content. Car-
bonate species were not observed when using only
USY, but appeared in the presence of Ni. Their
presence was not attributed to the CO5 dissociation
but rather to the formation of formates adsorbed
on the metal surface, i.e. Ni. However, carbonate
species were considered to be only by-products with
no participation in the methanation mechanism. It
was concluded that the CO5 methanation pathway
does not proceed through carbonate formation but
through formate dissociation on Ni, leading to the
formation of adsorbed CO. Therefore, CO is consid-
ered to be the main intermediate and its dissocia-

tion is the rate determining step of COy methana-
tion.

It should be noted that not only the metal but
also the support play an important role in the metha-
nation reaction mechanism. Aziz et al. (2014b) car-
ried out methanation over a variety of metals (in-
cluding Ni, Cu, Rh and Ru) supported on mesostruc-
tured silica nanoparticles (MSN). The reaction prod-
ucts were measured employing in situ FTIR (Fourier
Transform Infra Red) spectroscopy. In the absence
of the support, metal activity towards methanation
was very low. Likewise, support without metal dop-
ing showed almost no activity for the conversion of
COs. As expected, when using metal based MSN cat-
alysts, methantion occurred. According to the FTIR
measurement results, CO, methanation was proposed
to proceed through the formation of the CO interme-
diate: CO5 and Hy are adsorbed and dissociated on
metal active sites forming CO,q, O,q and H,q, and
the formed species then migrate to the MSN surface,
where CO,q interacts with oxide surfaces of the sup-
port to form carbonyl species. In the presence of the
H.q atom, the carbonyl species form methane.

Regarding the second methanation mechanism,
Schild et al. (1991) studied CO2 methanation over
an amorphous nickel /zirconia catalyst. Reportedly, no
signs interconversion were observed between CO9 and
CO according to the reverse water gas shift reaction,
even though the presence of CO was observed. How-
ever, the presence of intermediate formate species in
case of COs and Hy feed was suggested, which is in
accordance with the work of Barrault and Alouche
(1990). The formation of formate species as the main
reaction intermediate of COs methanation proceeds
according to Egs. (16) and (17). The presence of CO
is then justified by Eq. (18).

COQ,g — COQ,ad (16)
COQ@,d + H2,ad — HCOOaq + Haq (17)
HCOO,q + Hag < Hy0,4 + COLg (18)

When performing methanation in an atmosphere
consisting of CO and Hs, dissociative adsorption of
CO is accepted as the reaction pathway. Moreover,
it was reported that in the CO and Hy atmosphere,
large amounts of surface carbon are formed, whereas
almost no surface carbon was observed in the CO5 and
H, atmosphere.

Pan et al. (2014a) studied COy methanation on
nickel supported on ceria and zirconia (Ni/Ceg 5Zrg.5
O2) by FTIR spectroscopic measurements. It was ob-
served that the main reaction intermediates of metha-
nation were formate species. These formate species
were believed to be derived from the hydrogenation
of carbonates formed on active sites of the support,
which were a result of surface oxygen sites and surface



S2 (6)

400 E. Baraj et al./Chemical Papers 70 (4) 395-403 (2016)

oxygen vacancies of Ce3T, Cet or Zr as well as hy-
droxyl surface sites of Ce** or Zr. Minor CO amounts
were detected; however, CO was considered only as a
by-product of the reaction and by no means as an in-
termediate. Detailed studies regarding the interaction
of CO2 with Ni(110) via high pressure TPR (Tempera-
ture Programed Reactions) experiments were carried
out by Ding et al. (2007) and Vesselli et al. (2008).
CO3 under ultra high vacuum conditions was both
physisorbed and chemisorbed on the metal. It was
initially proposed that with the increasing tempera-
ture, the physisorbed form readily desorbs while the
chemisorbed form can either desorb or decompose into
CO,4 and O,q (Ding et al., 2007). Subsequently it was
reported that COy chemisorbed on Ni(110) is nega-
tively charged and that it is mainly bonded via the
carbon atom. The molecule binds to the surface with
a resulting energy barrier for its hydrogenation smaller
than the energy barrier for CO2 desorption or that for
dissociation into CO,q and O,q. The presence of H,q
leads to the formation of formate intermediates which
subsequently react to provide methane (Vesselli et al.,
2008).

In a different study, Sharma et al. (2011) stud-
ied CO2 methanation performing steady-state mea-
surements using Ru-doped ceria catalysts, specifically
Ceg.95Rug.0502. The catalyst was proven to be effi-
cient for CO5 methanation. In order to confirm if
CO3 hydrogenation leads to the CO intermediate,
temperature programmed reactions of CO with Hy
were carried out using the same catalyst. It was as-
sumed that if CO is an intermediate of CO5 methana-
tion using Ceg.g95Rug.0502, then the catalyst should
also methanate CO. It was observed that the cat-
alyst showed almost no methanation activity when
the gas fed was CO. Practically no methane was ob-
served at temperatures in the range of 573-673 K
and a very small amount of methane was observed
at 773 K. It was concluded that CO5 methanation us-
ing Ceg.95Rug.0502 does not proceed through the CO
intermediate.

Ussa Aldana et al. (2013) studied CO2 methana-
tion via IR operando measurements comparing the ac-
tivities of the classic nickel catalyst supported on sil-
ica (Ni/SiOq) with nickel catalysts supported on ceria-
zirconia (Ni/CZ). It was observed that when using the
Ni/CZ catalyst, CO2 was adsorbed on sites of medium
basicity forming large amounts of carbonate species.
As the reaction proceeded it was assumed that carbon-
ate species were reduced into formate species since an
increase in the amount of the later, which were initially
not present, was observed. The intensity of bands at-
tributed to the formate species increased up to 523 K
before sharply decreasing, which corresponds with the
beginning of methane formation. However, when us-
ing a Ni/SiO9 catalyst, a lower amount of carbonate
species was observed due to the weaker basicity of the
support. Even though formate species were observed,

no evidence correlating their presence with the cat-
alytic activity was found. Carbonyl species were de-
tected indicating the dissociation of CO5 on the metal
surface. The overall performance of the Ni/CZ cata-
lyst was better than that of the Ni/SiO2 catalyst in-
dicating that basic sites are very important for the
CO2 methanation. Higher activity of nickel catalyst
supported on ceria and zirconia (Ni/Ceq 5Zrg 502) re-
lated to the presence of medium basic sites in addition
to oxygen vacancies was also confirmed by Pan et al.
(2014b, 2014c).

Another important aspect of the methanation
mechanism is the formation of surface carbon. Sur-
face carbon is a reaction by-product and its forma-
tion is strongly influenced by the process parame-
ters, i.e. pressure and temperature (Jirgensen et al.,
2015). Therefore, evaluation of the contribution of the
carbon-forming reaction to methanation is required.

In a study on methanation with nickel supported
on alumina (Ni/y-Al;O3) catalysts at 553 K, a tem-
perature suitable for the methanation reaction, the
presence of surface carbon deposit was observed.
Then, when an aliquot of hydrogen was pulsed over
the catalyst, the amount of produced methane was al-
most exactly equal to the gram atoms of surface car-
bon deposited on the catalyst. At carbon concentra-
tions lower than 2 x 1074 mol g=! of the catalyst,
nearly all carbon is converted to methane. However,
at higher surface densities of deposited carbon, the
total conversion decreases suggesting the presence of
carbon also in a nonreactive form occupying some of
the sites required for reactant adsorption (Wentrcek
et al., 1976).

In order to avoid elevated carbon deposition and
maintain high CHy selectivity, the Hy : CO5 ratio
should not be lower than 4 : 1. Additionally, the pres-
ence of water, originating in either the reverse water
gas shift reaction or added steam, seems to inhibit
carbon formation not only during the CO, methana-
tion but also during the CO methanation (Gao et al.,
2012).

Conclusions

Methanation of recycled CO5 available from CCS
facilities for SNG production through the Sabatier re-
action is a very attractive application. Considering
that CO; has long been recognized as the major green-
house gas arising from anthropogenic activity, a re-
duction of its emissions is a necessity. Carbon dioxide
represents an attractive C; building block in organic
synthesis, and recycled CO5 from stationary sources
as a carbon source for chemicals and fuels can be con-
sidered as a sustainable application of the resources.
For methanation reaction, the ideal Hy : CO4 ratio is
4 : 1. Carbon dioxide methanation is a catalytic reac-
tion and the structure of the catalyst and reaction
conditions significantly influence the whole process.
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The CO2 methanation mechanism is not yet fully un-
derstood, with two possible pathways proposed. COq
methanation can proceed either through direct COq
reaction to methane or through the formation of CO
as the main intermediate. In case of direct CO5 metha-
nation, the presence of formate species as the main re-
action intermediates is suggested. Regarding the path-
way where COg reacts to be transformed into CO, it
is generally agreed that the Sabatier process proceeds
through the reverse water gas shift reaction forming
CO,q and H50. The adsorbed CO is subsequently hy-
drogenized through a series of reactions to methane.
Alternatively, CO can be formed due to the disso-
ciative adsorption of CO5 on the catalyst. Besides
CO, deposited surface carbon is another important by-
product. The surface carbon formed at elevated car-
bon concentrations inhibits the methanation reaction
since it occupies active sites of the catalyst surface.
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Adsorbents for the natural gas drying at CNG stations

Karel Ciahotny!, Toma$ Hlinzik®, Alice Vagenknechtovhand Ondiej Proke$

Humidity present in the natural gas causes problems by its compression at CNG filling stations. Therefore, the natural gas has to be
dried before compression. For this reason, the water adsorption from the gas is mostly used as a suitable adsorbent. A device for drying
compressed natural gas at high pressure is, therefore, an important part of the CNG filling station and affects the quality of produced CNG.
For the correct operation of the drying equipment is decisive the selection of the suitable material for the adsorption of water vapor from
the gas. As adsorbents for the removal of water from the gas, molecular sieves 4A, 5A, and 13X are primarily used. Molecular sieve 4A has
a high sorption capacity for water vapor, which is, however, significantly reduced by co-adsorption of methane at high pressures. Other
molecular sieves have not so high sorption capacity for water, but the influence of co-adsorption of methane at high pressures is by these
adsorbents not so significant. The article is focused on selection of commercially available adsorbents having a high capacity for water
steam and high efficiency of its removal from the gas. The results of laboratory tests of methane drying have been used in the selection of
best adsorbent for natural gas drying at CNG stations.

Key words adsorbent; natural gas; CNG station; drying; methane

1. Introduction

The natural gas drying technologies are applied in operational practice, especially after wet gas extraction
from the underground storage or deposits before gas transportation in long-distance or gas distribution pipelines.
For this purpose, so-called absorption drying technologies, applying as a drying agent glycols, mostly
triethylene-glycol (TEG), are used in the operational practice. Furthermore, it is necessary to dry the natural gas
also before its compression at high pressure to produce compressed natural gas (CNG). In these cases, there are
typically a relatively small gas flow rates, which are dried at very low residual moisture content. The water
condensation in the compressed gas after the gas compression to high pressure (up to 30 MPa) can so not occur.
The technologies operating on the principle of the water adsorption on an appropriate adsorbent are used to this
deep gas drying in operational practice. This article is focused on the testing of suitable adsorbents for deep
natural gas drying in laboratory conditions and selection of the best adsorbent for operational practice.

2. Water content in natural gas

The higher water content in the natural gas causes varies problem for a number of reasons; the most
significant ones are corrosion and formation of hydrates. The main danger of higher water content in the gas is
the possibility of water condensation due to the decreasing of gas temperature (Lgkken, 2013). For example,
when the wet gas is passing through the depressurizing station, due to a drop in temperature, the water may be
separated from the gas in the liquid or solid phase and causes trouble in the regulator (freezing, erosion, etc.). For
high-pressure gas pipelines, the possibility of hydrates formation as the consequence of water condensation is
the main problem with high pressure and low temperature (Kim et. al., 2010; Caroll, 2014).

According to the order of the operator of the gas transportation system in the Czech Republic, the "dew
point" is defined as the temperature in degrees Celsius at which water vapor contained in the gas at operating
pressure begins to condense. The value of the dew point of water related to the pressure of 4 MPa shall not be
higher than -7 °C. That is when the maximum water vapor concentration in the gas 1G4isnggitoulated
under normal conditions (15 °C, 101.325 kPa) (Netusil and Ditl, 2011; TPG 902 02, 2006). Since 2012, there is
a maximum dew point value of water in the natural gas -8 °C at the pressure of 7 MPa. The partial water vapor
pressure at this dew point is 334 Pa. That is when converting to normal conditions (15 ° C, 101.325 kPa) is
the maximum water vapor concentration in the gas 68 AM{@WGW G 260: 2013-03, 2013; CBP 2005-001/02,

2008).

The water content in gas distribution systems in the Czech Republic should have a moisture content

expressed as the dew point 2 °C below the temperature of the soil by the operating pressure (TPG 902 02, 2006).
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3. Technologies used to the natural gas drying

For the natural gas drying, three different technologies are used in operational practice. The first one is
the absorption of water vapor from the gas by using triethylene-glycol (TEG). The second technology is based
on the adsorption of moisture at a suitable adsorbent; the last one works on the principle of water condensation
from the gas cooled due to the Joule-Thomson's effect of its expansion. Methods differ in principle and
suitability for using by individual specific cases (Mokhatab et. al, 2006).

For the small and medium flows of natural gas promote in the operational practice the adsorption drying
technology for its simplicity, high efficiency and minimum demands on the service. Polar inorganic materials are
used as the adsorbent, mostly on the basis of zeolite molecular sieves, which reach a high adsorption capacity for
water even at low concentrations of water vapor in the gas and allow a high degree of the gas drying (Farag et.
al., 2011).

Both systems are enforced into operational practices without regeneration of water saturated adsorbent, so
systems with integrated regeneration of water saturated adsorbent directly in the adsorption equipment. Gas
drying systems with regeneration of the adsorbent typically use more adsorbers connected parallel, where one of
the adsorber is being used to dry the gas and the other is regenerated by heating to a high temperature and
subsequently cooled after desorption of water captured in the adsorbent. Systems without regeneration of water
saturated adsorbent are usually used only for drying of small flows of gas, where the frequent exchange of water
saturated adsorbent is not necessary.

4. Adsorbents used for natural gas drying and their significant properties

Polar adsorbent on the basis of inorganic compounds are used to the water adsorption of natural gas.
The most important characteristics of adsorption materials are adsorbent polarity, its specific surface size, pore
size distribution and the adsorption pore volume.

The adsorbent polarity is characterized by its ability to preferential adsorption of polar or non-polar
substances. Polar substances are adsorbed better on the polar adsorbents and non-polar substances on the non-
polar ones. The adsorption of polar substances on the non-polar and non-polar substances on polar adsorbents
typically occurs after exceeding their relative pressure of 0.5 in the environs of adsorbent. As relative pressure,
there is meant the actual partial pressure of the substance in relation to the pressure of their saturated vapor at
the given temperature (Kohl and Nielsen, 1997).

The specific surface of adsorbents shall mean the total surface of the pores, which are located inside
the adsorption material. A porous system for some highly developed adsorbents is so that the total specific
surface can reach more than 1 5G0gnadsorbent (Kast, 1981).

The adsorption of water and other substances from natural gas occurs in the smallest pores, so-called
submicro- and the micro-pores. Only in the case of the so-called capillary condensation, also mezo-pores are
filled. Capillary condensation of water occurs only at higher concentrations of water vapor in a gas in more than
30 % of rel. humidity (relative vapor pressure higher than 0.3). Macro-pores have a function only as the transport
pores to the internal porous system.

In addition to the internal surface, the pore adsorption volume of the material is another important property
of adsorption, i.e., the volume which is filled with adsorbed substances in the case of full saturation of adsorbent
until the steady state.

The most widely used industrially produced types of adsorption materials used for gas drying include (Kast,
1988):

y-alumina,

slica gel,

natural and synthetic zeolites.

Alumina is made of more than up to 85 % ofQy the rest represent various mineral ingredients. For its
strongly hydrophilic character, it is suitable mainly for adsorption of polar compounds from gaseous mixtures
and as a carrier of catalysts. The most stable form of aluminum oxiel&l i©5, called corundum. Corundum is
mechanically strong, but has a low porosity and a specific surface. Active aluni#d,®;, which is produced
by calcination of aluminum hydroxide monohydrate or trihydrate. The pore volume and surface area depends on
the crystalline modification, on the amount of water and the content of alkali and alkaline earth metals.
The porosity ofy-Al,Oj; is between 50 and 70 %, and its specific surface reaches values of 120 f3gl50 m

Silica gel is adsorbent based on silica, which can be in different degrees of hydration. By weight, silica gel
is 95 % made up of Si&and the remaining 5 % are other oxides. Because of having a hydrophilic character, it is
also used for gas drying.

The size of the inner surface of the silica gel reaches up to @0 the pores in the structure are
represented by micro- pores in the dimension of 1-1.5 nm and mezo- pores in diameter up to 5 nm.
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By repeated desorption of water, when silica gel is long-term exposed to temperatures above the 200 °C,
irreversible reduction of its adsorption capacity occurs. This phenomenon constitutes a major disadvantage for
the industrial use of silica gel. Several tests of silica gel in industrial facilities have shown that in the course of
long-term using, the reduction of its adsorption capacity occurs, which is doubled at the beginning and in some
cases tripled in comparison with molecular sieves. The adsorption capacity of the silica is also significantly
reduced by the presence of hydrogen sulfide in the dried gas.

Zeolites consist of natural or synthetic alumosilicates. Other cations are found in its porous system. Zeolites
usually have strongly hydrophilic character caused by electrostatic forces of theirs crystallographic structures.
Given the exact defined structure of input holes in the porous system, zeolites are used as the molecular sieves
for separation, cleaning and drying of gaseous mixtures and as the catalysts.

Exactly defined, the size of the channel structure differentiates zeolites from amorphous micro porous
materials, such as activated carbon-afumina, as they always have a wide pore size distribution. According to
the ratio of the Si/Al zeolites can be divided into two basic groups:

Zeolite with a low ratio of Si/Al (< 10).

Zeolite wit high ratio of Si/Al (> 10).

Zeolites with a low ratio of Si/Al show far higher hydrophilicity than zeolites with high ratio Si/Al. It is
obvious that with the increasing share of AtEtraeder in the zeolite structure also his hydrophilicity increases.

The maximum permitted content of AlQ@etraeder in the zeolite is equal to 50 % mol. Zeolite with this
content of AlQ, has a molar ratio Si/Al = 1 and is known as the zeolite X. This zeolite type possesses a totally
regular alternation of SiQand AIQ, tetraeders. Such zeolites have the greatest polarity and therefore are best
suted for the adsorption of water vapor (Yang, 2003; Rybar et. al., 2015).

4.1 Expression of the adsorption capacities of adsorbents using basic adsorption equations

Adsorption capacities of adsorbents for different adsorbed substances are most commonly expressed using
the so-called adsorption isotherm. The isotherm represents the dependency of the quantity of the adsorbed
substance on its concentration (part. pressure) in the adsorbent environs at a given temperature. Many adsorption
theories are used to describe this process. From the basic equation of adsorption, the Dubinin theory is the most
used, which is as the only one of the fundamental theories that allow affecting the influence of temperature on
the adsorption capacity (temperature is given in this equation as a variable parameter).

This adsorption theory was originally developed by Dubinin and Raduschkevich (Dubinin, 1967; Dubinin
1989) for adsorption on charcoal, it was later modified on other adsorption materials. The basis of Dubinin
adsorption theory constitutes a potential theory developed by Polanyi. Polanyi theory assumes adsorption in
layers that cause the creation of potential field on the adsorbent surface. Dubinin founded his theory on
the assumption that not the surface size is the decisive parameter for adsorption adsorbent, but the size of
the adsorbent pore volume. During the adsorption occurs towards filling of the adsorbent pore volume. Dubinin
derived the known form of adsorption equation that has the following form for subcritical adsorpt temperatures:

X :%exp - bR—ETIn&}
\ L 0 p , (1)
and then after the merger of constants (2,303, R/6 constant (B):
X :%exp - B(Ilog&j
v b p
- (2)

whereX,, is the amount of substance adsorbed in the adsorbent pores (mmgoltgg)he volume of adsorption
pore (cni/g), v is the molar volume of adsorpt at the adsorption temperaturéngoml), B is the adsorbent
specific constantT is the adsorption temperature (I)is the pressure of adsorptive (Njips is the pressure of
the saturated adsorptive vapor at the temperatgidm?).

In order to be able to compare the behavior of various adsorptives, we select one of them as the standard
and the affinity coefficienty = E/Ey (Ey is the energy of a standard adsorptive) is used for comparison.
The adsorptive is adsorbed more strongly for the valugs>ofl, and fainter than the standard adsorptive for
the values off < 1.

Dubinin exponenh varies in the range of 1 to 3, while for activated carbon the best results are achieved by
applying the coefficient of equal or close to 2 and for zeolithic adsorbent by applying the coefficient equal to or
close to the 3.

From the equation, it is clear that the volume of the adsorption pores is crucial to the adsorption capacity of
each adsorbent. Complete filling occurs only when such adsorptive pressure around the adsorbent is achieved,
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which is equal to the pressure of his saturated vapor at the given temperature. The form of adsorption isotherm is
significantly influenced by the size of the exponenfs already mentioned, this exponent reached values of 3

on zeolites, resulting in a graphic representation of the adsorption isotherm to the rapid increase in the area of
low pressure, and subsequently in the field higher pressures only to very slow growth at the maximum value. In
practical applications by water adsorption in zeolites, it is therefore already achieved high ads. capacity at low
gas humidity, which is no else too increase by the following increasing of gas humidity.

If the simultaneous adsorption of more substances occurs, the adsorbed substances share together
the adsorption space (adsorption pore volume), which leads to a reduction of adsorption capacity, compared to
the state where they are adsorbed in the adsorbent both separately. In the course of adsorbent loading by
multicomponent adsorption (e.g., two-component) in flow adsorber, there is the state where the zone is created
into the adsorber in the space closest to the entry flow of media, in which both substances in a specific ratio are
adsorbed. In this zone, a gradual decrease in the concentration of the better-adsorbed component occurs almost
to zero, and then flows just worse adsorbed component, which is captured in the next (second) adsorption zone.
When the concentration of this component declines to the zero value, the zone of non-saturated adsorbent begins.
All zones are moved during the adsorption in the direction of fluid flow to the end of the adsorption bed.
The movement of the first zone in which both components are adsorbed causes a gradual crowding of the part of
worse adsorbed second component of the second zone (in which only worse adsorbed component is captured),
which occurs in the second zone, to a gradual concentration growth of this component in the moving
"concentration wave". After a certain time, the second zone will arrive at the end of the adsorption bed, and
worse adsorbed component starts to penetrate into the cleaned gas. Because of the concentration growth of this
component, its concentration in the gas at a certain time reach much higher values than at the entrance to
the adsorber. After a certain time, also the first zone arrives at the end of the adsorption bed and also better-
adsorbed component starts to penetrate into the cleaned gas. After a certain time, the concentration of both
components at the output of the adsorption bed shall be relevant to their input concentrations.

This behavior of adsorbents in multicomponent systems can be very dangerous because it leads to
the concentration growth and the consequent worse adsorbed components crowd in much higher concentrations
than are their concentration on the adsorber entry. This phenomenon is in operational practice, manifested both
in the adsorption from gaseous phase and adsorption from liquid phase (Dubinin and Kadlec, 1987; Dubinin and
Plavnik, 1968; Dubinin, 1979).

4.2 Adsorption capacity of commercially available adsorbents for water

Several research articles bring the information concerning the adsorption capacity of different commercially
available adsorbents for water estimated in various ways by atmospheric or elevated pressure. From the results, it
is possible to estimate the impact of possible co-adsorption of other components of the gas under different
conditions. Some of the published data also indicate the length of the adsorption zone (part of the adsorption bed,
where adsorption of water occurs at some time), which provides information about the use of adsorbent and its
possible saturation with water until steady state at the moment of penetration of water vapor into the dried gas
(growing of water vapor concentrations in the dried gas). Some of the published data, however, indicate only
the maximum adsorption capacity obtained in saturation of the entire volume of the adsorbent until the steady
state and say nothing about the kinetics of adsorption.

The results of tests of various commercially available adsorbents for gas drying transferred from (Staf,
2001) are listed in Table 1. The testing was performed usirmgidbrption and desorption by 77 K.

Tab. 1. Properties of the adsorbents tested in the air drying.

Specification of the adsorbent BE‘IErﬁzL;g]ace the adsinqsg]a volume
molecular sieve 5A (Tamis) 449 0.264
molecular sieve 13X (Tamis) 328 0.267
Clinoptilolith (Nizny Hrabovec) 24 0.074
KC-Envisorb (B) + (Engelhard) 725 0.804
KC-Trockenperlen (Engelhard) 596 0.401

Baylith (Bayer Leverkusen) -* -*

* not estimated

Using measurements in the laboratory conditions (Staf, 2001), the adsorption capacities of selected
adsorbents for water vapor were estimated. The testing was performed using the method of air flow as the carrier
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gas at different temperatures. The sorption capacitiesestimatedat selected samples of adsorbents after
water vaposaturation up to a steady statedifferent gas humidity.

The results of these measurements are listTable2 and represents equilibrium adsorption capacitie
water at the temperature of 20 ° C, using air as the carrier a normalpressure at various gas humic

Tab. 2. The adsorption isotherms of tested adsorbents for water at.

rel. gas humidity: 1C % rel. ‘ 30 % rel. ‘ 50 % rel. | 70 %rel. 90 % rel.
adsorbent adsorption capaci[té)fcrzrav;/i\.t]er vaporat 20 °C

molecular sieve 5A 13.6 15.7 17.0 18.C 19.5
molecular sieve 13X 5.7 10.2 12.9 14.¢ 20.3
Clinoptilolith 6.3 74 8.1 9.0 11.2
KC-Envisorb (B) + 3.9 9.0 17.3 36 67.1
KC-Trockenperlen 5.2 13.3 24.1 36.2 40.9
Baylith (4A) 18.1 19.0 19.8 20.2 215

Molecular sieve adsorbents 5 /43X and Baylith belongs to the group of synthetic zeolites
Clinoptilolith to the group of natural zeoliteClinoptilolith sample used for the tesias mine: in the quarry
Nizny Hrabovec in Eastern Slovakia. Adsorbent-EnvisorbB + is combined adsorbent containing active
carbon and silica gel as the adsorbent-Trockenperlen is adsorbent based on silica gel. The adsorbent
on silica gel may exhibit higher accapacity for water vapaoat higher relative gas humid, than synthetic
zeolites. Howevetthe kinetics of water adsorption on the silica gel is very slow, due to the creation of hy
bridges, leading to unreasonably long, flat breakthrough curves of vaporand quickly declining efficienc
of gas dryingduring the loading cthe adsorbent with water vap(Ziahotny et. al., 201. The comparison of
breakthrough curves for wateapol measured using the adsorbents molecular sieves 5A and 13X and si
KC Trockenperlen WS is givan Fig. 1

—_
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—_
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—
[Se]

MS 13X

=10
Y
= 8 MS 54
=
oL
6
—KC
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Concentration of water vapor in the dried

0 10 20 30 40 50 60 70 80

Volume of dried gas [m?]

Fig. 1. Breakthrough curves for watvapor measured at selected adsorbents [20]

From the measured breakthrough curves shown in , it is apparent that the shortest adsorption zon
water vaporand the highest efficiency of the drying possess thecular sieve 13X. Conversely, silica gel t
Trockenperlen shows slow kinetics of wavaporsorption and a very long adsorption zone, the result of v
is the insufficienefficiency of the gas dryin

The adsorption capacities for water estimate(Ciahotny et. al., 2014)sing methane as the carrier |
(pressure 4 MBadew point +17 °C) amount to 15.6 % by mass by molecular sieve 5A, 19.5 % by n
molecular sieve 13X and 41.1 % by mass by KC Trockenp

Similar adsorptions capacities for water Baylith and Clinoptilolithwere estimate in (Preis, 1998).
Themeasurements were carried out by 25 °C and using methane as the carrier gas. By the gas [
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0.2 MPa and part. presswewater steam 400 Pa reached the ads. capacityhgoptilolith 10 % by mass and
22 % by mass by BaylittBy the elevated gas pressure cMPa and the sampart pressure cwater steam
droppedhe adsorption capacity for water Clinoptilolith to 7 % by mass and by Baylito 14 % by mass.

Adsorption capacities of selected adsorbents for water listeiTable 2 were used to calcula
theadsorption isotherm for water at a temperature of 2(The equation(2) in its linearized fori was applied
to the calculation:

logX,, = —0.434B (%)n (log %)n + log% 3)

The value of " was choseras1 because the measured adsorption capacities compared in depenc
the water steam pressure usinnegarized form of the Dubinin equation showed tlest linearity using this
value From the shape of the lines obtained for each adsorbent ve, were calculate, which are, together
with theparameters of the individual lines, listed for all adsorberTable 3.

Tab. 3. Parameters of linearized fms of adsorption isotherms for each adsorbent

Specification of the adsorbent straigr_lt slope calculated aEroIIi/.gr]Jore volumi
molecular sieve 5A (Tamis) -0.177 0.192
molecular sieve 13X (Tamis) -0.4893 0.178
Clinoptilolith (Nizny Hrabovec) -0.1847 0.096
KC-Envisorb (B) + (Engelhard) -1.1493 0.556
KC-Trockenperlen WS (Engelhard) -0.9393 0.449
Baylith (Bayer Leverkusen) -0.1265 0.217

Calculated forms of adsorption isotheare illustrated in Fig. 2.

60

50 +

40

Molecular sieve 5A
Molecular sieve 13X
30 +
= Clinoptilolith

K C-Envisorb (B)+

20 + s KC-Trockenperlen WS
e By |ith

10 +

ads. capacity for water [g/ 100g of adsorbent]

A~

0 500 1000 1500 2000 2500
water vapour pressure [Pa]

Fig. 2. Calculated forms of ads. isotherms for water.

The adsorbents Baylithand molecular sieve 5 A seems to be the adsorbents having the best ads
capacity for water by the natural gas drying containing appropriated humidity corresponding to the wai
pressure of 334 Pa in the gas (m#ewpoin of -7 °C by 7 MPa).

5. Conclusion
Adsorption drying technologieare always used for the dryingf natural gas at CNG station.his

technology reaches the desired degree of cying without any problems ithe correct adsorpin material is
used for water vapdrom the dried gas. It is appropriate to use first of all molecular sieves 4A, 5A (as
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the adsorbents. Adsorbents with smaller pore sizes (4A, 5A) in comparison with the molecular sieve 13X have
slower kinetics sorption of water molecules, but higher total adsorption capacity for water vapor. By
the adsorbent Baylit (4A), the adsorption capacity for water vapor is in the ranges from 18 to 22 % (by mass)
according to the relevant humidity of gas. Increasing gas pressure of 0.2 MPa to 4 MPa, leads, however, to
a significant decrease of the adsorption capacity for water vapor to 14 % due to the co-adsorption of methane.

The adsorption capacity of molecular sieves 5A for water vapor varies in the range from 13 to 20 % (by
mass) according to the moisture in dried gas. Decrease in the adsorption capacity of water under the influence of
methane co-adsorption for elevated pressure is by molecular sieve 5A not as high as by molecular sieves 4A.

Adsorption capacity for water vapor for molecular sieves 13X ranges from 6 to 20 % (by mass) and is more
dependent on the moisture of dried gas, than in the case of adsorbents 4A and 5A. The adsorbent 13X have
referred to another molecular sieve the highest rate of sorption velocity of water molecules. Their application is
very suitable in particular for the gas drying containing high amount of water vapor.

From the point of view of the drying equipment concept, systems without regeneration of saturated
adsorbent and also systems with integrated adsorbent regeneration directly in the dryer are used. Systems
without integrated adsorbent regeneration are easier, cheaper and less demanding for the service and
maintenance. They are used where there are considered small flow rates of gas by low gas moisture. Conversely,
systems with integrated regeneration of adsorbent have to be used everywhere where large amounts of dried gas
containing a higher amount of water vapor are considered. These systems are often used for natural gas drying
after its extracting from the deposit or gas extracted from the underground gas storage. Compared to systems
working on the principle of absorption of water vapor are advantageous, because simultaneously with water
vapor are from the gas removed also higher hydrocarbons, which cause often problems by long distance
transport of natural gas in transit pipelines. Drying systems based on adsorption are used eg. for natural gas
drying extracted from the deposit Sosnogorsk (Russia) or gas drying extracted fronfitkeeudtierground gas
storage in the Czech Republic.
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Prispévek se zameruje na syntézu a charakterizaci vybranych katalyzatorii vhodnych pro methanizaci oxidu uhlici-
tého vodikem. Jako nosic vSech studovanych katalyzatorit byl pouzit boehmit kalcinovany pri teplote 500 °C. Na tento
nosic byly posléze naneseny nasledujici katalyzatory: Ni, Ni-Co a Ni-Mo. V prvni éasti se ¢lanek zabyva detailnim popi-
sem syntezy a viastnosti nosice katalyzatori. V druhé casti jsou uvedeny postupy pripravy jednotlivych katalyzatoru
véetné jejich nasledné charakterizace. V zavislosti na poctu impregnaci jsou sledovany tyto parametry: zastoupeni aktiv-
niho prvku/prvkii, BET povrch katalyzatoru a celkovy objem porii.

Klicova slova: methanizace; nikl; katalyzator, syntéza
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1. Uvod

Katalyticka hydrogenace oxidu uhli¢itého vodikem
na methan je znama vice nez 100 let a je Casto oznaco-
vana jako Sabatierova reakce, ktera je popsana nasledu-
jici rovnici:

4H, + CO, & CHy + 2H,0 AH,ogy = —165k]/mol (1)

Tato reakce je reversibilni a exotermni. OvSem
pro zahajeni reakce je zapotiebi dodani pocatecni akti-
vacni energie [1].

Mezi dulezité parametry pro katalytickou hyd-
rogenaci oxidu uhli¢itého vodikem, patii volba vhodného
nosice, katalyzatoru a molarniho poméru H»:CO,. O
volbé nosice a katalyzatoru bude pojednano v nasledujici
kapitole. Dalsim dulezitym faktorem pro methaniza¢ni
reakci je molarni pomér H,:CO,. Pomér H»:CO, silné
ovlivituje slozeni koneé¢ného produktu. Nizké poméry
maji tendenci poskytovat vétsi mnozstvi produktil s vy-
sokou molekulovou hmotnosti, zatimco vyssi pomér
vede k vys$i produkci methanu. Optimalnim pomérem
pro lepsi selektivitu a vys$si produkci methanu je 4:1, pii
kterém vznika vice nez 95 % methanu [2].

2. Katalyzatory pro methanizac¢ni reakci

Pro katalytickou hydrogenaci oxidu uhli¢itého
na methan Ize pouZit rizné katalyzatory. Sabatier se Sen-
derensem pouzili jako prvni katalyzator pro methanizacni
reakci katalyzator na bazi niklu [3]. Zjistili, ze se oxid
uhlicity na nikl adsorbuje disocia¢né pii teploté 175 °C.
P1i teplotach nad 175 °C se rychlost adsorpce stava srov-
natelnou s rychlosti desorpce [4]. Pro methanizacni re-
akci se Siroce pouzivaji katalyzatory na bazi niklu diky
jejich cené a selektivité na methan. Dal§imi nejcastéji po-
uzivanymi katalyzétory jsou méd’, kobalt, ruthenium ¢i
rhodium [5]. Methanizace oxidu uhli¢itého probihd pfi

teplotach v rozmezi 125 — 675 °C dle typu pouzitého ka-
talyzatoru. Obecné plati, ze pii teplotach 145 °C a
vyssich je dosazeno vyssich vytézkd, pficemz v nekte-
rych ptipadech dosahuje maximalni rychlosti reakce a
nejvyssi selektivité i pfi teplotach az 325 — 425 °C [6].
Nicméné zvySend teplota nad 475 °C vede ke zvyseni
mnozstvi oxidu uhelnatého v dusledku endotermni re-
akce RWGS (Reverse Water Gas Shift reaction), ktera je
popsana rovnici (2) [7].

COy + Hy & CO + Hy0 AHyog = 41kj/mol  (2)

Mezi nejaktivngj$i  katalyzatory patii nikl,
ruthenium nebo rhodium. Nikl patii mezi nejselektivnéjsi
katalyzatory na methan. Pfi methanizaci za pouziti kata-
lyzatorti na bazi niklu nevznikaji témet zadné vyssi uhlo-
vodiky a jen velmi malé mnozstvi oxidu uhelnatého. Jeho
katalyticka aktivita je velmi vysoka, ackoli uslechtilé
kovy (Rh, Ru) jsou aktivnéjsi, ale kvuli jejich vysokym
cenam nejsou Siroce pouzivany. Katalyzatory na bazi
niklu jsou ¢asto nanaSeny na nosicich jako je y-AlOs;
nebo SiO,. Hlavni nevyhodou katalyzatorti na bazi niklu
je jejich velka nachylnost k deaktivaci, kterd mize byt
zpusobena sirnymi slou¢eninami. Sirné slouceniny jsou
katalytickym jedem pro vétSinu katalyzatord, nicméné
nikl je na deaktivaci témito latkami zvlasté citlivy [8].
Dalsim katalyzatorem pouzivanym pro methanizaci je
kobalt. Katalyzatory na bazi kobaltu nejsou tak selektivni
jako nikl. Kobalt hraje dtlezitou roli v procesu nizkotep-
lotni syntézy Fischer-Tropsch. Kobalt stejné jako nikl je
nejcastéji nandsen na y-Al,O3 nebo SiO; [9].

Katalyzatory na bazi molybdenu se diky své vysoké
toleranci vici sirnym sloucenindm pouzivaji v procesech,
kde se vyskytuji tyto latky, hlavné pak sirovodik [10, 11].
Proto se hojné vyuzivaji pii odsifovani zemniho plynu
nebo ropnych produkti. Katalyzatory na bazi molybdenu
maji nizkou aktivitu ve srovnani s katalyzatory na bazi
niklu, kobaltu, ruthenia ¢i na bazi Zeleza. Dalsi nevyho-
dou je vyssi selektivita k tvorbé vyssich uhlovodikd.
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Soucasti katalyzatoru je ve vétsin¢ ptipadl i nosic,
na ktery se nanasi aktivni (katalyticka) latka. Nosice se
vyznacuji vysokym specifickym povrchem. Je dulezité,
aby tyto materialy mély dostateéné vysokou teplotu tani
a Tammanovu teplotu, proto se nejcastéji pouzivaji za-
ruvzdorné oxidy. Tammanova teplota je teplota, pfi které
je dosazeno dostateéné energie, aby se mohly castice
pevného materidlu dostatecné pohybovat a reagovat. Po
prekroceni Tammanovy teploty se Castice zacnou pohy-
bovat v krystalovych miizkach a dochazi tim ke zvyseni
reaktivity materialu. V tabulce 1 jsou nejcastéji pouzi-
vané nosice pro methanizaci [12, 13].

Tab. 1 Teploty tani a Tammanovy teploty pro vybrané
nosice [12, 13]

Tab. 1 Melting points and Tamman temperatures for se-
lected carriers [12, 13]

Nosié Bod tani [°C] f;?(‘;;‘[locvj‘
1-ALO; 2318 1159
Si0; 1973 987
Si0:-ALO; 1818 909
TiO, 2128 1 064
710, 2988 1 497
CeOs 2873 1437

Nosice zajist'uji stabilitu celého systému katalyza-
tor-nosic i celkovou aktivitu systému. Nejcastéji pouZzi-
vanymi nosi¢i pro methanizacni reakci jsou y-AlOs,
Si0s, TiO,, ZrO; a CeO,. Alumina je Casto vyuzivana z
davodu jeji pomérné nizké ceny, Ize ji snadno pfipravit a
ma velky specificky povrch. V katalyze se nejéastéji vy-
uziva jeji krystalova forma y-Al,Os. Pfipravuje se z pfi-
rodniho bauxitu Bayerovym procesem. Béhem vyroby
ptechazi oxid hlinity do riznych modifikaci. Na obrazku
1 je zobrazeno schéma tranzitnich pfechodt oxidu hlini-
tého [12,14].

Gibbsit—22C 3-ALO,—#07C, «¢-A1,0,1 29076, AL O,

180 °C

Béhmit 450 °C Y'Alzos 750°C 6-AI20“ 1050 °C B-AIZOS 1200 °C (l-ALO]

180 °C

Bayerit —22.n-ALO; 850°C, §_A1,0,1290C, ¢-ALO,

Diaspor —222°C, a-ALO,

Obr. 1 Modifikace aluminy pfi riznych teplotach
[12,14]
Fig. 1 Modification of alumina at different temperatures
[12, 14]

r wr

3. Experimentalni ¢ast
3.1. Piiprava nosice

Jako nosi¢ katalyzatord byl pouzit boehmit
AlO(OH), ktery ma tvar peletek o rozmérech 6 x 4 mm.

Boehmit ma specificky povrch pfiblizng 280 m?/g a cel-
kovy objem poérd je 0,43 ml/g. Na pory mensi nez
6 nm piipada 85 % z celkového objemu adsorbovanych
poéru. Nosi¢ byl vypalovan v muflové peci po dobu
4 hodin pfi 500 °C. Pii této teploté prechazi boehmit na
y-aluminu.

3.2. Syntéza katalyzatoru

Katalyzatory (niklovy katalyzator a smésné kataly-
zatory) byly pfipraveny vicenasobnou impregnaci.

3.2.1Syntéza niklového katalyzatoru

Pro impregnaci niklového katalyzatoru byl pfipra-
ven vodny roztok Ni(NO3),.6H,O s hmotnostnim zlom-
kem 0.2. Roztok o objemu 250 ml byl zahiivan pii teploté
70 °C za stalého michani rychlosti 400 ot/min. Po dosa-
zeni pozadované teploty bylo do roztoku ptidano 150 g
v-AlOs. Tato smes byla za stalého michani rychlosti 350
ot/min udrzovana pfi teplot¢ 70 °C po dobu
90 minut. Nasledn¢ byl roztok zfiltrovan ptes Biichne-
rovu nalevku. Na Biichnerové nalevce se zachytily pe-
letky y-Al,Os, na nichz byl nanesen hexahydrat dusic-
nanu nikelnatého. Zachycené peletky byly umistény do
susarny, kde byly ponechany pii teploté 105 °C po dobu
6 hodin. Vysusené peletky byly nasledné¢ vlozeny do
muflové pece. Teplotni program kalcinace byl nastaven
na 5 °C/min. Kone¢na teplota byla nastavena na 500 °C
a tato teplota byla udrzovana po dobu 4 hodin. Pfi této
teploté doslo k termickému rozkladu hexahydratu dusic-
nanu nikelnatého na oxid nikelnaty. Cely tento postup
impregnace byl desetkrat opakovan.

3.2.2 Syntéza smésného katalyzatoru Ni-Co

Pro impregnaci smésného katalyzatoru na bazi nikl-
kobaltu byly pfipraveny vodné roztoky Ni(NO3),.6H,O a
Co(NO3)2.6H>0 s hmotnostnimi zlomky 0.2. Tyto vodné
roztoky byly smichany v poméru 1:1 a 500 ml smésného
roztoku bylo nésledné ohtivano pfi teploté 70 °C za sta-
1ého michani rychlosti 400 ot/min. Poté bylo do roztoku
pridano 150 g y-AlbO; a smés byla michana rychlosti
350 ot/min po dobu 90 minut pfi teploté 70 °C. Nasledné
byl roztok zfiltrovan a peletky s nosi¢em a katalyzatorem
byly vlozeny do susarny, kde byly ponechany pfi teploté
105 °C po dobu 6 hodin. Vysusené peletky byly vlozeny
do muflové pece a byly kalcinovany pii teploté 500 °C
po dobu 4 hodin. V pribéhu kalcinace doslo k termic-
kému rozkladu hexahydratu dusi¢nanu nikelnatého a ko-
baltnatého na oxid nikelnaty a kobaltnaty.

3.2.3 Syntéza smésného katalyzatoru Ni-Mo

Pro impregnaci smésného katalyzatoru na bazi nikl-
molybdenu  byly  pfipraveny  vodné  roztoky
Ni(NO3)2.6H20 a (NH4)s(M07024).4H>0 s hmotnostnimi
zlomky 0,2. Vodné roztoky byly smichéany a 500 ml vy-
sledného smésného roztoku byl pouzit pro impregnaci.
Do tohoto roztoku byl pfidan nosi¢. Doba zdrzeni byla v
tomto piipad¢é pouze 10 minut. Tento rychly postup im-
pregnace byl z divodu stability tetrahydratu heptamoly-
bdenanu hexaamonného. Z této latky se po urcité dobé
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zacne uvoliiovat amoniak v dusledku jejiho rozkladu. Na-
sledné dochazi k vylouceni srazeniny pentahydratu di-
hydrogenhexamolybdenanu tetraamonného. Tato slouce-
nina zamezuje dikladnému naneseni katalyzatoru na bazi
molybdenu na povrch nosiée z diivodu ucpani jeho pora.
Po rychlé impregnaci byl roztok zfiltrovan pies Biichne-
rovu nalevku a nasledné byl nosic¢ s katalyzatorem vlozen
do susarny na teplotu 105 °C po dobu 6 hodin. Poté byly
vysuSené peletky vlozeny do muflové pece, kde byl na-
staven teplotni profil 10 °C/min do maximalni teploty
500 °C, ktera byla drzena 6 hodin. Pfi termickém roz-
kladu doslo k oxidaci tetrahydratu heptamolybdenanu he-
xaamonného a hexahydratu dusi¢nanu nikelnatého na je-
jich oxidy.

3.3. Charakteristika katalyzatoru

U vSech pripravenych katalyzatort byla provedena
elementarni analyza, dale byl stanoven specificky povrch
a celkovy objem port. Elementarni analyza byla prove-
dena pomoci rentgenové fluorescence (XRF) na spektro-
metru ARL 9400 XP (Thermo Fischer Scientific Inc.,
USA). Analyza dat byla provedena pomoci softwaru
Winxrf. Specificky povrch a celkovy objem pord byl sta-
noven pomoci analyzatoru Coulter SA3100 (Beckman
Coulter Inc., USA). Analyza specifického povrchu pro-
bihala pti adsorpci dusiku pii 77 K. VSechny vzorky byly
pred vlastnim méfenim odplynény pies noc pfi 13 Pa a
150 °C. Pro méfeni BET izoterem byl pouzit BJH (Barett,
Joyner, Halenda) model.

4. Vysledky a diskuze
4.1. Charakteristika nosice

Pro methaniza¢ni reakci bylo dilezité identifi-
kovat, ktery nosi¢ vykazuje nejlepsi parametry pro nana-
Seni katalyzatorti na bazi niklu. Pro nas vyzkum jsme
zvolili ptirodni boehmit, ktery byl postupné vypalovan na
ruzné teploty. Pfi jednotlivych teplotach byl nosi¢ podro-
ben XRF analyze a BET analyze. Déle u jednotlivych
typti nosi¢t byl zjistén i celkovy objem pora a jejich dis-
tribuce.

4.1.1 Rentgenovd fluorescencni analyza

Boehmit byl analyzovan pomoci rentgenové flu-
orescence po jednotlivych teplotdch vypalovani. V ta-
bulce 2 je zobrazeno slozeni vypaleného boehmitu. V ta-
bulce je dale patrné, ze pii teploté vypalu na 500 °C a
vys$si prechdzi boehmit na pozadovanou formu y-ALOs.
v-Al O3 existuje i pii teplotach nad 600 °C, a to z dGvodu
jeji vysoké stability krystalti.

Tab. 2 Slozeni vypaleného boehmitu
Tab. 2 Composition of calcined boehmit

Hmotnostni zlomek [%]

400 500 600 700 800

Slozka  Boehmit oC oC °oC °oC °oC

y-A1203 55 83 100 100 100 100
AIO(OH) 45 7 0 0 0 0

Krystaly jsou stabilni do teploty okolo 800 °C. Po
prekroceni této teploty pfechazi y-Al,O3; na modifikaci
8-AL0s.

4.1.2 Analyza specifického povrchu

Po analyze pomoci rentgenové fluorescence byly
vzorky predlozeny na analyzu specifického povrchu
(BET). Touto analyzou byly zjistény specifické povrchy
jednotlivych vzorkt a jejich celkovy objem porti. Bylo
pfipraveno 6 vzorkii s oznaéenim NOSIC 0 az NO-
SIC 5. NOSIC_0 byl surovy nevypaleny boehmit. NO-
SIC 1 je boehmit vypéaleny na 400 °C, NOSIC 2 na 500
°C, NOSIC 3 na 600 °C, NOSIC 4 na 700 °C a NO-
SIC_5 byl vypéleny na 800 °C. Na obrazku 2 je znézor-
nén specificky povrch jednotlivych vzorkl a na obrazku
3 je znazornén celkovy objem pord jednotlivych vzorki.

Z obrazkiu 2 a 3 je patrné, Zze vzorek s oznaenim
NOSIC 2 vykazuje nejvyssi objem porti a zaroveii ma
velky specificky povrch pfi teploté 500 °C, tedy pfi tep-
loté, kdy oxid hlinity jiz plné zménil modifikaci na
v-AlOs. Specificky povrch vzorku s ozna¢enim NO-
SIC 2 je 255,55 m¥g a celkovy objem port je
0.54 ml/g.

Obr. 2 Specificky povrch vzorki
Fig. 2 Specific surface area of the samples

Obr. 3 Celkovy objem pori vzorkl
Fig. 3 Total pore volume of the samples

4.2. Charakteristika katalyzatoru na bazi niklu
4.2.1 Rentgenova fluorescencni analyza

Rentgenova fluorescencni analyza (XRF) byla pro-
vedena po kazdé impregnaci. Analyzy prokézaly, Ze
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hlavni slozkou je nikl a ze je aktivni latka nanesena na
v-ALO3. Bylo provedeno 10 impregnaci a zavislost
hmotnostniho zlomku niklu na po¢tu impregnaci je zob-
razena na obrazku 4. Z grafické zavislosti je patrny po-
stupny narist niklu. Po prvni impregnaci byl hmotnostni
zlomek niklu 0,1, po paté impregnaci byl hmotnostni zlo-
mek niklu 0,37 a po desaté impregnaci byl hmotnostni
zlomek niklu 0,56.

Obr. 4 Zavislost hmotnostniho zlomku niklu na poc¢tu
impregnaci
Fig. 4 The dependence of the weight fraction of nickel
on the number impregnations

4.2.2 Analyza specifického povrchu

U vzorkt po prvni, tfeti, paté, osmé a desaté impreg-
naci byla provedena analyza specifického povrchu -
BET. Zavislost specifického povrchu na poctu impreg-
naci je znazornéna na obrazku 5 a zavislost celkového
objemu port na poctu impregnaci je znazornéna na ob-
razku 6. Z grafickych zavislosti je patrny jak postupny
pokles specifického povrchu, tak i celkového objemu
pérd. Po prvni impregnaci byl specificky povrch
233,45 m*/g a celkovy objem port 0.41 ml/g. Po desaté
impregnaci klesl specificky povrch na hodnotu
103,31 m?/g a celkovy objem pori klesl o polovinu na
hodnotu 0,23 ml/g. Postupny pokles specifického po-
vrchu i celkového objemu port je zplisoben postupnym
zaplilovanim port nosice niklem. Tento fakt potvrzuje
postupny narist obsahu niklu, ktery byl analyzovan po-
moci XRF analyzy a je zobrazen na obrazku 4.

Obr. 5 Zavislost specifického povrchu na poctu impreg-
naci
Fig. 5 The dependence of the specific surface area on
the number of impregnations

Obr. 6 Zavislost celkového objemu port na poctu im-
pregnaci
Fig. 6 The dependence of the total pore volume on the
number of impregnations

4.3. Charakteristika smésného katalyzatoru Ni-Co

4.3.1 Rentgenova fluorescencni analyza

Impregnace smésného katalyzatoru Ni-Co byla pro-
vedena taktéz 10 krat. Zavislost hmotnostniho zlomku
niklu a kobaltu na poctu impregnaci je zobrazena na ob-
razku 7. Z grafické zavislosti je patrny narust niklu i ko-
baltu. Po prvni impregnaci byl hmotnostni zlomek niklu
0,06 a hmotnostni zlomek kobaltu byl 0,04. Po desaté im-
pregnaci byla hodnota hmotnostniho zlomku niklu 0,3 a
kobaltu 0,2.

Obr. 7 Zavislost hmotnostniho zlomku Ni a Co na po-
¢tu impregnaci
Fig. 7 The dependence of the weight fraction of Ni and
Co on the number impregnations

4.3.2 Analyza specifického povrchu

BET analyza provedena u smésného katalyzatoru
Ni-Co prokazala, ze specificky povrch po jedné impreg-
naci je 245,20 m?/g a celkovy objem porti je 0,41 ml/g.

4.4. Charakteristika smésného katalyzatoru Ni-Mo

4.4.1 Rentgenova fluorescencni analyza

Impregnace smésného katalyzatoru Ni-Mo byla
provedena 10-krat. Zavislost hmotnostniho zlomku niklu
a molybdenu na poctu impregnaci je zobrazena na ob-
razku 8. Z grafické zavislosti je patrné nartst niklu i mo-
lybdenu. Po prvni impregnaci byl hmotnostni zlomek
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niklu 0.06 a hmotnostni zlomek molybdenu 0,11. Po de-
saté impregnaci byla hodnota hmotnostniho zlomku
niklu 0,2 a molybdenu 0,36.

Obr. 8 Zavislost hmotnostniho zlomku Ni a Mo na po-
¢tu impregnaci
Fig. 8 The dependence of the weight fraction of Ni and
Mo on the number impregnations

4.4.2 Analyza specifického povrchu

U smésného katalyzatoru Ni-Mo byla prove-
dena BET analyza, kde specificky povrch tohoto kataly-
zatoru byl 24921 m*g a celkovy objem por byl
0,41 ml/g.

5. Zavér

Pro methanizaéni reakci byl jako nosi¢ vybran
pfirodni boehmit a jako katalyzatory byly vybrany kata-
lyzatory na bazi niklu. Pfirodni boehmit byl v laboratofi
vypalovan na riizné teploty, kde se naslednymi analyzami
zjistilo, Ze nejvhodné;jsi teplota vypalu je 500 °C. Pii této
teploté dochazi ke zméné modifikace na ndmi pozadova-
nou y-AlbOs a zaroven takto vypaleny nosi¢ vykazuje
velky specificky povrch a objem péri. Takto pripraveny
nosi¢ byl pouzit pro syntézy jednotlivych katalyzatord.

V laboratofi byly syntetizovany a nasledné¢ cha-
rakterizovany tfi typy katalyzatord, konkrétné se jednalo
o niklovy katalyzator a o smésné katalyzatory Ni-Co a
Ni-Mo. Syntéza katalyzatort byla ve vSech ptipadech
provedena vicendsobnou impregnaci. Pfi charakterizaci
katalyzatorit bylo zjisténo, ze vicenasobna impregnace
ma pozitivni vliv na zastoupeni jednotlivych prvki v ka-
talyzatorech (Ni, Co, Mo). Nicmén¢ béhem vicenasobné
impregnaci dochazi k vyraznému snizeni specifického
povrchu a objemu pé6rt. Tato zména ve vlastnostech ka-
talyzatorti mtize mit vliv na jejich naslednou katalytickou
aktivitu.
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Summary

Veronika Snajdrova, Tomds Hlincik, Lenka Jilkovd, Ve-
ronika Vrbova, Karel Ciahotny

The synthesis of the catalysts for the methanation
reaction

The paper focuses on the synthesis and characteri-
zation selected catalysts suitable for methanation of car-
bon dioxide with hydrogen. As a carrier of all the cata-
lysts studied, a boehmite which was calcined at
500 °C was used. On this carrier were subsequently ap-
plied following catalysts: Ni, No-Co and Ni-Mo. The first
part deals with a detailed description of the synthesis and
characterization of the catalysts support. The second part
describes the procedures for the preparation of individual
catalysts, including their subsequent characteristics. De-
pending on the number of impregnations, the following
parameters are observed: representation of the active el-
ement/elements, the specific surface area of the catalyst
and total pore volume. All catalysts were prepared by im-
pregnation method. Impregnation for all catalysts was
performed 10 times. Multiple impregnation has a positive
effect on the representation of the active element in the
catalysts. This is caused by the specific surface area is
decreasing, as is attributed to the increasing content of
the active elements in the catalysts.
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A comparison of catalyst activity for methanation reaction
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ABSTRACT:

The catalytic hydrogenation of carbon dioxide to methane, has been known for more than a hundred years. Its
importance has increased significantly in recent years particularly for the production of synthetic natural gas
(SNG) in order to utilize excess electricity from renewable energy sources (e.g. wind, water or solar power).
Excess electricity generated could be used for the electrolytic production of hydrogen. The produced hydro-
gen would then react with carbon dioxide obtained from flue gases of fossil fuel power plants. In this paper a
comparison of the activity of nickel, cobalt and molybdenum based catalysts is presented. The catalysts were
prepared by co-precipitation method and were supported on y-alumina, which here acts support. In the labora-
tory apparatus the catalysts were tested at different pressures (2, 4 and 6 MPa). The relation between catalyst

activity and deactivation was also tested.

1 INTRODUCTION

In recent year efforts to reduce carbon dioxide emis-
sions into the atmosphere (due to climate change)
while reducing dependence on the fossil fuels,
whose supplies are limited, have led to an increasing
interest on the further development of renewable en-
ergy sources. Due to the constant increase of carbon
dioxide emissions from anthropogenic possibilities
for its recyclation and utilization are being explored.
One of the possible approaches to the issue of car-
bon dioxide emissions from stationary sources such
as power plants is Carbon Capture and Storage
(CCS) and its subsequent use as feedstock. The re-
cycled carbon dioxide is considered a sustainable
raw material for chemicals and fuels production. The
conversion of carbon dioxide as the only reactant is
very difficult. However, in the presence of hydrogen
reacts easily. An important process is the catalytic
hydrogenation of carbon dioxide to methane, which
i1s known as Sabatier reaction [1].

In recent years carbon dioxide methanation has been
incorporated on the concept Power-to-Gas. The con-
cept Power-to-Gas connects the power grid to a
pipeline network so that it converts excess electrical
energy to chemical through a two-stage process. In
the first stage, hydrogen production by water elec-
trolysis takes place. In the second stage hydrogen
conversion with external sources of carbon dioxide

to methane via the Sabatier reaction takes place. The
produced methane is referred to as synthetic natural
gas (SNG) and its biggest advantage is the unlimited
applicability in gas infrastructure [2]. Methannation
of carbon dioxide has besides energy recovery also
great potential in astronautic. The National Aero-
nautics and Space Administration (NASA) is cur-
rently developing a device for recycling the atmos-
phere on board or in the construction of a station.
This equipment should recycle carbon dioxide and
produce from it again hydrogen [3].

2 THEORY OF METHANATION

Catalytic hydrogenation of carbon dioxide with hy-
drogen to methane is known for more than a hundred
years as the Sabatier reaction, which is shown in
equation (1). The first experiments were conducted
with a nickel catalyst. The reaction started at tem-
peratures ranging from 190 — 230 °C [4].

4H, + CO, & CH, + 2H,0
AH® = —165 kJ - mol™1 (1)

The methanation reaction is reversible, which means
that at different reaction rates occur simultaneously
direct and reverse reaction. If the reaction rates are
the same, the reaction is in equilibrium i.e. is in a
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state, where in the system are present reactants and
products, but their quantity does not change. The re-
action enthalpy is negative and therefore the reaction
is exothermic (when it takes place heat is released)
According to the Le Chatelier principle an increase
in temperature causes an equilibrium shift in the di-
rection of the reactants. The methanation efficiency
is influenced by the molar ratio of H,:CO,. In order
to achieve the highest yields and the best selectivity
for methane formation the ideal molar ration of 4:1,
which is the same as the stoichiometric ratio of reac-
tion [5].

3 METHANATION CATALYSTS

Catalytic hydrogenation of carbon dioxide to me-
thane was from its discovery gradually examined us-
ing different catalysts. Among the most active cata-
lysts are, nickel, ruthenium or rhodium. Nickel is the
most selective of all catalysts to methane.
Methanation using a nickel based catalyst forms al-
most no higher hydrocarbons and only very small
quantities of carbon monoxide. Its catalytic activity
is very high, although noble metals (Rh, Ru) are
more active, but due to their high cost, are not wide-
ly used. Nickel catalysts, is most often supported in
supports such as y-Al,O3 or SiO,. The main disad-
vantage of nickel based catalysts is that they are very
susceptible to deactivation due to sulfur compounds.
Sulfur is a catalyst poison for most catalysts, howev-
er, nickel is particularly susceptible to deactivation
[6].

Another catalyst used in Sabatier works is cobalt.
Cobalt based catalysts are not as selective to me-
thane. The most important application is in the low
temperature Fischer-Tropsch synthesis. Cobalt, like
nickel, is supported mostly on y-Al,O3 and Si0; [7].
A molybdenum based catalysts is most used in pro-
cess, where there are sulfur compounds. It is due to
the high tolerance of cobalt based catalyst to sulfur

Thermal mass
flowmeter

Flow controller and
pressure gauge

compounds. Therefore are mainly used in desulfuri-
zation of natural gas or petroleum products. Molyb-
denum based catalysts have low activity as com-
pared to nickel, cobalt, ruthenium or iron based
catalysts. Another disadvantages, is higher selectivi-
ty to higher hydrocarbons formation. However is
should be noted that molybdenum based catalyst
have very hight tolerance to sulfur compounds,
mainly hydrogen sulfide, which is a well-known cat-
alytic poison [8].

4 EXPERIMENTAL

4.1 Laboratory apparatus for catalytic activity
measurements

The methanation activity of various catalyst for a
feed gas consisting of carbon dioxide and hydrocar-
bon was tested in laboratory apparatus set up in UCT
Prague. The apparatus was designed to the reaction
at various temperatures up to 500 °C and various
pressures up to 8 MPa. Laboratory apparatus scheme
configuration is depicted in Figure 1.

The apparatus was connected to two cylinders. The
first cylinder contains pure nitrogen, which served as
the inert gas flowing through the apparatus during
the heating and purging. The second cylinder
containe a gas cylinder mixture consisting of

80 mole % H, and 20 mole % CO,. The pressure of
gas exiting the cylinder was reduced with a reducing
valve located on the cylinder. The pressure inside
the apparatus was controlled to the desired value by
the electronic controller in the range of 0,6 — 8§ MPa.
Gas flow was measured by thermal mass flowmeter
in the range 0 — 10 Lmin™' (100 kPa, 25 °C).

The reaction mixture before entering the reactor was
preheated in the preheater tube, which was placed
inside a furnace. The furnace temperature was con-
trolled. After preheating, the reaction mixture was
conducted in the methanation reactor. The height of
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the reactor is 15 cm, an inner diameter of 3 cm and a
wall thickness of 4 mm making for a total volume of
106 ml. Inside the reactor was placed the activated
catalyst. The reactor is externally protected by two
stainless steel tubes, into which is inserted a pro-
grammable heater.

The gas mixture subsequently flowed via the air
cooler into the condenser where water condensation
took place. Water is a methanation byproduct. From
the condenser via a capillary equipped with a ball
valve condensate could be collected.

The gas flow through the apparatus was adjusted
with the help of a needle valve, which was placed at
the end of the apparatus. The gas volume exiting the
apparatus was measured with a diaphragm gasmeter.
At the end trait leading to a gas meter was placed an
additional capillary which was used for produced
gas sampling. Samples of the produced gas, were
sampled in sampling bags and analyzed via Sewerin
and GC-FID/TCD.

4.2 Preparation of catalysts

The catalysts were prepared by co-precipitation
method.

250 ml of 20 wt. % solution of nickel nitrate and 250
ml of 20 wt. % solution of cobalt nitrate (ammonium
molybdate) were prepared. Both solutions were
mixed and heated to 70 °C and after reaching the de-
sired temperature 100 g y-Al,O3; were added. This
mixture was kept at 70 °C for 90 minutes. Next, the
solution was filtered and dried at 105 °C. The dried
catalyst was calcined at 500 °C for 4 hours.

4.3 Catalytic activity measurement

In the reactor was places 50 g of nickel-cobalt (nick-
el-molybdenum) catalyst. Subsequently using a hy-
drogen flow the catalyst was reduced in its active
form. Reduction of the catalyst was carried out for 3
hours using hydrogen at a pressure of 0,5 MPa and
flow rate of 4,7 L. min™ (100 kPa,

25 °C) at 500 °C. After reduction the apparatus was
purged with nitrogen. After purging the apparatus
was warmed up to 120 °C using N2. Once the re-
quired temperature was reached the model gas mix-
ture (80 mole % Hz and 20 mole % CQO,), at a flow
rate of 6,5 L. min" was turned on. Experiments took
place at pressure of 2, 4 or 6 MPa overpressure.
Samples of the product gas were taken and analyzed
at intervals of 20 °C. When produced gas was sam-
pled also water condensate was collected.

4.4 Catalyst characterization

Elemental analysis was performed via X ray fluores-
cence. Surface area and total pore volume were
measured by N, adsorption and desorption isotherms
at — 196 °C. Samples were degassed at 13 Pa and

150 °C overnight. The model BJH was used for BET
isotherm measurement. Both XRF and BET surface
are measurements were performed on the clean cata-
lyst, on the catalyst after measurements with the
model gas mixture containing only CO, and H,. Af-
ter measurement, was carried out elementary analy-
sis of the catalyst.

4.5 Products analysis

Gaseous product were analyzed via a gas chromato-
graph (GC) coupled with a standard flame ionization
detector (FID) and a standard thermal conductivity
detector (TCD). The GC was fitted with these two
independent channels in order to make possible the
analysis of both organic and inorganic gaseous
products in the produced gas.

The FID channel permitted the determination of the
organic products while the TCD channel permitted
the determination of the inorganic products.

5 RESULTS AND DISCUSSION

5.1 Catalyst characterization before measurement

X-ray fluorescence analysis of the nickel-cobalt cat-
alyst showed that its major components were 5,45
wt. % NiO, 3,58 wt. % Co304 and 82,0 wt. % ALO;.
The analysis of the nickel-molybdenum catalyst
showed that its major components were 2,85 wt. %
NiO, 7,21 wt. % MoOs and 79,44 wt. % Al,Os.

BET analysis of nickel — cobalt catalyst before cata-
Iytic tests was 2452 m*/g and total pore volume
were 0,4109 ml/g. BET ana1y51s of nickel-
molybdenum catalyst was 234,25 m?%g and total
pore volume were 0,4079 ml/g.

5.2 Catalyst characterization after measurement

X-ray fluorescence analysis of the nickel-cobalt cat-
alyst after experimental tests showed that its major
components were 5,24 wt. % NiO, 3,29 wt. % Co304
and 87,82 wt. % Al,Os;. While nickel-molybdenum
catalyst showed that its major components were 2,71
wt. % NiO, 7,45 wt. % MoO; and 82,0 wt. % Al,Os.
BET analysis of nickel — cobalt catalyst before cata-
Iytic tests was 245,2 m%/g and total pore volume
were 0,4109 ml/g. BET analys1s of nickel-
molybdenum catalyst was 204,68 m /g and total
pore volume were 0,4048 ml/g.

Elementary analysis after measurement of the nick-
el-molybdenum catalyst shown an elementary com-
position of 0,34 wt. % C, 0,58 wt. % Hj, 0 wt. % N,
0,10 wt. % S, and 98,98 wt. % O,.



S5 (4)

5.3 Product analysis

5.3.1 Products when using nickel-cobalt catalyst

In Figure 2 the composition of the produced gas de-
pending on the reaction temperature when using the
model gas mixture containing 20 mole % CO; and
80 mole % H, at pressures 2, 2 (after reduction at
hydrogen) and 6 MPa analysed via GC-FID/TCD,
are depicted.

Figure 2. Methane content in the produced gas at different
pressures for feed gas

‘Lhe highest methane conversion rate ot 1,4 Yo was
reached at 487 °C at pressure 2 MPa, at pressure 2
MPa after reduction with hydrogen 4,1 % was
reached at 471 °C. The highest methane conversion
was at pressure 6 MPa, when 4,6 % was reached at
468 °C.

5.3.2 Products when using nickel-molybdenum cat-
alyst

In Figure 3 the composition of the produced gas de-

pending on the reaction temperature when using the

model gas mixture containing 20 mole % CO; and

80 mole % H; at pressures 2, 4 and 6 MPa analysed

via GC-FID/TCD, are depicted.

Figure 3. Methane content in the produced gas at different pres-

sure for feed gas

The highest methane conversion rate of 19,88 % was
reached at 471,9 °C at pressure 2 MPa, at pressure 4
MPa 8,72 % was reached at 360,9 °C and at pressure
6 MPa 3,22 % was reached at 399,6 °C.

6 CONCLUSIONS

Carbon dioxide and hydrogen methanation on nick-
el-cobalt and nickel-molybdenum catalysts under la-
boratory conditions were performed. The gas feed
consisted of 80 mol % H; and 20 mole % CO,. The
reaction was carried out at 2, 4 and 6 MPa overpres-
sure, and temperature ranging from 100 °C to 500
°C.

While testing nickel-cobalt catalyst has been found
that reduction of the catalyst with hydrogen has a
significant effect on the conversion of methane.
When comparing the results at pressures (2 MPa)
with and without reduction was observed an in-
creased conversion from 1,4 to 4,1 mole % after cat-
alyst reduction. The highest methane conversion rate
producing 4,6 mole % was reached at 468 °C at
pressure 6 MPa. Comparing, pressures 2 and 6 MPa
shows that indeed increasing pressure promotes
greater product formation.

When testing nickel-molybdenum catalyst, the cata-
lyst have been reduced with hydrogen prior to the
reaction. At pressure 2 MPa achieved the largest
conversion of methane 19,88 mole % was reached at
471,9 °C. In test at pressures of 4 and 6 MPa there
was a sharp drop in the conversion of methane to
8,72 mole % and 3,22 mole %, respectively. After
completion of the tests at 4 and 6 MPa by elemen-
tary analysis was found the formation 0,34 % of car-
bon present in the catalyst. From the result it is evi-
dent that during the reaction there surface carbon
formation took place clogging the catalyst and as a
result causing rapid decrease of catalyst activity.

The results showed despite the low activity of both
nickel-cobalt and nickel-molybdenum catalysts they
are active in the methanation reaction. In future
works the issue of low catalyst activity will be fur-
ther examined as well as carbon deposit in the cata-
lyst surface.
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Abstract

The catalytic hydrogenation of carbon dioxide is known for over 100 years. In recent years, the importance of this reaction
has significantly increased due to synthetic natural gas production (SNG). Synthetic natural gas is produced from renewable
energy sources (such as wind, hydro or solar power). Excess electric energy can be used for the production of hydrogen via
electrolysis. This work focuses on the synthesis and characterization of a laboratory prepared nickel-based catalyst. This
catalytic activity is compared to that of a commercial nickel-based catalyst. This manuscript also describes the methanation
pilot unit where the catalytic tests took place. Energy is supplied to the pilot unit from a small photovoltaic power plant.
Catalytic tests were performed at different pressures and temperatures.

Keywords Carbon dioxide - Hydrogen - Methanation - Nickel - Catalyst

Introduction

During the past decades, efforts to reduce carbon diox-
ide emissions into the air are being made. As a result, an
increasing interest in the use of renewable energy sources
can be observed. Taking into account the continuously
increasing carbon dioxide emissions from anthropogenic
activities, the possibility of its recyclation and utilization
is being investigated. One option is carbon dioxide capture
and storage (CCS) and its subsequent use as a raw mate-
rial for the production of chemicals and fuels (Darensbourg
et al. 1998; Sato et al. 2011). Among the various processes
of great potential is the catalytic hydrogenation of carbon
dioxide to methane, known as the Sabatier reaction (Mills
and Steffgen 1974; Sabatier and Senderens 1902).

In recent years, the potential use of catalytic hydrogena-
tion has been implemented in the concept power to gas.
Energy production from renewable sources is difficult to
predict since it is heavily dependent on the actual weather
conditions. Therefore, energy production from renewable
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sources is unstable. Fluctuations in energy production can
lead to deficiency or overproduction of electricity (Sterner
2009). The transformation of excess electrical energy from
renewable sources to chemical energy is known as the
concept power to gas. The concept power to gas connects
the power grid to the gas pipeline network by concerting
redundant electrical energy into chemical energy via a two-
stage process. During the first stage, hydrogen production
from water electrolysis, using excess electrical energy from
renewable sources, takes place. The produced hydrogen can
be directly stored in pressure cylinders or injected into the
existing natural gas grid. Alternatively, hydrogen can be
used in a combustion system to reproduce electric energy.
The second stage here is a conversion of hydrogen, with
carbon dioxide from external source, into methane via the
Sabatier reaction (Snajdrové et al. 2016). Methane pro-
duced from this process is known as synthetic natural gas
(SNG). The main advantage of SNG lies in its unlimited
utilization within the existing natural gas system due to
very similar chemical and physical properties to natural gas
(Civan 2004). The first unit of synthetic methane production
from carbon dioxide for transportation was built in Werlte,
Germany (2013) (Green Car Congress 2013). Considering
increasing natural gas demand, the concept power to gas is
a very attractive SNG production technology (International
Energy Agency 2014; Yu et al. 2008).

Astronautics is another field where methanation reac-
tion can be applied. The National Aeronautics and Space
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Administration (NASA) is developing technologies that
enable the recyclation of cabin air or during the construc-
tion of new space stations. This technological process should
recycle carbon dioxide and produce hydrogen (Moore 2010).

Theoretical
Methanation reaction

In 1902, French chemist Paul Sabatier first described the
process of synthetic methane production from carbon diox-
ide and hydrogen. The reaction is described in Eq. (1) and
is referred to as either methanation or Sabatier reaction. The
first experimental tests were performed over a nickel-based
catalyst. Methane production started at temperatures around
230 °C (Sabatier and Senderens 1902):

4H, 4+ CO, < CH, + 2H,0 AH° = —165kImol™". (1)

Methanation is a reversible process, hence product and
reactant concentration depend on reaction rates. At reaction
equilibrium both reactant and products are present, but their
content does not change (Brooks et al. 2007). Methanation
reaction enthalpy is negative, thus the reaction is exother-
mic. Even though the reaction is exothermic it is neces-
sary to input some initial activation energy into the system
(Atkins and Julio 2006).

Methanation has been tested in the temperature range
150-700 °C depending on the used catalyst (Tada et al.
2012). Overall it can be stated that higher CH, yield can
be achieved at temperatures above 170 °C (Solymosi et al.
1981). However, in some cases maximum reaction rate
and selectivity towards CH, formation can be reached in
the temperature range 350-450 °C (Aziz et al. 2014). At
temperatures above 500 °C, an increase in CO content can
be observed due to the endothermic reverse water gas shift
reaction (RWGSR), described in Eq. (2) (Gao et al. 2012):

CO, +H, & CO+H,0 AH°=41kJmol™". )
Except temperature, pressure also plays an important role
in the methanation reaction. Increasing temperature posi-
tively influences methane formation, i.e. CO, conversion.
Therefore, CH, yield and selectivity increase with increasing
pressure (Schaaf et al. 2014; Saheldelfar and Takht 2015).
Moreover, another factor that strongly influences metha-
nation is the H,/CO, molar ratio. The H,/CO, molar ratio
highly influences the final products, conversion and selectiv-
ity. A molar ratio of H,/CO, <2 can cause surface carbon
formation. Carbon deposition on catalysts surface leads to
catalytic deactivation (Jasquemin et al. 2010). Additionally
a low H,/CO, molar ratio leads to the formation of prod-
ucts with higher molecular weight. On the contrary high H,/
CO, molar ratio leads to a greater methane production. For

@ Springer

a better CO, conversion, CH, yield and selectivity, it is suit-
able to run the methanation reaction at a H,/CO, molar ratio
from 3:1 to 4:1. It should be noted that 4:1 is the stoichio-
metric reaction ratio (Tsuji et al. 1996; Graga et al. 2014).

Methanation catalysts

Since its discovery, hydrogenation of carbon dioxide to
methane has been tested over various catalysts. Among
the most active catalysts are group VIII. B metals, such as
nickel, ruthenium and rhodium. However due to the high
cost of ruthenium and rhodium, the most commonly used
methanation catalyst is nickel (Wang and Gang 2011; Aziz
et al. 2015; Zheng et al. 2016). Methanation reaction over
nickel-based catalysts does not produce any higher hydrocar-
bons and produces only small quantities of carbon dioxide.
The main advantages of nickel are high catalytic activity,
high specific surface area and low cost (Vance and Bartho-
lomew 1983). Nickel is often impregnated on supports. The
most common supports are y-Al,O5 and SiO,. The advan-
tages of these supports are high specific surface area and
low cost (Falconer and Zagli 1980; Garbarino et al. 2014).
The high specific surface area of the support increases reac-
tion area and promotes CO, conversion and CH, selectivity
compared to unsupported nickel-based catalysts (Ananikov
2015). The main disadvantage of nickel-based catalysts is
their high susceptibility to the presence of sulphur com-
pounds. Sulphur compounds act as catalytic poison caus-
ing the deactivation of nickel-based catalysts. Deactivation
occurs due to the strong irreversible adsorption of hydrogen
sulphide on the catalyst surface causing the formation of
catalytically inactive sulphides (Bartholomew 2001).

The catalytic activity of cobalt-based catalysts has been
attested since the work of Sabatier. Cobalt-based catalysts
are commonly used for the low temperature Fischer—Tropsch
synthesis (Sabatier and Senderens 1902; Dry 2002). As with
nickel-based catalysts, cobalt-based catalysts are supported
on y-Al,O; and SiO,. Cobalt-based catalysts have lower
selectivity towards methane formation compared to nickel-
based catalysts. Moreover, it has been observed that when
using cobalt-based catalysts surface carbon deposition is
more significant (Schlesinger et al. 1956). Surface carbon
deposition on catalyst active sites causes its deactivation
since it prevents the adsorption of reactants on catalyst sur-
face (Wentrcek et al. 1976).

Molybdenum-based catalysts have a high tolerance to
sulphur compounds. Therefore, they are more commonly
used in processes where sulphur compounds are present
(Hou and Wise 1985; Buerkhardt and Busch 2013). The
main disadvantage of molybdenum-based catalysts is lower
catalytic activity compared to nickel-, cobalt-, rhodium-
and ruthenium-based catalysts. Another disadvantage is the
relatively high selectivity to higher hydrocarbons instead
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of selectivity towards methane formation (Lin et al. 2012).
Molybdenum is often added to other catalyst as a promoter
to obtain a catalyst with better tolerance to the presence of
sulphur compounds (Aksoylu et al. 1999). Depending on
the support used, molybdenum catalysts exhibit the highest
methanation reaction activity at temperatures around 450 °C
(Wang et al. 2015).

Catalyst supports ensure system stability and overall cata-
Iytic activity. The most commonly used support of catalysts
for the methanation reaction are Al,O;, SiO,, TiO,, ZrO,
and CeO,. Aluminium oxide possesses the advantages of
low cost and high specific surface area. Silicon dioxide also
has high specific surface area and can be used in processes
that work at temperatures as high as 700 °C. Titanium diox-
ide has three different modifications and is commonly used
at temperatures up to 550 °C. At temperatures above 550 °C,
the modification from anatase to rutile takes place, lead-
ing to a substantial decrease of specific surface area (Ross
2012). Zirconium dioxide is another suitable support since it
increases catalyst activity and selectivity (Yamaguchi 1994;
Chen et al. 2016). Other possible supports include zeolites,
foams and nanofibers (Gao et al. 2015; Vannice 1976; Wang
et al. 2016).

Experimental
Apparatus for catalytic activity measurements

A nickel-based catalyst was tested in the pilot unit setup
in UJV Re? a.s. The pilot unit was constructed to work at
temperatures up to 350 °C and pressure 1.5 MPa. Cata-
lytic tests were performed using hydrogen produced from
a small photovoltaic power station. The photovoltaic power
station had a maximum installed capacity of 7 kWp. The
electricity produced by the photovoltaic power station was
supplied to an electrolysis unit. The most important compo-
nents of the hydrogen storage system were the PEM elec-
trolyzer HOGEN S40 (ProtonOnsite, Wallingford), with
a maximum hydrogen production capacity of 1.05 m> h™!
(0 °C, 0.1 MPa), and the hydrogen container with storage
capacity up to 10 kg of hydrogen. Hydrogen was produced
via direct electrolysis at an operating pressure of 1.5 MPa.
The other reactant, carbon dioxide, was fed to the system
from a cylinder connected to the pilot unit via a mass flow
meter. The final reaction gas mixture used for the methana-
tion catalytic activity tests had a composition of 20 mol%
CO, and 80 mol% H,. Reaction gas mixture composition
corresponded to the H,/CO, stoichiometric reaction ratio.
Synthetic oil Marlotherm SH (SASOL, South Africa) was
used for external heating and cooling of gas in the metha-
nation reactor. The synthetic oil circulated in an external
circuit with a heating capacity of 1.5 kW. A centrifugal oil

pump was used for oil circulation. The synthetic oil was con-
tained in the external tube of a tubular reactor. The reactor
internal diameter was 43 mm, reaction area height 500 mm
and volume 0.7 1. Reactor temperature profile during the
course of the methanation reaction was monitored via four
thermocouples placed into the reactor. Feed gas flow was
upstream. Gas was produced co-currently with external
cooling by the synthetic oil. Subsequently, produced gas
sampling was performed to determine gas composition. In
Fig. 1 the scheme of the pilot unit is depicted. Due to safety
concerns the whole unit was equipped with hydrogen and
methane leakage sensors. The leakage sensors were con-
nected to an automatic control system that could perform
immediate shutdown in case of gas leakage.

Catalytic activity measurement

Inside the reactor 250 g of nickel-based catalyst was placed.
Prior to the catalytic tests catalyst reduction in hydrogen
steam set at a flow rate of approximately 5 1 min~! was per-
formed. Catalyst reduction was performed for 24 h at tem-
perature 250 °C and pressure 0.5 MPa. Afterwards feed gas
was switched to the reaction gases consisting of 20 mol%
CO, and 80 mol% H,. Hydrogen flow was set at 4 1 min™!
and carbon dioxide flow was set at 1 I min~!. The tempera-
ture of the reaction gas mixture when fed to the reactor was
100 °C. Reaction temperature was gradually increased by
20 °C every 30 min until reaching the final temperature of
280 °C. Produced gas exiting the pilot unit was immediately
analysed. Condensed water was drained into a container.
Once the catalytic test ended total water volume produced
during the methanation reaction was determined.

Catalyst preparation

Catalyst preparation and characterization was performed at
University of Chemistry and Technology Prague. The cata-
lyst was synthetized using multiple impregnations. Boehmite
was used as support in the shape of 6 X4 mm pellets. The
support was calcined for 4 h at 500 °C. During calcination
at this temperature the natural boehmite was transformed
into y-Al,O5 (Trueba and Trassati 2005; §najdrové et al.
2017). The calcined boehmite was then used as support for
the nickel-based catalyst. For catalyst synthesis a 1 1 of 20%
wt solution of Ni(NO;),-6H,0 was prepared. The solution
was heated at 70 °C with continuous mixing at a speed of
400 rpm. Once the temperature had stabilized 250 g of sup-
port was immersed into the solution. The support was left
in the heated solution and kept at a constant temperature
of 70 °C for 90 min with continuous mixing at a speed of
350 rpm. Subsequently the catalyst was filtered and dried
for 6 h at 105 °C. Finally the dried catalyst was calcined for
4 h at 500 °C. During calcination thermal decomposition
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Fig. 1 Pilot unit for the production of hydrogen and methane

of Ni(NO;),.6H,0 to NiO took place. This impregnation
procedure was repeated 10 times.

Catalyst characterization

All catalysts elemental composition, specific surface area
and total pore volume were determined before the cata-
lytic test. Elemental composition was determined via X-ray
fluorescence (XRF) using a Spectrometer ARL 9400 XP
(Thermo Fisher Scientific Inc., USA). Data analysis was
processed via the software Winxrf. Specific surface area and
total pore volume were determined via the analyser COUL-
TER SA3100 (Backman Coulter Inc., USA). Specific sur-
face area was determined by the adsorption of nitrogen at
— 196 °C. The catalyst was previously degassed overnight at
pressure 13 Pa and temperature 150 °C. The isotherms for
the determination of specific surface area were evaluated
based on the BET (Brunauer-Emmet-Teller) model.

Products analysis

Produced gas was analysed during the course of the cata-
lytic tests via the analyser Multitec 540 (Hermann Sewerin
GmbH, Germany). The analyser was equipped with infrared
and electrochemical sensors. The infrared sensor made pos-
sible the determination of methane and carbon dioxide vol-
ume fraction in the range 0—100 vol%. The electrochemical

@ Springer

sensor made it possible to determine oxygen molar fraction
in the range 0-25 vol%.

Results and discussion
Catalyst characterization
X-ray fluorescence

Both the commercial catalyst and laboratory prepared cata-
lyst were analysed via XRF analysis. Based on XRF analysis
the major component of the commercial catalyst was nickel
and as support was y-Al,O5. The elemental composition of
the commercial catalyst was 67.92 wt% of Ni and 31.49 wt%
of Al. Elemental analysis of the laboratory prepared catalyst
showed that Ni in the form of NiO was the major active
metal and support was y-Al,05;. XRF analysis of the labo-
ratory prepared catalyst was performed after each impreg-
nation. After the first impregnation the catalyst contained
10.45 wt% Ni and after the tenth impregnation Ni content
increased to 56.13 wt%. In Fig. 2 the gradual increase of
nickel content after each impregnation is depicted.

BET analysis

The commercial catalyst and the laboratory prepared cat-
alyst were both subjected to BET analysis. The specific
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Fig.2 Dependence of the mass fraction of nickel on the number of
impregnations

surface area and total pore volume of the commercial
catalyst were 135.3 m®> g~! and 0.38 ml g~!, respectively.
BET analysis of the laboratory prepared catalyst was per-
formed every other impregnation. After the first impreg-
nation, specific surface area and total pore volume were
233.45 m? g7 and 0.41 ml g~!, respectively. After the
tenth impregnation specific surface area and total pore vol-
ume decreased to 103.31 m? g~! and 0.23 ml g™, respec-
tively. In Fig. 3, the dependence of specific surface area
and total pore volume on the number of impregnations
is depicted. In the results depicted in Fig. 3 a gradual
decrease of specific surface area and total pore volume
can be observed. The decrease in both specific surface
area and total pore volume is caused by the gradual filling
of support pores with nickel, which is in accordance with
the results from XRF analysis depicted in Fig. 2. Based
on BET adsorption theory both catalysts have type II iso-
therms (Sing 1997).
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Fig.3 Dependence of the specific surface area and total pore volume
of the laboratory prepared catalyst on the number of impregnations

Produced gas analysis

Methanation products when using gas mixture containing
CO, and H, at different pressures over nickel-based catalyst

The catalytic activity of the laboratory prepared catalyst
was tested at pressures 0.5 and 1 MPa. The composition
of produced gas analysed via the analyser Multitec 540 is
depicted in Fig. 4. The highest CO, conversion of 98.1% was
reached at pressure 0.5 MPa and temperature 249 °C. In the
same experimental conditions the highest methane content
of 92 mol% was also reached. The acquired result was in
agreement with the Le Chatelier’s principle that states that
with increasing pressure reaction equilibrium shifts in favour
of a smaller number of moles in the gas phase (Sing 1997).
Increasing pressure positively influences methane formation
and as result CO, conversion.

In a subsequent step, the influence of total feed gas mix-
ture volume on the catalytic activity of the laboratory pre-
pared catalyst was tested. The catalytic activity tests were
performed for pressures 0.5 and 1 MPa. The dependence of
methane content and CO, conversion on the feed volume
to which the catalyst was subjected at 0.5 and 1 MPa, are
depicted in Figs. 5 and 6, respectively. From the acquired
results no substantial decrease on catalytic activity with
increasing feed volume was observed. Therefore, the results
depicted in Figs. 5 and 6 confirm the high activity of the
laboratory prepared nickel-based catalyst.

Products when using gas mixture containing CO, and H,
with a commercial catalyst

The influence of total feed gas mixture volume on the
catalytic activity of the commercial nickel-based catalyst
was tested. The catalytic activity tests were performed for
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Fig.4 Dependence of the volume fraction of methane on the reac-
tor temperature at pressure 0.5 and 1 MPa of the laboratory prepared
nickel-based catalyst
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pressures 0.5 MPa. In Fig. 7, the dependence of methane
content and carbon dioxide conversion on the feed vol-
ume to which the catalyst was subjected at 0.5 and 1 MPa
is depicted. The highest CO, conversion of 97.59% was
reached.

Conclusions

Catalytic test of the hydrogenation of carbon dioxide to
form methane on a pilot unit was performed. A commercial
nickel-based catalyst and a laboratory prepared nickel-based
catalyst were subject to catalytic tests. Feed gas reaction
mixture contained 20 mol% CO, and 80 mol% H,. Hydro-
gen was produced via direct electrolysis. The electric energy
supplied to the electrolysis unit was produced from a small
photovoltaic power station. Carbon dioxide was inserted to
the system from a cylinder. The methanation catalytic tests
were performed at pressures 0.5 and 1 MPa in the tempera-
ture range 130-260 °C.

The laboratory prepared catalyst was tested at pressures
0.5 and 1 MPa. At pressure 0.5 MPa and temperature 249 °C
98.1% CO, conversion was achieved. At pressure 1 MPa and
temperature 235 °C 98.3% CO, conversion was achieved.
Moreover, the influence of total feed gas volume on the cata-
lytic activity of the laboratory prepared catalyst at pressures
0.5 and 1 MPa was tested. The experimental results demon-
strated that the catalyst has high methanation activity during
the whole course of the catalytic tests. On a consecutive step,
the influence of total feed gas volume on the catalytic activ-
ity of the commercial nickel-based catalyst at 0.5 MPa was
tested. The highest CO, conversion of 97.6% was reached at
reached at temperature 257 °C.

Based on the results acquired from the catalytic tests per-
formed in the pilot unit, it is obvious that the activity of the
laboratory prepared nickel-based catalyst is comparable to
the commercial nickel-based catalyst.
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Katalyzator pro metanizaci vodiku

Oblast techniky

Technické fedeni se tyka katalyzatori na bazi oxidi kovu ve forme pelet.
Dosavadni stav techniky

Katalyzitory pouZivané v soutasné dobé pro katalytickou hydrogenaci oxidu uhli¢itého vodikem
na methan a vodu (metanizaci) jsou zaloZené na bazi kovi, jejichZ aktivita kles4d v fadé:
Ru>Ni>Co>0s>Pt>Fe>Mo>Pd>Ag. Z téchto kovii se nejvice pouZiva ruthenium, nikl a Zelezo.
Teplota, pfi které probih4 methaniza¢ni reakce, se pohybuje v rozmezi od 190 °C do 800 °C
v z4vislosti na pouZitém katalyzétoru.

V soudasné dobé je snaha o vyuZiti methanizaéni reakce v technologickém procesu ,,Power-to-
Gas* (vyrobé syntetického zemniho plynu). Soudasti tohoto technologického procesu je vyroba
vodiku z ptebytkl elektrické energie vyrobené z obnovitelnych zdrojii energie pomoci elektro-
lyzy. Oxid uhli¢ity, ktery je potfebny pro tuto reakci, by mohl byt ziskdvan ze spalin elektraren
spalujici fosilni paliva. VyuZiti oxidu uhli¢itého z tohoto zdroje zplsobuje problémy p# jeho
vyuZiti v katalytickém procesu, nebot’ oxid sifi€ity, ktery je rovnéZ obsaZen ve spalinach a &4s-
te¢né pfechazi do ziskdvaného oxidu uhliitého, pisobi na katalyzitory jako katalyticky jed.

Cilem technického feSeni je navrhnout smésny katalyzator, ktery by mél vysokou katalytickou
aktivitu, vy$$i odolnost vii¢i sirnym l4tkam, nizkou cenu a jednoduchou vyrobu.

Podstata technického feleni

Cile technického fefeni se dosahne pomoci smésnych katalyzitord na bazi oxidi kovi nikl-kobalt
nebo nikl-molybden ve formé& pelet, jehoZ podstata spo¢iva v tom, Ze obsahuje 5 aZ 10 % hmot-
nostnich niklu a 5 aZ 15 % hmotnostnich kobaltu, respektive molybdenu nanesenych na povrchu
porézniho nosice, napf. y-alumin€. Kobalt a/nebo molybden zvy3uji odolnost celkového kataly-
zatoru vidi sirnym latkam a tim prodluZuji Zivotnost katalyzatoru v procesu katalytické hydroge-
nace oxidu uhli¢itého (metanizace). Nosi¢ y-alumina svym velkym mérnym povrchem umoziiuje
naneseni velkého mnoZstvi katalyzatoru na svém povrchu.

Objasnéni vykresu

Na pfiloZzeném vykresu je na obr. 1 fotografie pelet katalyzatoru na bazi nikl-kobalt podle tech-
nického feSeni, a na obr. 2 je fotografie pelet katalyzatoru na bazi nikl-molybden.

Piiklady uskute¢néni technického feSeni

Smésné katalyzatory na bazi oxidd kovli na bazi nikl-kobalt nebo nikl-molybden ve formé pelet
pozadovaného tvaru a/nebo velikosti obsahujici 5 az 10 % hmotnostnich niklu a 5 aZ 15 % hmot-
nostnich kobaltu, respektive molybdenu nanesené na povrchu porézniho nosi¢e lze pfipravit
podle niZe uvedenych piikladd.

Piiklad 1

Jako nosi¢ katalyzatoru byl pouZit boehmit AIO(OH) majici tvar pelet o rozmérech 6 x 4 mm
s celkovou povrchovou plochou 200 az 250 m%/g a objemem péra 0,5 ml/g, pfidem? nejméné
85 % p6ri ma velikost pod 6 nm, ktery byl v muflové peci vypalen na teplotu 500 °C (minimalné
po dobu ¢étyt hodin). Pfi této teploté boemit AIO(OH) pfechézi na y-aluminu Al,Os.

Pro impregnaci byly pfipraveny 20% hmotnostni vodné roztoky hexahydréatu dusi¢nanu nikelna-
tého Ni(NO;),.6H,0 a hexahydratu kobaltnatého Co(NO;),.6H,O. Tyto vodné roztoky byly smi-
chany a 300 ml vzniklého roztoku bylo nasledné ohfivano az na teplotu 80 °C za stalého michani.
Nisledné bylo k roztoku nasypano 150 g y-aluminy. Tato smés byla za stalého michéani udrzo-
vana pii teploté 80 °C po dobu &tyf hodin. Nésledné byl roztok s nosi¢em prefiltrovan a zachy-
cené pelety nosiCe a katalyzatoru byly vloZeny do muflové pece a kalcinovany pfi teploté 500 °C
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po dobu Sesti hodin. Pfi kalcinaci dochézelo k vytvéfeni oxidd kovii na povrchu porézntho no-
si¢e. Timto zplisobem impregnace 1ze dosdhnout aZz 10 % hmotnostnich niklu a aZ 15 % hmot-
nostnich kobaltu. '

~ Ptiklad 2

V tomto p¥kladu byl pouZit boehmit vypaleny v muflové peci pfi 500 °C (minimélné¢ po dobu
étyf hodin) majici tvar pelet o rozmérech 6 x 4 mm s celkovou povrchovou plochou 200 az
250 m%/g a objemem p6ri 0,5 ml/g, pfiGemZ nejméng 85 % p6rt maji velikost pod 6 nm.

Pro impregnaci byly pfipraveny 20% hmotn. vodné roztoky hexahydratu dusi¢nanu nikelnatého
Ni(NO;),.6H,0 a tetrahydratu heptamolybdenanu hexaamonného (NH,)(M07,024).4H,. Vodné
roztoky byly smichany a 300 ml vzniklého roztoku bylo pouZito pro naslednou impregnaci. Do
tohoto roztoku byl pfidin nosi¢. Doba zdrZeni nosie v roztoku byla maximalné deset minut.
Impregnace nosi¢e tedy musi probihat relativné rychle. Je to z diivodu stability tetrahydratu
heptamolybdenanu hexaamonného. Z 20% hmotn. roztoku této latky se stdnim na vzduchu nebo
zahfatim za¢ne uvolfiovat amoniak a vyluCovat sloucenina ve formé& pevné latky - pentahydratu
dihydrogenhexamolybdenan tetraamonného (NH,);H,(Mo0s0;;).5H,0. Tato latka je také zndmé
jako polymolybdenan amonny a zamezuje naneseni katalyzitoru na bazi molybdenu na povrch
nosie. Nasledné byl vodny roztok s nositem zfiltrovan. Pelety byly nasledné vloZeny do
muflové pece, kde probihala kalcinace pfi teploté 500 °C po dobu $esti hodin. Pfi kalcinaci do-
chazelo k vytvafeni oxidi kovii na povrchu porézniho nosi¢e. Timto zpiisobem impregnace lze
dosahnout aZ 10 % hmotnostnich niklu a aZ 15 % hmotnostnich molybdenu.

Primyslové vyuZitelnost

Katalyzatory na bazi nikl-kobalt a/nebo nikl-molybden podle technického fe3eni je moZné pouzit
pro katalytickou hydrogenaci oxidu uhli¢itého pro vyrobu methanu nebo vody. Tyto katalyzitory
zaji¥tuji vy$8i odolnost vii¢i sirnym sloudeninam, napiiklad v pfipad€ vyuZiti oxidu uhli¢itého ze
spalin. V procesu metanizace 1ze vyuZit $iroké rozmezi teplot z diivodu vyuZiti kombinaci kata-
lytickych prvki, které maji aktivitu pfi nizkych a vysokych teplotach, pfi€emz v celém rozmezi
teplot je konverze na methan vysoka.

NAROKY NA OCHRANU

1.  Katalyzator pro metanizaci vodiku na bazi oxidi kovil ve formé pelet, vyznaéujici
se tim, Ze obsahuje 5 aZ 10 % hmotnostnich niklu a 10 aZ 15 % hmotnostnich kobaltu a/nebo
molybdenu, vyjadieno jako kov.

2. Katalyzator podle naroku 1, vyznaéeny tim, Zejako nosi¢ se pouZije y-alumina.

1 vykres
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THE INFLUENCE OF SULPHUR DIOXIDE ON THE METHANATION ACTIVITY OF NICKEL BASD CATALYST

E. BARAJ, V. SNAJDROVA, T. HLINCIK, K. CIAHOTNY
1. INTRODUCTION

Constant increase of carbon dioxide emissions from anthropogenic activities leads to the search of options for
its recycling and utilization. A possible approach to the issue of CO2 emissions from stationary sources such as
power plants is carbon capture and sequestration (CCS) and its subsequent use as a feedstock material. Carbon
dioxide is a nontoxic, non-flammable and abundant feedstock. For chemists, CO: is a very attractive C: building
block in organic synthesis [1-3]. Recycled CO2 as a carbon source for chemicals and fuels can be considered a
sustainable feedstock. As a raw material it is in its lowest energy level and thus its conversion into other
products as a single reactant is difficult. CO2 reacts much easier when a co-reactant, such as Ha, is present. A
very important catalytic process is the catalytic hydrogenation of CO; to methane, also known as the Sabatier
reaction[1, 4].

Methanation of CO:2 has a variety of applications the two most notable being the purification of synthesis gas
for ammonia production and the production of synthetic natural gas (SNG). NASA (The National Aeronautics
and Space Administration) is also exceptionally interested in the application of CO; methanation for on-site
production of life support consumables and propellants from Martian atmosphere [5]. Considering the
increasing global fuel and energy demand, and the specifically recent global increase of natural gas demand [6,
71, methanation of CO2 for SNG production is a very attractive application.

Methanation of CO», particularly when using as feedstock flue gas from power plants, faces a key issue since
sulfur dioxide in the Czech Republic (depending on the power and fuel used in the power plant) should not
exceed levels of 35 — 1700 mg/m3 (0.00124 to 0.0603 vol. %) [8]. Limit on sulfur content is not only an
environmental issues but it can be a limitation during methanation since sulfur in the feed-gas acts as catalytic
poison [9]. Given that the utilization of flue gas as feedstock for methanation can be a considered a sustainable
use of resources this work is focused on the effect of SO2 on the catalytic performance of a nickel based
catalyst.

2. THEORY OF METHANATION

Catalytic methanation of CO and CO: to methane is an important catalytic process reported in 1902 by Sabatier
and Sendersen. In eq (1) the reduction of CO2 in the presence of H: is shown. Reportedly the reaction started at
temperatures ranging from 190-230 °C and started to run smoothly at temperatures above 250°C [4].

CO, +4H, <> CH, +2H,0 AH,. =-165 kJmol™ (1)
The methanation reaction is reversible and exothermic (AHass k = =165 kJ mol™). Even though the reaction is
exothermic, some initial activation energy/heat is needed to start the reaction [11]. Given that a variety of
metals and supports can be used as methanation catalysts the reaction temperatures vary. However it is
established that CO2 adsorbs dissociatively on nickel at temperatures from 25 °C and above [12]. Depending on
the used catalyst methanation can be carried out at temperatures ranging from 100 to 450 °C [13-15].

Except reaction temperatures another factor that strongly influences methanation is Hz to CO; ratio. Low ratio
gives larger amount of high molecular mass products while when using a higher ratio more methane is
produced. For better selectivity and higher methane yield is generally preferred to carry out the reaction at a
H2:COz ratio of 3:1 up to 4:1 [16, 17].
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3. METHANATION CATALYSTS

In the original work of Sabatier and Sendersen was tested the hydrogenation of both CO and CO: over nickel at
250 °C. form. As a methanation catalyst nickel is preeminent; the metal is relatively cheap, it is very active
having a high surface area and it is very selective to methane formation. Nickel is still one of the most widely
used metals even though usually in supported form to prevent sintering. In addition the support can
significantly influence the morphology of the active phase, its adsorption and its activity/selectivity, especially
in well dispersed systems [18]. Among the most widely used support materials for nickel based catalysts are
gamma-aluminia (y-Al203) and silica (SiO2) [12, 15, 19]. It should be noted that reportedly regardless of the
support nickel has an increase on both CO2 hydrogenation activity and CHa selectivity compared to
unsupported nickel [18].

Cobalt, after nickel was the second successfully tested metal catalyst. Cobalt based catalysts have
demonstrated good catalytic activity but always inferior to nickel based catalyst. Additionally the deposition of
larger amounts of carbon on catalyst surface compared to when using nickel catalysts has been observed [20].
Deposition of surface carbon causes catalyst activity deactivation since it occupies some of the active sites
required for reactant adsorption [21].

Certain noble metals such as ruthenium have been recognized even at the early stages of methanation as very
active catalysts. However, initially the high cost of these materials mitigated against its wide use. Regardless of
the high cost noble metals can compete with cheaper catalyst with qualities such as long catalytic life and high
selectivity[1]. Among the most tested noble metals are ruthenium and rhodium based catalysts [22-25].
Ruthernium and its alloys show the highest activity, followed by rhodium. Platinum and palladium show
considerably lower methanation activity [26].

The main drawback of almost all methanation catalysts including nickel based catalysts is that they are easily
poisoned by sulfur compounds [9]. The only exception is molybdenum, which however reportedly forms at best
only moderately active catalysts [27]. It is therefore important to investigate whether SO in the concentration
range present in flue gas from power plants deleterious for the activity of methanation catalysts.

4. LABORATORY SETUP FOR METHANATION CATALYST TESTING

Catalysts test in a laboratory apparatus set up in UCT Prague designed to work at temperatures up to 500 °C
and pressure up to 8 MPa, are carried out. The gas feed pressure ranging from 0.6 to 8 MPa and flow up to 10
I/min, is regulated as needed. The manometers are placed before and after a control needle valve. At all
individual sections of the apparatus are situated ball valves that enable rapid depressurization of the
corresponding parts.

Gas flow is regulated by a needle valve, which is placed at the end of the gas flow train. Gas pressure regulation
is carried out with a Bronkhorst pressure regulator. The gas feed is maintained at an overpressure of 2 MPa.
Flow measurements are made via a Bronkhorst thermal mass flow meter, set to work at flows in the range of 0-
10 I/min. Gas feed preheating, in order to prepare for the methanation reaction, is carried out in a tubular
preheater placed in an oven. After being preheated the gas feed goes to a tubular reactor where methanation
reaction takes place.

Gas produced from the methanation reactor is further cooled to condense out the water generated during the
methanation reaction. The produced gas is cooled in a pressure vessel. In the final step, is determined the final
concentration of methane, carbon dioxide and hydrogen sulphide, via GC-FID/TCD and GC-SCD. Laboratory
apparatus scheme configuration is depicted in figure 1.
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Figure 1. Laboratory apparatus for CO, and H, methanation

In order to test the methanation activity of the catalysts test using a cylinder gas mixture consisting of 80 vol. %
H2 and 20 vol. % CO2 gas feed on a commercially available nickel based catalyst, are performed. Catalyst
composition was determined via X-ray fluorescence (XRF) analysis. Total catalyst quantity in the reactor was
100 g. Gas feed flow is set at 8 I/min and the whole apparatus is under 2 MPa overpressure. Methanation at an
initial temperature of 320 °C and subsequently at gradually lower temperatures until reaching 110 °C, was
carried out. Produced gas samples are sampled and subsequently analysed every (approximately) 20°C.
Afterwards tests under the same operating conditions but with gas feed containing SO2> were carried out. The
gas feed containing SOz had the following composition: 20 vol. % CO2, 0.05 vol. % SO: the rest H. The gas feed
was chosen to be similar to flue gas from power stations before desulfurization. XRF analysis of the catalyst

after sulfonating was performed.
5. RESULTS AND DISCUSSION

X-ray fluorescence analysis of the nickel based catalyst showed that its major components were 63.5 wt. % NiO
and 20 % SiO2 and no sulphur content. Methane and carbon dioxide concentrations in the gas produced during
methanation of the gas feed 80 vol. % H2and 20 vol. % CO: on the nickel based catalysts are depicted in Fig 2.
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Figure 2 Methane and carbon dioxide content in the produced gas at different reaction temperatures for feed gas 20 %
CO; and 80 % H..

Under similar reaction conditions the same analysis when using the model mixture of flue gases was
performed. . As it can be observed the methanation rates strongly decreases reaching very quickly catalyst
deactivation and therefore zero methane production. In this case the measurement continued until it was
confirmed that CHa levels were indeed zero i.e. until 200 °C. Except methane and carbon dioxide in the
produced gas hydrogen sulphide content was as well determined. Hydrogen sulphide was present in the
produced gas since SO2 in the presence of Hzreacts to form it. In equation (2) the reaction is depicted.

SO, +3H, - H,S+2H,0 (2)
In Fig. 3 the methane and carbon dioxide content are depicted. In Fig. 4 H2S concentration in the temperature
range 200 to 320 °C is depicted.
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Figure 3 Methane and carbon dioxide content in the produced gas at different reaction temperatures for feed gas 20 vol.
% CO2, 0.05 vol. % SO: the rest Ha.
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Figure 4 Hydrogen sulphide content in the produced gas

After measurements with feed gas containing SO2 XRF analysis of the catalyst was again carried out. It was

observed a substantial increase of the sulphur content reaching 15.5 wt.%.

6. Conclusions

Carbon dioxide and hydrogen methanation on a nickel based catalyst under laboratory conditions were

performed. The gas feed consisted of 80 vol. % Hz and 20 vol. % CO.. The reaction was carried out at 2 MPa

overpressure, and temperature ranging from 110 °C to 320 °C. The highest CO2 conversion rate producing 90

vol. % CH4 was reached at 220 °C. A notable decrease on catalytic activity was observed when using flue gas

model mixture consisting of 20 vol. % CO2, 0.05 vol. % SO: the rest Ha.. The highest methane content in the

produced gas was 64 vol. % at 300 °C. Afterward a rapid decrease on CHs4 formation was observed reaching

zero conversion at 240 °C. Hydrogen sulphide in the produce gas increased during the experiment reaching its
maximum of 2277 mg/m3 at 200 °C.
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Katalyticka methanizace bioplynu s pouzitim niklového katalyzatoru
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Katalyticka methanizace bioplynu predstavuje alternativni technologicky postup k soucasnosti pouzivanym
metodam tzv. upgradingu bioplynu na biomethan. Nespornou vyhodou tohoto postupu je predevsim neporov-
natelné zvyseni produkce biomethanu oproti stavajicim technologiim. Clanek popisuje katalytickou methani-
zaci oxidu uhliciteho a vodiku na methan a vodu, dale laboratorni testovani dvou modelovych plynii na niklo-
vem katalyzatoru. Prvni modelovy plyn byl zvolen jako porovnavaci, obsahoval stechiometrickeé sloZeni oxidu
uhliciteho a vodiku (1:4). Druhy modelovy plyn obsahoval oxid uhlicity, vodik a methan. Toto slozeni simulo-
valo bioplyn doplnény vodikem, tak aby pomer oxidu uhlicitého a vodiku odpovidal stechiometrickému pomeéru
1:4. K testovani byla sestavena laboratorni aparatura, na které probihalo testovani pri pretlaku az 6 MPa a
teplotach az 320 °C. Bylo zjisténo, ze katalyzator na bazi niklu umoziuje produkci methanu s molarnim zlom-
kem vice nez 0,9 pri teplotach v rozmezi 200 — 220 °C. Nejvyssiho molarniho zlomku methanu v produkovaném
plynu bylo dosazeno pri pouziti modelového bioplynu s vodikem, kde hodnota molarniho zlomku methanu v pro-

dukovaném plynu byla az 0,98 pri pretlaku 6 MPa.

Klicova slova: methanizace, bioplyn, nikl, katalyzator

Doslo 17. 8. 2017 piijato 19. 9. 2017

1. Uvod

Proces katalytické methanizace oxidu uhli¢itého
na methan a vodu nabyva v poslednich letech na vy-
znamu a je mu pfisuzovana i potencidlné vyznamna role
v budoucich energetickych systémech, zejména pak
v souvislosti s vyrobou syntetického zemniho plynu
(SNG) za vyuziti oxidu uhli¢itého z antropogennich
zdroja. Technologické procesy vyroby methanu, oznaco-
vané jako Power—to—Gas (PtG), jsou zalozeny na vyuziti
prebytki elektrické energie z obnovitelnych zdroja ener-
gie (OZE) (zejména vétrnych, fotovoltaickych, ale i vod-
nich elektraren) pro vyrobu SNG a jeho nasledné sklado-
vani, pfepravu a distribuci klasickou plynarenskou sou-
stavou.

Cely systém je navrzeny tak, ze pfebytecna elek-
trickd energie z OZE se v prvnim kroku vyuzije k elek-
trolytické vyrobé vodiku za pouziti alkalickych, PEM
nebo SOFC elektrolyzéri [1]. Pro methanizacni reakci by
se potfebny oxid uhli¢ity ziskaval ze spalin elektraren na
fosilni paliva.

Dalsim potencidlnim a neméné zajimavym zdrojem
oxidu uhli¢itého je bioplyn. V surovém bioplynu
se bézné objemovy zlomek oxidu uhli¢itého pohybuje
okolo 0,4, zbytek je tvofen methanem a déle necistotami
jako jsou sulfan, vodni para nebo stopova mnozstvi kys-
liku.

Bioplyn je vramci Evropy stale Castéji vyuzivan
pro vyrobu biomethanu, tedy bioplynu upraveného
na kvalitu zemniho plynu [2]. Podle Evropské bioply-
nové asociace (EBA) bylo na konci roku 2016 v Evropé
v provozu 459 biomethanovych stanic s rocni produkci

vétsi nez 1.10° m? biomethanu [3, 4]. Ve vsech soudas-
nych biomethanovych stanicich je oxid uhlicity pfi vy-
rob¢ biomethanu odstraiiovan pro zvySeni spalného tepla
za pouziti absorpénich PSA metod, tlakové vodni vy-
pirky, chemické vypirky roztokem MEA (monoethanola-
min) nebo membranové separace. Takto upraveny bio-
methan lze nasledné vtlaéet do plynovodni sité, vyuzivat
pro pohon motorovych vozidel, apod.

Alternativnim pfistupem k pouziti vyse zminénych
technologii je vyuziti katalytické methanizace bioplynu,
oznacované jako Power—to—Biomethan (PtB). Pfi tomto
zpusobu zpracovani bioplynu neni oxid uhli¢ity z bio-
plynu odstraiiovan, ale k produkovanému plynu je ptida-
van ve vhodném poméru vodik vyrobeny elektrolyzou
vody za pouziti elektrické energie z OZE. Tento pfistup
nejen ze eliminuje nakladani s odpadnim CO», ale miize
teoreticky az zdvojnasobit stavajici produkci biome-
thanu.

Schéma této technologie je zobrazeno na obrazku 1.
Urcitou prekazku pfedstavuji u bioplynu vyrobeného
z biomasy anaerobni digesci obsahy proménlivych kon-
centraci sulfanu a dal$ich minoritnich sirnych sloucenin,
fluktuujici v zavislosti na typu pouzitého substratu [5, 6].
Sulfan je tfeba pied katalytickou reakci odstranit, protoze
pusobi jako katalyticky jed a mohl by katalyzator deakti-
vovat.

Bioplyn, zbaveny sirnych sloucenin, je veden
do methaniza¢niho reaktoru, ve kterém probiha kataly-
tickd methanizace oxidu uhlicitého za pouziti vodiku na
methan a vodu. Za katalytickym rektorem je nasledné po-
tteba vyrobeny biomethan vysusit, protoze béhem reakce
dochazi k tvorbé vodni pary.

93



S9 (2)

PALIVA 9 (2017), 3,5.95 - 98

Katalyticka methanizace bioplynu s pouzitim niklového katalyzatoru

Obr. 1 Schéma technologie katalytické methanizace bioplynu
Fig. 1 Scheme of biogas catalytic methanation technology

2. Katalyticka methanizace

Proces katalytické pfemény oxidu uhli¢itého nebo
oxidu uhelnatého vodikem na methan a vodu byva nazy-
van jako methanizace nebo Sabatierova reakce a je vy-
jadten rovnici 1.

CO, + 4H, » CH, + 2H,0 AHaos= -165 kJ.mol!
(1)

Ackoliv je methanizace oxidu uhli¢itého relativné
jednoducha reakce, je popis jejiho mechanismu pomérné
slozity. Reakce probiha na povrchu katalyzatoru, takze
reakéni mechanismus je vyrazné ovlivnén konkrétnim
katalyzatorem. Existuji rozdilné nazory na to, jaké mezi-
produkty se béhem tvorby methanu objevuji. Zjednodu-
Sen¢ lze mozné mechanismy rozdélit na dva zakladni
typy.

Prvni pfedstava predpoklada preménu CO;, na CO
a naslednou methanizaci CO [7 — 10]. Druhou moznosti
je pfima hydrogenace CO, bez vzniku CO jako mezipro-
duktu [11]. V soucasnosti se u vétsiny pouzivanych kata-
lyzatort predpoklada mechanismus, pti némz vznika CO
[12].

Paul Sabatier byl za vyzkum hydrogenace organic-
kych sloucenin roku 1912 ocenén Nobelovou cenou. Své
experimenty provadél s plynnou smeési vodiku a oxidu
uhli¢itého v poméru 2:1 a 4:1, kde byl jako katalyzator
pouzit nikl. Methan zacal vznikat pfi teplot¢ kolem 230
°C. V nasledujicich 20 letech byly provadény experi-
menty s niklovym katalyzatorem pro ruzné slozeni
vstupni smési a byly také zkoumany vyhody y-aluminy
jako nosice katalyzatoru. V pracich Fischera a Tropsche
pak byly jako katalyzatory vyzkouseny dal$i dostupné
kovy, jejichz aktivita klesala v tomto potadi: Ru > Ir >
Rh>Ni> Co > Os > Pt>Fe > Mo > Pd > Ag. Z uvede-
nych kovt pak byly nejvice vyuzivany Ru, Ni, Co, Fe a
Mo [13].

Mezi nejaktivnéjsi katalyzatory katalytické metha-
nizace patii kovy VIII. B skupiny jako jsou nikl,
ruthenium nebo rhenium. Ruthenium je pro methanizaci
nejaktivnéjsi, ale v porovnani s niklem je velmi drahé,
a proto byl castéji pouzivan nikl [14]. Katalyzatory
na bazi niklu jsou vyuzivany diky jejich vynikajicim
vlastnostem spolu s relativné nizkou cenou v porovnani
se vzacnymi kovy. Nikl je ze vSech téchto katalyzatord
nejselektivnéj$i vaci methanu, béhem procesu methani-
zace nevznikaji zadné vyssi uhlovodiky a jen velmi malé
mnozstvi oxidu uhelnatého. Jeho katalyticka aktivita je
velmi vysoka, ackoliv vzacné kovy jsou aktivngjsi [15,
16].

Nevyhodou niklovych katalyzatord je, Ze velmi
snadno podléhaji deaktivaci zplisobené sirnymi latkami.
Obecné je sira katalytickym jedem pro vétSinu katalyza-
tord, ale nikl je k deaktivaci sirou obzvlast nachylny. Pii-
¢inou deaktivace je velmi silna a nevratna adsorpce sul-
fanu na povrchu katalyzatoru [17].

3. Experimentalni ¢ast
3.1. Laboratorni aparatura

Pro testovani katalytické methanizace byla sesta-
vena laboratorni aparatura, kterd umoznuje testovani
do maximalni teploty 500 °C a maximalniho pfetlaku
8 MPa. Pro testovani katalyzatoru na bazi niklu byly po-
uzity modelové smési plynu.

Prvni modelova smés obsahovala slozeni, které od-
povidalo stechiometrickému pomeéru oxidu uhlic¢itého
a vodiku (1:4). Tato modelova smés byla pouZita pro zis-
kani zakladniho souboru dat slouziciho pro porovnani
konverze ve srovnani s modelovym bioplynem.

Druha modelova smés simulovala sloZeni bioplynu
a navic obsahovala vodik v takovém mnozstvi, aby po-
mér vodiku a oxidu uhli¢itého odpovidal stechiometric-
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kému poméru 4:1. Modelova smés plynti obsahovala mo-
larni zlomek oxidu uhli¢itého 0,145, methanu 0,29 a vo-
diku 0,565.

K laboratorni aparatufe byl kromé modelového
plynu pfipojen dusik a vodik. Dusik slouzil k proplachu
a inertizaci laboratorni aparatury po ukonceni méfeni.

Vodik byl pouzivan pro redukci oxidu niklu na aktivni
nikl.

Laboratorni aparatura byla sestavena ze stavebnich
prvki od firmy Swagelok z oceli tfidy 316. Schéma apa-
ratury je zobrazeno na obrazku 2.

Obr. 2 Schéma laboratorni aparatury [18]
Fig. 2 Scheme of laboratory apparatus [18]

1) Tlakova lahev s dusikem/vodikem, 2) tlakova lahev s modelovym plynem; 3) redukcni ventily, 4) ventil pro odtla-
kovani aparatury, 5) regulator tlaku, 6) tepelné hmotnostni priitokomeér; 7) teplotni ¢idlo, 8) predehrev reakcni smési;
9) reaktor, 10) programovatelna horkovzdusna pistole; 11) vzdusny chladic; 12) kondenzator,; 13) vypousténi konden-
zdtu; 14) pojistny ventil; 15) manometr (0 — 10 MPa), 16) jehlovy ventil; 17) membrdanovy plynomer, 18) vystup plynné

smesi; 19) odbér vzorku.

1) Gas cylinders N»/H>; 2) testing gas cylinder, 3) pressure regulating valve; 4) pressure relief valve; 5) pressure
control valve; 6) mass flow meter, 7) thermometer, 8) pre-heater, 9) tubular reactor, 10) programmable hot air gun; 11)
air-cooler; 12) condenser, 13) condenser drainage; 14)safety pressure relief valve; 15) pressure gauge (0 — 10 MPa);
16) needle valve; 17) diaphragm gas meter; 18) gas outlet; 19) gas sampling point.

Tlak plynu vystupujiciho z tlakové lahve byl snizen
redukénim ventilem a koneény pretlak uvnité aparatury
byl nasledné ve druhém stupni regulovan na pozadova-
nou hodnotu elektronickym regulatorem tlaku EL - PRES
od firmy Bronkhorst High-Tech B. V. v rozsahu 0,6 az
8 MPa. Pritok plynu byl méfen tepelné¢ hmotnostnim
prutokomérem EL - FLOW od firmy Bronkhorst High-
Tech B. V. v rozsahu 0 - 10 I'min™' (101 325 Pa, 0 °C).

Reakeni smés byla pred vstupem do reaktoru prede-
hiivana v trubkovém predehiivaci, ktery byl umistén v
peci. Teplota pece byla regulovana regulatorem teploty
CLARE 4.0. Trubkovy pfedehiiva¢ ma prameér 3,5 cm a
je dlouhy 80 c¢m, jeho objem je 0,77 dm? a byl vyplnén
korundovymi peletami pro zvyseni teplosménné plochy

a urychleni pfestupu tepla. Z pfedehievu byla reakéni
smés vedena do methanizacniho reaktoru s pevnym lo-
zem, viz obrazek 3. Vyska reaktoru je 15 cm, vnitini pra-
mér 3 cm a tloustka stény 4 mm. Jeho objem je 106 ml.
Vrstva katalyzatory uvnitf reaktoru byla umisténa
na rostu tvofeném nerezovym sitem. Reaktor je zvenci
chranén dvéma nerezovymi trubkami o pruméru 10,8
a 11,4 cm, jejich vyska je 18,5 cm a tloustka stény
3 mm. Ochranny plast byl opatfen vstupem pro osazeni
programovatelné horkovzdusné pistole Steinel HL
2010E, plnici funkci regulace teploty reaktoru
(ohtevu/chlazeni) v teplotnim rozsahu 50 — 630 °C v kro-
cich po 10 °C.
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Obr. 3 Trubkovy methaniza¢ni reaktor
Fig. 3 Tubular methanation reactor

Plynna smés vystupovala z reaktoru ptfes vzdusny
chladi¢ do kondenzatoru, kde byla zachytavana voda,
ktera je produktem methanizacni reakce. Kondenzator
je tvofen tlakovou nadobou o objemu 0,55 m?, ktera
je umisténa v termostatu s vodni lazni F 32-ME od firmy
Jumbo. Teplota 14zn€ v prubehu experimentl byla nasta-
vena na - 1 °C. Kondenzator je opatien kapilarou s kulo-
vym ventilem slouzici k odbéru kondenzatu v pribéhu
méfeni.

Pritok plynu vystupujiciho z aparatury byl méfen
membranovym plynomérem Premagas BK G4. Paralelné
ke koncové trati vedouci k plynomeéru byla vedena kapi-
lara zakoncena kulovym ventilem, ktera slouzila k od-
béru vzorkl plynné smési. Vzorky produkovaného plynu
byly v pribéhu experimentli odebirany do vzorkovacich
vakt a nasledn¢ analyzovany analyzatorem Multitec 540
od firmy Sewerin. Teploty byly v prubéhu experimentu
méfeny teplotnimi Cidly umisténymi pfed predehfevem,
za predehfevem, pied reaktorem, uvniti reaktoru, vné re-
aktoru, za reaktorem a na kondenzatoru.

3.2. Vlastnosti niklového katalyzatoru

Do laboratorni aparatury bylo pfi kazdém méfeni
vlozeno 50 g niklového katalyzatoru naneseného na SiO».
U niklového katalyzatoru byla provedena analyza prvko-
vého slozeni a mérného povrchu. Prvkova analyza byla
provedena metodou rentgenové fluorescenéni spektros-
kopie. Z vysledku této analyzy vyplyva, Ze niklovy kata-
lyzator obsahuje nikl o hmotnostnim zlomku 0,741. Mé-
feni mérného povrchu bylo provedeno na pfistroji Coul-
ter SA 3100 od firmy Beckman Coulter. Timto pfistrojem
byl zméfen celkovy objem pdrd katalyzatoru
0,3256 ml.g"!. Mémy povrch katalyzatoru byl zméfen a
vypo&ten metodou BET a jeho hodnota byla 195 m2.g™'.

4. Vysledky a diskuse

Testovani katalytické aktivity katalyzatoru na bazi
niklu bylo provadéno pro dva modelové plyny. V prvnim
pfipadé byl zvolen modelovy plyn, ktery obsahoval
stechiometrické mnozstvi oxidu uhli¢itého a vodiku.
V druhém piipad€ byl zvolen modelovy plyn, ktery ob-
sahoval methan, oxid uhlicity a vodik v takovych pome-
rech, které odpovidaly slozeni bioplynu a zaroveii byl za-
chovan pozadovany stechiometricky pomér oxidu uhli¢i-
tého a vodiku. Méfeni bylo pokazdé provadéno pro tfi
tlakové hladiny — 2, 4 a 6 MPa.

Do reaktoru bylo vzdy navazeno 50 g katalyzatoru
a pfed samotnym méfenim katalytické aktivity byl kata-
lyzator redukovan Cistym vodikem z oxidu nikelnatého
na nikl pfi teploté pfiblizn€ 300 °C. Po této redukci bylo

provadéno méfeni aktivity niklové katalyzatoru v roz-
mezi teplot 100 — 350 °C. Nejprve bylo provedeno mé-
feni katalytické aktivity s modelovym plynem, ktery ob-
sahoval molarni zlomek oxidu uhli¢itého 0,2 a molarni
zlomek vodiku 0,8. Vysledky méfeni jsou uvedeny na ob-
razcich 4 a 5.

Obr. 4 Molarni zlomek methanu v zavislosti na teploté
v reaktoru pti pouziti modelového plynu CO,:Hs (1:4)
Fig. 4 Molar fraction of methane dependence on reactor
temperature using model gas CO»:H> (1:4)

Katalytickd methanizace je exotermni reakce, proto
bylo tfeba methaniza¢ni reaktor béhem méfeni chladit.
Po nastartovani reakce bylo zapnuto chlazeni a cely pro-
ces nasledné probihal autotermné. Pti rozb&hnuti reakce
také doslo ke snizeni pritoku plynu vlivem probihajici
katalytické reakce, ktera zptisobila snizeni objemu plynu
uvnitt laboratorni aparatury.

Z vysledkd laboratorniho méfeni katalytické akti-
vity zobrazenych na obrazcich 4 a 5 pro modelovy plyn
s pomérem oxidu uhli¢itého a vodiku 1:4 vyplyva, Ze ma-
ximalni konverze oxidu uhli¢itého na methan se nacha-
zela v rozmezi teplot 180 — 200 °C. Pii teploté pod
150 °C doslo k rapidnimu snizeni konverze oxidu uhlici-
tého a tedy i sniZeni molarniho zlomku methanu ve vy-
stupujicim plynu z laboratorni aparatury.

Obr. 5 Molérni zlomek oxidu uhli¢itého v zavislosti na
teploté v reaktoru pii pouziti modelového plynu CO»2:H,
(1:4)

Fig. 5 Molar fraction of carbon dioxide dependence on
reactor temperature using model gas CO2:H; (1:4)
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Dale bylo provedeno méteni katalytické aktivity
katalyzatoru na bazi niklu s modelovym plynem, ktery
simuloval sloZeni bioplynu. Vysledky laboratorniho meé-
feni jsou uvedeny na obrazcich 6 a 7. Z vysledkd méfeni
vyplyva, ze maximalni konverze oxidu uhli¢itého na me-
than se nachazela v rozmezi teplot 200 — 250 °C. Pod tep-
lotou pfiblizné 150 °C dochéazelo k vyraznému snizeni
konverze oxidu uhli¢itého. Na obrazcich je také zvyraz-
nén obsah methanu a oxidu uhlicitého v tlakové 1ahvi pfi-
pojené k laboratorni aparatufe.

Obr. 6 Molarni zlomek methanu v zavislosti na teploté
v reaktoru pfi pouziti modelového bioplynu
Fig. 6 Molar fraction of methane dependence on reactor
temperature using model biogas mixture

Obr. 7 Molarni zlomek oxidu uhli¢itého v zavislosti na
teploté v reaktoru pii pouziti modelového bioplynu
Fig. 7 Molar fraction of carbon dioxide dependence on
reactor temperature using model biogas mixture

5. Zavér

Na laboratorni aparatufe byl testovan katalyzator
na bazi niklu. Pro méfeni byly pouzity dva modelové
plyny. Prvni modelovy plyn obsahoval oxid uhli¢ity a vo-
dik ve stechiometrickém poméru 1:4. Druhy modelovy
plyn simuloval slozeni bioplynu. Pro méfeni byly zvo-
leny tlakové hladiny 2, 4 a 6 MPa. Tyto tlakové hladiny
byly zvoleny z diivodu posouzeni katalytické aktivity
niklového katalyzatoru v zavislosti na pfetlaku. Méteni

katalytické aktivity bylo provadéno v rozmezi teplot 100
az 330 °C.

Pfi testovani modelového plynu, ktery svym slozZe-
nim vychazel ze stechiometrického poméru, bylo dosa-
zeno nejvy$siho molarniho zlomku methanu 0,93, 0,92
a 0,91 pfti ptetlaku 6, 4 a 2 MPa v teplotnim okné¢ 180 az
200 °C.

V ptipadé pouziti modelového bioplynu bylo dosa-
zeno nejvyssiho molarniho zlomku methanu v produko-
vaném plynu 0,98, 0,97 a 0,94 pfi pretlacich 6,4 a2 MPa
v teplotnim okné 200 az 250 °C. K vyznamnému snizeni
katalytické aktivity doslo pii teplotdich nizSich nez
150 °C.

Z vysledki méfeni bylo prokazano, ze katalyticka
methanizace bioplynu umoziuje premeénit efektivné oxid
uhli¢ity ve smési na methan. Pii pouziti katalyzatoru na
bazi niklu je mozné pomoci methanizace vyrobit z bio-
plynu synteticky zemni plyn s molarnim zlomkem me-
thanu az 0,98. Mnozstvi methanu je tedy velmi podobné
obsahu methanu v zemnim plynu, ktery se pfepravuje
pres izemi Ceské republiky.

Bioplyn vyrobeny anaerobni fermentaci (digesci)
obsahuje kromé oxidu uhli¢itého a methanu také v riz-
nych koncentracich sulfan. V tomto pfispévku byl pouzit
modelovy bioplyn, ktery danou plynnou necistotu neob-
sahuje. Proto bude dalsi vyzkum v této oblasti sméfovan
na testovani katalyzatorQ, které vykazuji rezistenci vuéi
nizkym koncentracim zminované latky.
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Department of Gaseous and Solid Fuels and Air Pro-
tection, University of Chemistry and Technology Pra-
gue, Technicka 5, 166 28 Prague 6

Catalytic Methanization of Biogas using Nickel
Catalyst

Catalytic methanation of Biogas represents an alter-
native route to the currently used methods of Biogas up-
grading to Biomethane. One of the most significant ben-
efit of such approach is the incomparable increase in the
overall yield of Biomethane produced from Biogas. The
paper describes the basics of catalytic methanation of car-
bon dioxide and hydrogen to form methane and water.
The main topic is the comparison of catalytic methana-
tion of two model gas mixtures using a nickel based cat-
alyst. The firs gas mixture which comprises of stoichio-
metric (1:4) ratio of carbon dioxide and hydrogen served
as a reference gas. The second gas mixture with its com-
position simulated Biogas with the addition of hydrogen
to obtain the stoichiometric ratio of carbon dioxide and
hydrogen. Both gas mixtures were tested in laboratory
apparatus using fixed bed reactor under pressure up to
6 MPa and temperatures up to 320 °C. It was proved that
methanation using nickel based catalyst produces gas
with methane mole fraction of more than 0,9 in tempera-
ture range from 200 to 220 °C. The highest methane yield
was achieved using the Biogas/hydrogen mixture under
the pressure of 6 MPa where the molar fraction of me-
thane in the produced gas reached 0,98.
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Clanek popisuje teoretické zdklady katalytické hydrogenace oxidu uhlicitého vodikem na methan a ddle
pak laboratorni experimenty provedené v této oblasti s cilem posouzeni schopnosti katalyzatoru na bazi niklu
katalyzovat ucinné tuto hydrogenacni reakci a s cilem posouzeni citlivosti daného katalyzatoru na slouceniny
siry, které mohou byt pritomny v reagujici smési plynu. K danému ucelu byla sestavena laboratorni tlakova
aparatura, na které probihaly testy niklového katalyzatoru k methanizaci vodiku a oxidu uhlicitého za riz-
nych experimentdlnich podminek. Nasledné byl katalyzator deaktivovan pomoci SO, a pouzit k opakovanému
testovani methanizacni reakce za stejnych podminek. Bylo zjisténo, zZe katalyzator po deaktivaci SO2 ma pod-
statné nizsi katalytickou aktivitu pro methanizacni reakci, avsak je schopen postupné regenerace v prostredi
vodiku. Sirné slouceniny zachycené na katalyzatoru se postupné uvoliuji do produkovaného plynu.

Klic¢ova slova: methanizace, vodik, oxid uhlicity, sirné slouceniny, deaktivace
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1. Uvod

Proces katalytické pfemény vodiku a oxidu uhlié¢i-
tého na methan byl objeven pted vice nez 100 lety Saba-
tierem [1]. Jeho velky technicky rozvoj vSak nastal az
v posledni dobé, kdy jsou k dispozici levné zdroje vodi-
ku a ekonomicky se proces stava konkurenceschopnym
jinym procestim ziskavani methanu.

Relativné levnym zdrojem vodiku je napi. vodik
vyrobeny z prebytkll el. energie v distribu¢nich sitich
elektrolyzou vody. Tyto pfebytky el. energie jsou zpi-
sobeny kolisanim vykonu obnovitelnych zdrojt, zejmé-
na fotovoltaickych a vétrnych elektraren.

Protoze pro pouziti vodiku jako paliva neni v sou-
Casné dobé vybudovana dostate¢na infrastruktura, nabizi
se zde moznost pfemény vyrobeného vodiku na methan
jeho reakci soxidem uhli¢itym a pouziti methanu
v distribucnich sitich zemniho plynu, nebo jako stlaéeny
zemni plyn pro pohon motorovych vozidel.

Prvni vyznamna technologie pracujici na tomto
principu v Evropé je v provozu od r. 2013 ve Werlte
(Némecko) [2]. Zafizeni bylo zrealizovano s podporou
firmy Audi, kterd nabizi vyrobeny methan jako palivo
pro pohon svych automobili Audi e-gas. Elektrolyzéry
v zavodé ve Werlte maji max. ptikon 6 MW; ro¢ni pro-
dukce methanu je asi 1000 t (1 400 000 Nm®); pro vyro-
bu tohoto mnozstvi methanu se spotfebuje az 2800 t
CO,. Pocita se stim, Ze vyhledové se bude pouzivat
CO, ziskany ze spalin fosilnich paliv.

V UJV Rez je k dispozici tlakovy elektrolyzér vo-
dy umoznujici vyrobu vodiku o tlaku az 1,6 MPa. Elek-
trolyzér je napajen elektiinou vyrobenou ve fotovoltaic-
kych clancich. Vyrobeny vodik by bylo mozné mimo
jiné vyuzit také k pfeméné na methan s vyuzitim Saba-
tierovy reakce. Tato problematika je zkoumana v ramci
grantového projektu TACR TA04021669 Methanizace
vodiku a oxidu uhli¢itého, jehoz fesitelem je Ustav
plynarenstvi, koksochemie a ochrany ovzdusi VSCHT

Praha a spolufesitelem UJV Rez. Cilem projektu je
doplnit tlakovy elektrolyzér v UJV ReZ o methanizaéni
jednotku schopnou z vodiku vyrobeného elektrolyzou
vody za zvySeného tlaku produkovat methan.

2. Teoretické zaklady methanizace vodiku

Historie methanizace vodiku se odviji od roku
1900, kdy francouzsky chemik Paul Sabatier zacal
zkoumat reakci vodiku s oxidem uhli¢itym nebo oxidem
uhelnatym za pouziti riznych katalyzatorti. Pfi prvnich
experimentalnich pokusech byl oxid uhli¢ity v pfitom-
nosti vodiku uspé$né premeénén na methan za pouZiti
katalyzatoru na bazi niklu. Reakce probiha podle nasle-
dujici rovnice:

CO, +4H, ->CH,+2H,0 AH Jyo =—165kJ/ mol

I presto, ze je reakce exotermni, je potfebna urcita
pocatecni aktivacni energie k zahajeni reakce. Za idealni
pomér H,:CO, pro dosazeni co nejvyssi konverze reagu-
jicich slozek na methan je vSeobecné povazovan pomeér
CO, a H, 1:4, coz odpovida stechiometrii dané reakce
[3, 4].

Methanizace je vysoce exotermni reakce spojena se
zmensSovanim objemu, z ¢ehoz vyplyva, ze nejveétsi
vytézky jsou dosazeny pii nizsich teplotach a vysokych
tlacich. Naptiklad abychom dosahli vytézek methanu
nad 98 %, reakce musi probihat pfi tlaku nejméné
2 MPa a teploté pod 300 °C [5, 6].

2.1. Katalyzatory pouZivané pro methanizaci vodiku

V pracich Sabatiera a Senderensa bylo zjiSténo, ze
nikl a kobalt jsou velmi G¢inné methanizaéni katalyzato-
ry [1]. Pozdé&ji byly zkoumany také jiné kovy, jako
napfiklad zelezo, molybden, wolfram, ruthenium [7-10].
Nikl je jako katalyzator methanizace vynikajici, je rela-
tivné levny, velmi aktivni, ma velky povrch a predevsim
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ma nejvetsi selektivitu vici methanu. Avsak jeho hlavni
nevyhodou je jeho citlivost na sirné slouceniny, které
pusobi jako katalyticky jed. Sirné slouceniny jsou vSak
katalytickym jedem skoro pro vSechny katalyzatory s
vyjimkou molybdenu, ktery ale obvykle vykazuje jenom
primérnou katalytickou aktivitu pti methanizaci vodiku.

Pfi pouziti kobaltu jako katalyzatoru bylo pozoro-
vano usazovani vét§iho mnozstvi uhliku na povrchu
katalyzatoru, nez pii pouziti niklu [11, 12]. Usazovani
velkého mnozstvi uhliku na povrchu katalyzatoru zpi-
sobuje deaktivaci katalyzatoru.

Ruthenium bylo v pocate¢nich fazich studie me-
thanizace povazovano za velmi aktivni katalyzator, ale
vysokd cena tohoto materidlu zpocatku brénila jeho
Sirokému vyuziti [7]. Vzhledem k jeho vysoké cen¢
bylo ruthenium vzdy testovdno nanesené na nosi¢i a
nikdy jako ¢isty kov. Ruthenium je povazovéano za nej-
ucinngjsi uslechtily kov pro syntézu CH,.

Rhodium je dalsi kov, ktery se pouziva pro metha-
nizaci CO a CO,; [12]. Bylo pozorovano, ze za podob-
nych reakénich podminek selektivita vici CH4 pfi me-
thanizaci CO, je téméf 100 %, zatimco pfi methanizaci
CO je nizsi, pouze kolem 90 %.

Bylo zjisténo, Ze methanizace CO, v pfitomnosti
katalyzatoru Rh/Al,O; je mozna i pii nizkych teplotach.
Katalyzator se vSak nejdfive musi redukovat pii vyso-
kych teplotach. Pfi pouziti neredukovaného katalyzato-
ru, bez ohledu na koncentraci Rh, nebyla pozorovana
zadna tvorba methanu [13 - 15].

Daéle bylo pozorovano, ze platina a palladium nej-
sou aktivni katalyzatory pii methanizaci CO a CO,.
Aktivita uslechtilych kovi pfi methanizaci vodiku klesa
v potadi Ru>>Rh>Pt, Pd [16, 17].

r wr

3. Experimentalni ¢ast

3.1. Laboratorni aparatura pro testovani kataly-
zatord na methanizaci vodiku

Pro testovani methanizace vodiku a oxidu uhli¢ité-
ho s pouzitim riznych katalyzatord byla na VSCHT
Praha sestavena pokusna laboratorni aparatura umoznu-
jici sledovani prub&hu dané reakce vodiku a oxidu uhli-
Citého za ruznych experimentalnich podminek (teplota,
tlak, katalyzator, doba zdrzeni smési v reaktoru).

Aparatura je navrZena pro teploty do 500 °C a tla-
ky az do 8 MPa. Ke stavbé exponovanych ¢asti aparatu-
ry byly pouzity vyhradné¢ stavebni prvky Swagelok.
Zatizeni je postaveno v eloxované hlinikové konzole,
jednotlivé prvky aparatury jsou spojeny 6 mm nerezo-
vou kapilarou Swagelok.

Pro testovani katalyzatorG byla pouzita modelova
smés plynil pripravend v tlakové lahvi (80 % obj. vodi-
ku a 20 % obj. CO,). Tlak modelového plynu v tlakové
lahvi je 15 MPa. Modelovy plyn z tlakové lahve je regu-
lovan na pozadované hodnoty pritoku a tlaku (prutok az
10 I/min pii daném tlaku plynu; tlak 0,6 — 8 MPa). Kon-
trolni méfeni tlaku na rtznych mistech aparatury se
provadi dvéma manometry méficimi v rozsahu

0-10MPa a 0 — 1 MPa, které jsou umistény pied a za
regulacnim jehlovym ventilem. V jednotlivych usecich
experimentalniho zafizeni jsou umistény bezpecnosti
kulové ventily pro rychlé odtlakovani piislusnych ¢asti
aparatury. Pritok plynu v laboratorni aparatufe je nasta-
vovan pomoci jehlového ventilu umisténého na konci
celé traté proudiciho plynu. Méfeni objemového prito-
ku plynu vystupujiciho z aparatury je kontrolovano
pomoci membranového plynoméru typu G4 od firmy
Actaris. Jednotlivé regulac¢ni a méfici prvky zafizeni
jsou ovladany digitalni programovatelnou a napajeci
jednotkou, ktera je pfipojena pfes rozhrani RS 232 do
pocitace.

Regulace tlaku plynu je provadéna pomoci regula-
toru od firmy Bronkhorst. Rozsah regulatoru byl navr-
zen na pretlak 0,6 — 8 MPa, pfi¢emz tlak plynu vstupuji-
ciho do regulatoru je navrzen na pretlak 10 MPa. Tento
tlak je nastaven na membranovém regulatoru tlaku ply-
nu umisténém na tlakové lahvi obsahujici modelovou
smés plyna.

M¢éfeni prutoku plynu laboratorni aparaturou je
realizovano pomoci teplotné hmotnostniho pritokoméru
od firmy Bronkhorst. Pritokomér pfepocitava naméfeny
hmotnostni pritok plynu na objemovy pritok plynu. Je
navrzen na prutoky plynu 0 — 10 I/min pii provoznich
podminkach.

Predehfev plynu pro methanizaci je provadén v
trubkovém predehiivaci umisténém v peci s regulatorem
teploty CLARE 4.0. Trubkovy predehiiva¢ ma délku 80
cm a pramér 3,5 cm, jeho objem je 0,77 dm’. Uvnitf
trubkového predehiivace jsou umistény sklenéné kulic-
ky z divodu zvyseni teplosménné plochy a tim i rych-
losti ptestupu tepla do plynu. Pec, ktera zajistuje ohfev
proudiciho plynu, je schopna vyhiat vnitfni prostor
predehtfivace az na teplotu 1 000 °C.

Samotna methanizaéni reakce probiha v trubkovém
reaktoru, ktery ma délku 15 cm a primér 3 cm. Tloust™-
ka stény reaktoru je 4 mm, objem reaktoru je 106 ml.
Tento reaktor je opatfen dvéma ochrannymi trubkami z
nerezové oceli. Prvni trubka o pruméru 10,8 cm, délce
18,5 cm a tloustce stény 3 mm, druha trubka o priméru
11,4 cm, délce 18,5 cm a tloustce stény 3 mm. Do téch-
to ochrannych trubek je zasunut konec horkovzdusné
pistole zajist'ujici ohfev reaktoru pfed nab&hnutim me-
thaniza¢ni reakce. V ochrannych trubkach byly vytvo-
feny tii otvory o priméru 3 cm v horni ¢asti a tfi otvory
o stejném pruméru v dolni ¢asti pro zajisténi dostatec-
ného proudéni horkého vzduchu z horkovzdusné pistole
a zajisténi moznosti chlazeni reaktoru po spusténi exo-
termni methaniza¢ni reakce.

Pomoci horkovzdusné pistole se zajistuje tepelna
energie potfebna pro vyhrati methanizacniho reaktoru
na reakéni teplotu potfebnou pro rozbéhnuti methani-
zacni reakce. Horkovzdu$nd pistole Steinel, typ HL
2010 E umozfiuje nepfimy ohfev reaktoru proudem
horkého vzduchu s teplotou regulovatelnou v krocich po
10 °C. Minimalni teplota vzduchu je 50 °C, maximalni
pak 600 °C. Toto zafizeni ma také funkci chlazeni v
ptipadé, ze by bylo potieba reaktor ochlazovat z diivodu
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vyvinu velkého mnozstvi tepla z probihajici exotermni
methanizaéni reakce.

Chlazeni plynu za reaktorem je realizovano v tla-
kové chladici nadobé umisténé v termostatu. Tlakova
nadoba od firmy Protos je dimenzovéna na tlak 8§ MPa,
objem tlakové nadoby je 0,55 dm®. Do tlakové nadoby
je zasunuta trubka o priméru 6 mm, ktera dosahuje do
poloviny vysky nadoby.

Tlakova nadoba je umisténa v termostatu F 32-ME
od firmy Julabo. Termostat je schopen pracovat v tep-
lotnim rozmezi od -32 do 200 °C. Pfi laboratornim
meéfenim jsou teploty chladici kapaliny v termostatu

Madelowy plyn HtC0y N
¥ N " b

Tiakemér 0-100 Bar

Pritokomér 0-3 I/min
(Pouza Etani pritoku)

Dusik

nastavovany na teploty pod 0 °C, tak aby dochazelo k
ué¢innému vylucovani vody z plynné faze.

Kontrolni méfeni pratoku plynu vystupujiciho z
aparatury je realizovano pomoci membranového ply-
noméru typ G4 od firmy Actaris.

Pro analyzu plynu vystupujiciho z methaniza¢niho
reaktoru byl pouzit analyzator Multitec 540 od firmy
Sewerin, ktery je vybaven infraCervenymi a elektro-
chemickymi senzory. Tento analyzator méti koncentra-
ce n€kolika slozek plynt najednou (methan, CO,, kys-
lik, sulfan).

Aparatura je schématicky zndzornéna na obr. 1.

el
¢

Teplotni Sidlo NiCr-Ni

Tepletni didla NiCr-Ni

Ohfev plynu - plnény reakior g—

sklenénymi kulickami Reakénl nédoba s vaijim

chlazeni proudem vzduchu

Vzduiny chladic

Teplotni didle P1100

Teplotni fidle P1100

1z || Chladicitermastat

Fajistny ventil na 100 bar

Tlakemér 0= 100 Bar

Tlakomeér 0-10 bar

Plynomér

Obr. 1 Schéma pokusné laboratorni aparatury pro testovani methanizace vodiku a oxidu uhli¢itého
Fig. 1 Diagram of experimental setup for testing methanation of hydrogen with carbon monoxide

3.2. Postup méreni

Na zaklad¢ literarni reSerSe byl k testim methani-
zace vybran katalyzator na bazi niklu. Pro méfeni byl
pouzit katalyzator v tabletich o pruméru a délce
5 x 5 mm. Do reaktoru bylo vlozeno 134,4 g katalyzato-
ru. Pritok modelové smési plynt (80 % obj. vodiku a
20 % obj. oxidu uhli¢itého) byl nastaven na hodnotu
8 1/min. Pretlak v experimentalni aparatufe byl nastaven
na 2 MPa. Teploty byly nastaveny na hodnoty 360 °C,
280 °C a 256 °C.

Methanizaéni reakce je reakci exotermni, proto se
pocitalo s tim, Ze bude potieba cely reaktor chladit. Po
rozb&hnuti reakce se reaktor zahidl a po vypnuti ptivodu
teplého vzduchu z horkovzdu$né pistole probihal cely
proces autotermné (nebylo potfeba dodavat dodatecné

teplot vnéj$im zdrojem a ani zadné teplo odvadét nuce-
nym chlazenim). Pfi nabéhu reakce také dosSlo vlivem
probihajici reakce k vyznamnému snizeni prutoku plynu
na vystupu z reaktoru na hodnotu cca 1,5 I/min. To lze
vysvétlit snizenim objemu v dusledku probihajici me-
thanizacni reakce, pii které vznikala voda, ktera se z
plynu odlucovala v kondenzatoru umisténém v termo-
statu. Zména prutoku plynu béhem pokusu je zobrazena
na obrazku 2.

Pribéh methanizacni reakce byl sledovan pomoci
analyzatoru Multitec 540. Vysledky analyz jsou zobra-
zeny na obrazku 3. V grafu je zobrazena zavislost kon-
centrace methanu a CO, v produkovaném plynu na
teploté v reaktoru.
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Obr. 2 Pritok plynu vystupujiciho z reaktoru pied a po
nab&hnuti methaniza¢ni reakce
Fig. 2 Reactor off-gas flow rate before and after me-
thanation startup

Obr. 3 Slozeni plynu vystupujiciho z reaktoru pfi riz-
nych reakénich teplotach
Fig. 3 Reactor off-gas composition at different reaction
temperatures

Dalsi laboratorni experimenty byly provadény na
katalyzatoru, ktery byl pfed samotnym testovanim vy-
staven pusobenim plynné smési obsahujici SO, pfi tep-
lot¢ 250 °C. Poté byla méfena jeho reakéni aktivita v
experimentalni aparatufe.

Postup nasifeni katalyzdtoru

Katalyzator na bazi niklu byl vlozen do trubkového
reaktoru, ktery byl poté umistén do pece vyhiaté na
250 °C. Nasledné byl do trubkového reaktoru ptiveden
modelovy plyn, ktery mél slozeni podobné slozeni spa-
lin z tepelnych elektraren: 13 % obj. oxidu uhli¢itého,
7 % obj. kysliku, 0,24 % obj. oxidu sifi¢ité¢ho, zbytek
tvotil dusik. Pritok plynné smési trubkovym reaktorem
byl 255 I/h. Celkovy objem modelového plynu, ktery
byl pouzit k nasifeni katalyzatoru, Ginil 1,0838 m’® (za
tlaku 101325 Pa a teploty 25 °C). Nasifeny katalyzator
byl podroben stanoveni obsahu siry, které bylo prove-
deno pomoci elementarniho analyzatoru Flash elemen-
tar analyser 1112. Vysledky stanoveni obsahu siry ve
vzorcich nasifeného katalyzatoru jsou uvedeny v tabul-

ce 1. Z tabulky je zfejmé, Ze po nasifeni vzrostl obsah
siry ve vzorku katalyzatoru na 1,2 % hm. Po nasifeni
katalyzatoru doslo ke snizeni aktivni plochy katalyzato-
ru (stanovené metodou BET) ze 189 m*/g na 98 m*/g.

Tab. 1 Obsah siry, dusiku, uhliku a hodiku ve vzorkcich
nasifen¢ho katalyzatoru

Tab 1 Content of sulfur, nitrogen, carbon, and hydrogen in
SO, pretreated catalyst from different parts of catalyst bed

. N C H S
Oznaceni vzorku [% him]
z konce reaktoru 0,00 3,25 0,54 1,158
ze stfedu reaktoru 0,00 3,37 0,47 1,236
ze zacatku reaktoru 0,00 3,00 0,68 1,239

Vzorek katalyzatoru po nasifeni o stejné hmotnosti
jako pfi méfeni bez nasifeni (134,4 g) byl vlozen do
reaktoru a testovan za stejnych podminek, jako pfi po-
kusech pted nasifenim. Vysledky méfeni jsou zobrazeny
na obrazcich 4 a 5.

Obr. 4 Slozeni plynu vystupujiciho z reaktoru pfi riz-
nych reak¢nich teplotach a pouziti katalyzatoru
po nasiteni
Fig. 4 Reactor off-gas composition at different reaction
temperatures after catalyst pretreatment with SO,

Obr. 5 Obsah sulfanu v plynu z reaktoru pfi riznych
reakénich teplotach a pouziti katalyzatoru po nasifeni
Fig. 5 Concentration of hydrogen sulfide in reactor off-

10
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gas at different reaction temperatures after catalyst pre-
treatment with

4. Vysledky a diskuse

Sestavena laboratorni aparatura pro testovani kata-
lyzator pro methanizaci vodiku a oxidu uhli¢itého
prokazala dobrou funk¢nost za slozitych experimental-
nich podminek (vysoké teploty a tlaky). Pfi testovani
katalyzatoru na bazi niklu byla potvrzena vysoka kataly-
ticka aktivita tohoto katalyzatoru. Pfi teploté katalytic-
kého reaktoru 255 °C bylo dosazeno nejvyssi koncen-
trace methanu v plynu vystupujicim z reaktoru 83 %
obj.; pfi zvySovani teploty katalytického reaktoru do-
chazelo k poklesu koncentrace methanu v plynu za
dosazeno pifi nejvyssi teploté katalytického reaktoru
(355 °C). V pripadé oxidu uhli¢ité¢ho je zména konverze
s teplotou obdobnd, tzn. nejvyssi koncentrace oxidu
uhli¢itého byla naméfena pii teploté 355 °C (7 % obj.) a
nejnizsi pii teploté 255 °C (2 % obj.). Koncentrace CO,
v plynné smési vstupujici do methaniza¢niho reaktoru
¢inila pti vSech pokusech 20 % obj. Tedy konverze
oxidu uhli¢itého byla pfi nejniz§i métené teploté kataly-
tického reaktoru (255 °C) 90 %. Tyto vysledky kore-
sponduji s udaji uvadénymi v odborné literatute, které
jsou typické pro exothermni reakce.

Pfi testovani nasifené¢ho katalyzatoru (1,2 % siry)
za stejnych podminek byl pozorovan vyznamny pokles
katalytické aktivity nasifeného katalyzatoru (pokles
konverze oxidu uhli¢itého a vodiku na methan). To lze
vysvétlit adsorpei oxidu sifi¢itého béhem procesu nasi-
feni na povrchu katalyzatoru a tim snizeni reak¢ni plo-
chy katalyzatoru. Béhem pokusu s nasifenym katalyza-
torem byly naméfeny vysoké koncentrace sulfanu v
plynu vystupujicim z reaktoru. V dusledku zahtati kata-
lyzatoru doslo k redukci nasorbovaného oxidu sifi¢itého
na katalyzatoru reakci s vodikem za vzniku sulfanu
podle nasledujici rovnice:

SO, + 3H, > H,S + 2H,0

Pii teploté katalytického reaktoru 255 °C ¢Cinila
konverze CO, pii pouziti nasifené¢ho katalyzatoru pouze
25 %, pfti teploté 355 °C byla koncentrace CO, v plynu
za katalytickym reaktorem dokonce 26 % obj., coz je
hodnota vyssi, nez koncentrace CO, v plynu vstupuji-
cim do katal. reaktoru (20 % obj.). Z toho je zfejmé, zZe
v pfipadé nasifeného reaktoru dochazi k vyznamné
spotiebé vodiku v katal. reaktoru a tim k nartstu kon-
centrace CO, v plynu za reaktorem.

Z dosazenych vysledki je zfejmé, Ze oxid sificity
vyznamnym zpusobem snizuje katalytickou aktivitu
niklového katalyzatoru. Pro ovéfeni a lep$i zdokumen-
tovani tohoto negativniho jevu budou dalsi experimen-
talni testy provadény s modelovou smeési plyni, ktera
bude kromé vodiku a CO, obsahovat také urcity podil
SO, (do 1 %). Tato smes bude 1épe modelovat ptipad,
kdy jako CO, pro methanizaci bude pouzivan CO, za-
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chyceny ze spalin fosilnich paliv. Tento CO, bude témét
vzdy znecistén piitomnym SO,.

5. Zavér

V laboratornich podminkéach byl testovan katalyza-
tor na bazi niklu pro methanizaci vodiku a oxidu uhli¢i-
tého. Testy probihaly s pouzitim modelové smési plynt
obsahujici 20 % obj. CO, a 80 % obj. H, pfi tlaku plynu
2,0 MPa a teplotach katalytického reaktoru pohybuji-
cich se v rozmezi od 255 °C do 355 °C.

Nejvyssi konverze oxidu uhli¢itého na methan
90 % bylo dosazeno pfi nejnizsi teploté katalytického
reaktoru 255 °C. Pti zvySeni teploty katal. reaktoru na
355 °C doslo k poklesu konverze CO, na methan na cca
70 %.

Vyznamné snizeni katalytické aktivity katalyzatoru
bylo pozorovano po jeho nasifeni s pouzitim smési
plynt obsahujici SO,. Pfi nasifeni katalyzatoru doslo ke
zvyseni obsahu siry v katalyzatoru na 1,2 %.

Pfi testovani nasifeného katalyzatoru byl pozoro-
van vyznamny pokles jeho katalytické aktivity (snizeni
konverze CO, pii teploté 255 °C na 25 % z ptvodnich
90 % pred nasifenim katalyzatoru). Soucasné vSak byly
zaznamenany vysoké koncentrace sulfanu v plynu za
reaktorem, coz potvrzuje snahu katalyzatoru o regenera-
ci a postupné odstranéni sirnych sloucenin z povrchu
katalyzatoru.

Proto bude dalsi testovani katalyzatoru na bazi
niklu provadéno s plynnou smési obsahujici krome¢ CO,
a H, také urcity podil SO,, aby bylo mozné 1épe popsat
mechanismus deaktivace katalyzatoru.
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Summary

Tomas Hlincik, Karel Ciahotny, Viktor Tekac, Stanislav
Vagasky and Erlisa Baraj
University of Chemistry and Technology, Prague

The conversion of hydrogen and carbon dioxide to
methane

In this work the theoretical foundations of the cata-
lytic hydrogenation of carbon dioxide with hydrogen to
methane, are described. Additionally the laboratory
experiments carried out aiming to assess the ability of
nickel-based catalyst to catalyse hydrogenation reaction
as well as to assess the sensitivity of the catalyst to
sulphur compounds that may be present in the reaction
gas mixture, are reported. A laboratory apparatus, which
was used to test nickel based catalyst for the methana-
tion of hydrogen and carbon dioxide under different
experimental conditions, was constructed. The catalyst
was than deactivated using SO, containing gas and
subsequently tested in the apparatus under the same
reaction conditions applied for the catalyst before deac-
tivation. After deactivation a substantial decrease on
catalytic activity for the methanation reaction, was ob-
served. However, the catalyst can gradually regenerate
in a hydrogen atmosphere. The created sulphur com-
pounds are then gradually released along with the pro-
duced gas.
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Clanek je zaméren na konvencni zpiisoby vyroby vodiku reformingem fosilnich surovin a také na
alternativni metody produkce vodiku, které jsou v soucasné dobé ve stadiu vyzkumu. Soucasnad vyroba
vodiku vyuziva prevazné procesu konverze fosilnich paliv vodni parou. Ditvodem je vysoky podil CO z
pocatecniho kroku vysokoteplotni konverze. Dle pouzité technologie je treba vétsinu paliv pro vyrobu
vodiku odsirit, coz se projevi vySSi cenou konecného produktu. Paliva zpracovavana parnim
reformovanim produkuji 70-80 % obj. vodiku. Parcialni oxidaci se ziska pouze 35-45 % obj. vodiku
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v plynu.
1. Uvod
1.1. Vyroba vodiku

Pro vyrobu vodiku v primyslovém méfitku jsou
hlavnim zdrojem uhlovodiky. Nejvétsi zasobou vodiku
najdeme ale vmofich a oceanech v podobé vody.
V ptipadé pouziti vodiku jako paliva, je koneénym
produktem vodni para. Potom mtizeme cyklus srovnavat
s uhlikovym cyklem (CO,—biomasa—CQO,;) a vodu
povazovat za neomezeny zdroj vodiku.

V soucasnosti  je celosvétové vyrabéno ro¢né
ptfiblizné 50 miliond tun vodiku s kazdoroCnim
nartstem okolo 10 %. Produkce je z 96 % pokryvana
procesy konverze fosilnich paliv. Zbyla 4 % pripadaji
na proces elektrolyzy vody (obr. 1). Tepelné,
termochemické, biochemické a fotochemické procesy
pro vyrobu vodiku zatim nebyly vyznamné uplatnény v
pramyslovych aplikacich a zlstavaji predmétem
védeckych studii. [1,2]

Obr. 1 Aktualni suroviny pro vyrobu vodiku [1]

Alternativni vyroba vodiku by se mohla zefektivnit
nastupem takzvané Ctvrté generace jadernych reaktord.
Jedna se piedev§Sim o tzv. VHTR (very-high-
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temperature reactor). Ty vyuzivaji grafit jako moderator
neutroni a helium nebo taveninu soli jako chladici
médium. Tyto reaktory pracuji pfi teplotaich okolo
1000 °C a pravé vyrobené teplo by se dalo vyuzit pii
procesu  vysokoteplotni elektrolyzy ¢ v termo-
chemickych cyklech stépeni vody (vice v kap. 1.4.2).

1.2. Vyroba z uhlovodikovych paliv
1.2.1. Parni reforming

Endotermické parni reformovani
uhlovodiki,nejcastéji zemniho plynu, nevyzaduje
kyslik, ma nizsi provozni teplotu nez parcialni oxidace
(POX) a autotermni S$tépeni (ATR), a produkuje
reformat s vysokym pomérem H,/CO (1). Nicméné
vykazuje nejvyssi emise CO, ze vSech tfi procesd.
Parnim reformovanim se dosahuje pomérné vysoké
termické u¢innosti az 85 % (vztaZzeno na vyhfevnost
pouzité suroviny).

Reakéni produkty o teploté cca 750 °C jsou vedeny
pres kotel na vyrobu pary a tepelny vyménik, kde jsou
ochlazovany na cca 360 °C, dale do konvertord, kde
jsou reakci CO (2) s dalsi vodni parou prevedeny na
CO,. Produktem je plynna smés s vysokym obsahem
vodiku.

CH,+H,0 - CO+3H, (1)
CO+H,0<CO,+H, (2)

Jako vychozi suroviny jsou vyuzivany nejCastéji
zemni plyn, alternativou je pouZiti propanu. Obé
suroviny musi byt pfed zpracovanim odsifeny, protoze
sira puisobi jako katalyticky jed.

Vodik ziskany parnim refomingem je primarné
vyuzivan k syntéze amoniaku procesem Haber-Bosch a
nasledné vyrobé¢ hnojiv. Druhé majoritni uplatnéni
vodiku se nalézd v petrochemickém primyslu pfi
rafinaci paliv (hydrogenace, hydrokrakovani, strukturni
preména uhlovodikd). Zbyvajici malé mnozstvi je
vyuzivano v jinych pramyslovych odvétvich, jako je
metalurgie, potravinai'stvi nebo farmaceuticky prumysl.

Plynné necistoty pii vyrobé vodiku v podobé CO,
CO,, NO, NH; jsou odstraniovany v zavislosti na
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kone¢ném pouziti vodiku. Bézné se jedna o vypiraci
procesy ¢i konverze plynu. Ma-li byt produktem vysoce
Cisty vodik, je nezbytné pouzit ucinné adsorpcni
technologie [3].

1.2.2. Parcialni oxidace uhlovodiki

Parcialni oxidace konvertuje uhlovodiky na vodik
CasteCnou  oxidaci  (nekatalytickym  spalovanim)
uhlovodikd s kyslikem. Teplo je poskytovano, tzv.
"fizenym spalovanim®. Zafizeni pro parcialni oxidaci
uhlovodikd vyzaduji vysoké investi¢ni ndklady a jsou
zpravidla realizovany pro spotfeby vodiku resp.
syntézniho plynu od 50 000 m*/h a vyse.

Surovina (obecné C,H,,) je zplynovana kyslikem a
vodni parou pfi teplotdich 1300 az 1500 °C a tlacich
3 az 8 MPa.

2C,H, +n0, <>2nCO+mH, (3)
C H, +n0, <>nCO, +%H2 4)

n+m (5)
Zplynovani kyslikem je vysoce exotermni.
Zplynovani vodni parou vede ke vzniku vétsiho
mnozstvi vodiku nez pfi zplynovani kyslikem a dale je
touto endotermni reakci snizovana teplota reakénich
produktti na pozadovanou hodnotu cca 1350 °C.

Typickou vychozi surovinou je t€zky ropny zbytek,
zejména s vyhodnéj§im pomérem H:C, protoze
mnozstvi vznikajicitho vodiku je zavislé na vysi obsahu
vodiku v suroving. Jako surovy produkt vznika syntézni
plyn, ktery je po vyc€isténi ptivadén do reaktoru, v némz
dochazi ke konverzi oxidu uhelnatého a vodni pary na
vodik a oxid uhlicity.

Vyuziti vodiku z parcialni oxidace uhlovodikd je
opét predevs§im v petrochemii a rafinériich.

Parcialni oxidaci rtiznych surovin se vzdy tvofi
plynna smés obsahujici CO, CO,, H,0O, H,, N,, CH, a ze
sirnych slouc¢enin H,S a COS. Jako vedlejsi produkt
vznikaji saze, které jsou nezddoucim produktem. Z
vyrobeného surového plynu je odstranén kyanovodik a
sulfan, nasledné probihd konverze oxidu uhelnatého na
oxid uhli¢ity, ten je =z plynu odstranén napf.
etanolaminem. Zbytky CO a CO, jsou nasledné
methanizovany stejnym zpisobem jako pii vyrobé
vodiku parnim reformovanim. Misto vypirky CO, a
metanizaCniho reaktoru Ize pro odstranéni CO, a zbytkl
CO pouzit jednotku PSA [3].

C,H, +nH,0 < nCO+

H,

1.2.3. Zplyfiovani uhli

Vodik lze ziskat i zuhli redukci vodni pary
uhlikem. Jednd se o analogii parcidlni oxidace
uhlovodikovych frakei. Zakladem zplynovani je reakce
uhli s kyslikem a vodni parou. Proces probiha pfi
vysokych teplotach a zvySeném tlaku.

Je-li teplota pii zplynovani vyssi nez 1300 °C, tak
produktem je syntézni plyn s nizkym obsahem methanu
a dalsich uhlovodikt. Chemicka rovnovaha je pii téchto
teplotach naklonéna ve prospéch vodiku a oxidu
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uhelnatého. Reformovanim v dal$im kroku je obvykle
vytézek vodiku jesté zvySovan.

C.H_ +nO, +nH,0 <> nCO+nCO, JF%H2 (6)

Nejvyssiho  vytézku  vodiku v primarnim
zplynovacim kroku se dosahuje zplynénim praskového
hnédého uhli sidedlnim pomérem uhliku a vodiku.
V ¢erném uhli je kvili vysokému prouhelnéni obsah
vodiku niz$i. Provozni teploty se li§i dle zplynovaci
technologie a pohybuje se od 600 °C do 1200 °C se
zvySenym tlakem 2 MPa.

Zplynovani uhli v minulosti slouzilo pfedev$im
jako zdroj syntézniho plynu pro plynové turbiny ¢i jako
palivo pro tepelné¢ narocné procesy. S nastupem
spalovacich motori se ziskany syntézni plyn zacal
pouzivat k vyrobé kapalnych paliv procesem Fischer-
Tropsch. V nékterych zemich se jedna o jedinou
moznost k ziskani kapalnych uhlovodikovych paliv.
S rostouci spotfebou vodiku se syntézni plyn reformoval
na vodik. Vodni konverze plynu a vypiraci procesy
umoziiuji ziskat vodik o Cistoté az 95 %. Zplyiiovanim
uhli se rocné¢ vyrobi okolo 10 mil. tun vodiku.
Zplynovani uhli ma pozitivni dopad na ochranu ovzdusi,
nebot’ navzdory vstupni suroviné s vysokym obsahem
siry je diky odsifovacim procesim mozno ziskat plyn
s minimalnim obsahem sirnych komponent.

Sirnaté slozky v plynu (H,S, COS, atd.) véetné¢ CO
a CO, jsou nejéastéji odstranovany vypiracim procesem
pomoci podchlazeného metanolu [1].

1.2.4. Autotermni Stépeni

Autotermani reforming (ATR) je proces, pfi kterém
je vlivem parcialni oxidace paliva vyrabéno teplo
k endotermnim reformnim reakcim téhoz paliva. Do
procesu je privadéna vodni para (7).

CH, +%mH20+%m02 N mco+('"2+”jH2 @

Predehfata uhlovodikova surovina a kyslik jsou
smichany s malym mnozstvim vodni pary u vstupu do
reaktoru. Caste¢né spalovani probiha v horni zéné a
vyssi uhlovodiky jsou kvantitativné prevedeny na CO, a
H,. Metan, vodik a CO jsou castecné pievedeny
se zbyvajicim kyslikem. Rovnovdha mezi parnim
reformingem a vodni konverzi probiha v katalytické
¢asti parniho reformingu. Niklovy katalyzator je na Mg-
Al nosici v pevném lozi katalytické ¢asti reaktoru.

Vhodnou surovinou je plyn bohaty na methan. Ten
spoleén¢ s kyslikem je pted vstupem do reaktoru
v rekuperatoru ohtfat na 200 — 600 °C. Provozni tlak
obvykle nepfesahuje 7 MPa kvuli konstrukénim
moznostem. Naopak pfi tlacich pod 2 MPa se tvoii saze,
které je nutné odstranovat.

Hlavnim produktem autotermniho Stépeni je
syntézni plyn, ktery nachazi uplatnéni pfedevsim jako
topné medium ¢i zdroj pro syntézu kapalnych paliv.
Selektivni vyrobu vodiku ze syntézniho plynu umoziuje
fizena vodni konverze plynu a nasledné docisténi, kde
dominuje vypirka plynu v podchlazeném methanolu.
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Vyssich Cistot vodiku 1ze dosahnout naslednou
methanizaci plynu se stopovym mnozstvim CO nebo
PSA technologiemi [3].

1.3. Vyroba z biomasy
1.3.1. Zplyiiovani biomasy

Zplynovani  alternativnich  paliv  umoziluje
transformovat malo hodnotné palivo na plynnou formu,
ktera je pouzitelna pro dalsi energetické ucely. Procesni
teplota se lisi dle pouzitého zplynovaciho generatoru a
pohybuje se od 800 °C do 1200 °C. Vstupujici surovina
ovliviiuje slozeni produkovaného plynu obsahujici
predevsim CO, CO,, H,, CH,4, H,0, N,, dehtové latky,
slouceniny siry a chlor. Biomasa je zplynovana
kyslikem a vodni parou. Ojedinéle je zplynovaci
médium obohaceno o CO,. Po ochlazeni plynu
vykondenzuji vySe vrouci slozky. Plyn je dale
docistovan vypiracimi nebo adsorpénimi procesy
(Rectisol, PSA). Vodik vyrobeny z biomasy dosahuje
Cistoty az 95 % [1].

1.3.2. Tmava fermentace

Jedna se o fermenta¢ni konverzi organického
substratu na biovodik, jez je zplsobena rozmanitou
skupinou bakterii, vyuzivajici multienzymové systémy
podobnou anaerobni pfeméné [4].

Idealni surovinou je potravinaisky odpad
s vysokym obsahem sacharidd (Skrob, celuldza). Pribéh
fermentace je ovlivnén hodnotou pH a pouzitymi
anaerobnimi mikroorganismy. Produktem fermentace je
vodik a CO,. V mensi mife fermentacni plyn obsahuje i
sulfan a methan. Vytézek vodiku je fizen i dobou
zdrzeni reakénich produktd ve fermentoru [4].

1.3.3. Mikrobidlni elektrolyticky Clanek

Clanky vyuzivaji elektrochemické hydrogenace
k rozkladu biologického materialu na vodik. Do procesu
vstupuje surovina a elektricka energie a vystupuje Cisty
vodik. Mikrobidlni ¢lanek je sestaven ze dvou elektrod
umisténych v anaerobnim prostiedi, na které je
privadéno slabé elektrické napéti. Na anodé dochazi
vlivem  mikroorganismti  k rozkladu  organickéhu
materidlu. Pfi tomto procesu vznikaji protony, elektrony
a oxid uhli¢ity. Protony prochazeji membranou ke
katodé&, kde se slucuji s elektrony a kyslikem za vzniku
vody. Proces pracuje s pfijatelnou energetickou
ucinnosti produkujici vodik o Cistoté az 99,5 %. Velkou

vyhodou technologie je v pouziti Siroké skaly
biologického odpadniho materialu [1].
1.4. Vyroba z vody
1.4.1. Elektrolyza
Elektrolytické Stépeni vody predstavuje

snadnou vyrobu vodiku. Jedné se o konverzi elektrické
energie na energii chemickou ve formé vodiku a
vedlejsiho produktu kysliku. Nejrozsitendjsi
elektrolytickd metoda je na alkalické bazi. Ale nejvice
se rozvijejici je elektrolyza s vyménou protond pfes
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membranu (PEMFC) a elektrolyza s pevnymi oxidy
(SOEC). SOEC maji nejvyssi elektrickou uéinnost, ale
kvtli vysoké korozi, netésnostem, tepelny ztratdm a
migraci chromu je nejméné vyvinutou technologii.
Elektrolyza s vyménou protonti (PEMFC) je ucinngjsi
nez alkalicka elektrolyza, navic nehrozi koroze jako
v ptipadé SOEC. Jednotky PEMFC sou ale drazsi nez
alkalické systémy.

Jakéakoliv elektrolyza produkuje vysoce Cisty
vodik. V minulosti se vSak tato technologie potykala
s problémem spocivajicim v nizkém tlaku generovaného
vodiku. Tento problém bylo nutné eliminovat pouzitim
nakladnych kompresorti. Moderni elektrolyzéry napft.
HOGEN C jsou schopny produkovat ultra Cisty vodik
pfi tlaku az 3 MPa [5,6]. Ve srovnani s vyrobou vodiku
z fosilnich paliv, neprodukuje elektrolyza zadné CO,.
Nicméné k vyrobé vodiku elektrolytickymi
technologiemi je vynaloZeno vice energie ve formé
elektfiny. Ekonomickou efektivnost pouzité energie lze
zvysit vyuzitim alternativnich zdroju elektrické energie
jako je vitr, slunce a voda [6].

Alkalické elektrolyzéry. Sklada se z elektrod,
diafragmy a alkalického roztoku 30 % KOH nebo
NaOH. Katoda je zniklu s platinovou katalytickou
vrstvou. Z niklu byva i anoda, ale pouziva se i méd
s vrstvou manganu, ruthenia nebo wolframu. Na katodé
se voda S§tépi na vodik a OH. Vodik zistava
v alkalickém roztoku a iont OH je pfitahovan k anodg,
kde dochazi ke vzniku kysliku. Vodik je oddélen
v separatoru mimo elektrolyzér. Uginnost elektrolyzéru
nepiesahuje 60 %. Cistota vodiku dosahuje 99,5 %
s men§im obsahem vodni pary a kysliku. K docisténi se
vyuziva katalytické spaleni kysliku a suseni [6].

®)

Elektrolyzéry s protonovou vyménou.

Elektrody pievazné z Pt, Ir, Ru nebo Rh. Jednotka
je doplnéna o membranu, kterd nejen oddéluje
elektrody, ale plni i funkci rozdélovani kysliku a
vodiku. Na anod€¢ (9) dochazi k rozstépeni vody na
protony a kyslik. Protony migruji skrze membranu k
zaporné katodé (10), kde vlivem redukce protonit s
elektrony z vné&jSiho zdroje dochézi ke vzniku vodiku.
Utinnost elektrolyzy dosahuje az 70 %. Cistota vodiku
opé&t dosahuje hodnot az 99,9 % [6].

1
H20<—)H2 +502

Anoda:
2H,0<>4H" +0, +4e” (9)
Katoda:

4H" +4e” <> 2H, (10)
Elektrolyza s pevnymi oxidy. Cast elektrické
energie potiebné krozlozeni vodni molekuly je
nahrazena energii tepelnou. S rostouci teplotou se
zvySuje ucinnost elektrolyzy, protoze je sniZovano
rovnovazné napéti anody a katody. To zplsobuje
snizeni pozadavku na elektrickou energii. Napiiklad
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zvysenim teploty ze 100 °C na 800 °C se snizi spotfeba
energie o témé 35 %. lontové vodivy keramicky
material je pouzivan jako elektrolyt. Pro elektrody se
pouzivaji sintrované materialy na bazi niklu nebo
vysoce porézni struktury s LaMnOs. Clanek $patné snasi
opakované zmény teplot, kdy mize dojit k trvalému
poskozeni. Vysoké operacni teploty kladou diraz na
kvalitni konstrukéni materidly. Vyhodou elektrolyzy
s pevnymi oxidy je absence vodného roztoku a s tim
spojené¢ nedostatky. Cistota vodiku vtomto piipadé
dosahuje az 99,9 %. [6]

1.4.2. Termochemické stépeni vody

Tato termolyza vyuzivda vysokych teplot
k rozdéleni vody na vodik a kyslik pfes sled po sobé
jdoucich reakei. Celkova ucinnost systému se priblizuje
k50 %. Technologie je uz vyvijena od r. 1960.
V soucasnosti jiz existuje na 300 termochemickych
cykli, které ke své funkci vyzaduji vysoky energeticky
tok. Systém tak byl casto spojovan s pokrocilymi

jadernymi  reaktory  Ctvrté  generace. Zejména
vysokoteplotni jaderné rektory chlazené plynem pro své
termodynamické  vlastnosti.  Operacni  podminky

dosahujici i 2500 °C a 7 MPa sebou pfindseji znacné
naroky na konstrukéni materidly, které nedosahuji
pottebné  zpidsobilosti  ani  dnes.  Prikladem
termochemického cyklu je jod-sirovy cyklus [7].
Vstupni surovinou je voda a teplo. Vzniklé SO, a I, se
recykluji a vraci zpét do procesu s menSimi ztratami.
Nejvice energie spotfebuje endotermicky (1000 °C)
rozklad H,SO,. To zpasobuje vysoce agresivni
podminky a nutnost pouziti i chemicky odolnych
materiald. Poslednim krokem cyklu je rozklad HI na
vodik a jod. Ten je problematicky v separaci neobvyklé
azeotropni smési HI, H,, I, a vody, tzv. HI,. Reseni
nalézd v kombinované technologii elektrodialyzy a
membranové separace. Poté lze ziskat vodik o Cistoté
nad 99 % [7].

I, +S0O,+2H,0 —>2HI+ H,S0, (11)
H.50,->50,+H,0+20, (12

2HI >1,+H, (13)

1.4.3. Fotoelektrolyza

Vyuziva slune¢ni svétlo k pfimému rozkladu vody
na vodik a kyslik. Tato technologie pouziva dotované
polovodiCové materidly podobné tém, které jsou
pouzivany v oblasti fotovoltaiky. Ve fotovoltaice jsou
spojeny dva polovodicové materialy (p-typu a n-typu) a
tvoti p-n pfechod. U ptechodu se tvofi trvalé elektrické
pole. Pfi dopadu fotonu s energii dojde k jeji absorpci
v piechodové vrstvé a dojde k uvolnéni elektronu a
vznikne po ném mezera. V pfitomnosti elektrického
pole jsou elektron i mezera nuceny pohybovat se v
opacnych smérech, coz v piipadé piipojeni vnéjsiho
zatizeni bude vytvaret elektricky proud. Podobna
situace nastane pii fotoelektrolyze, kdyz fotokatoda
(p-typ materialu s nadbytkem dér), nebo fotoanoda
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(n-typ materialu s nadbytkem elektront) je ponofena do
vodného elektrolytu, ale misto vytvareni elektrického
proudu je Stépena voda na vodik a kyslik. Efektivita
vyroby vodiku je omezena nedokonalostmi v krystalické
struktufe, povrchovymi vlastnostmi fotoelektrod,
odolnosti materidlu proti korozi. Aktualn¢ pouzivané
fotoelektrody maji nizkou tc¢innost vyuziti fotont, ktera
nepfekracuje 16 % premény slunecni energie na vodik.

Mezi vyhody téchto systémt patii pouziti
nizkonakladovych materialti a potencialu pro vysokou
efektivitu v pfekonani nizké adsorpce svételného zareni.
Cistota vodiku dosahuje tirovné jako v ptipadé alkalické
elektrolyzy [6].

2. Kbvalita vodiku pro distribuci

2.1. Vyuziti vodiku jako paliva mimo oblast silni¢ni
dopravy

Stejnorodost  vyrabéného a  distribuovaného
produktu pro dopravni a spotfebni ¢i jiné palivové
aplikace (pozemni, vodni, vzdusné a kosmické) vyjma
aplikace vyuzivajici PEM palivové ¢lanky v silnicni
dopravé specifikuje mezinarodni norma CSN ISO
14687-1.

Rozlisuje se:

e Plynny vodik — ¢istota minimalné 98 % molarnich.
e Kapalny vodik — zkapalnéni plynného vodiku
zchlazenim nebo kompresi.

e Smés pevného a kapalného vodiku — vodik
v pevném stavu a kapalny vodik pfi eutektické teploté.

Plynny vodik najde uplatnéni ptedevsim jako
palivo pro spalovaci motory nebo jako pramyslové
palivo pro vyrobu elektrické energie. Cistota vodiku
nepfesahuje 98 % molarnich s celkovym obsahem vody,
argonu, kysliku a dusiku do 1,9 % molarnich. Zbytek
tvori uhlovodiky, sira a CO.

Kapalny vodik se pouziva pfedevSim pro pozemni
podpirné systémy letadel a kosmickych lodi. Plyn
obsahuje 99,995 % vodiku.

Smés pevného a kapalného vodiku je vhodny pro
pohonné jednotky letadel a kosmickych lodi. Cistota
smési je 99,995 % obsahu vodiku. Maximalni limitni
hodnoty necistot neni nutné stanovovat [8].

2.2. Vyuziti vodiku v palivovych ¢lancich s PEM

v silni¢ni dopravé

Stejnorodost dodavaného produktu pro vyuziti
v pozemni dopravé ve vozidlech s PEM palivovymi
Clanky specifikuje mezinarodni norma
CSNISO 14687-2. Vodik ma obsahovat minimalni
mnozstvi vody, kysliku, CO,, CO, sirnych slozek a
jinych  uhlovodiki.  Celkové mnozstvi necistot
nepfesahuje 100 pg na 1 mol vodiku.

Obsah vody nema zpravidla vliv na funkci
palivového clanku. Mize pouze predstavovat ohrozeni
pro palubni rozvod paliva. Obdobny vliv mé4 i obsah
kysliku.

Z uhlovodiki vykazuji aromatické latky vyssi
tendenci k adsorpci na katalyzator nez nasycené
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uhlovodiky, ¢imz dochazi k blokovani pfistupu vodiku a
snizeni vykonu ¢lanku.

Obsah CO ma vyznamny vliv na funkci ¢lanku,
zpisobeny  kontaminaci  katalyzatoru.  Obdobné
pusobeni vykazuje i formaldehyd a kyselina mravenci.

Celkovy obsah sirnych latek ptsobi nevratné na
vykon c¢lanku. Jsou to zejména H,S, COS, CS, a
CH;SH, které se mohou vyskytovat v reformovaném
zemnim plynu.

Pfitomnost amoniaku vede k nevratné degradaci
vykonu ¢lanku, zpdsobenou kontaminaci PEM
membrany reakci s protony v membrané za tvorby NH,"
iontd.

Velikost pevnych ¢&astic (prach) je specifikovana
z divodu ochrany tésnéni ve skladovacim zafizeni.
Maximalni koncentrace 1 pg/l je stanovena pro zajisténi
prichodnosti filtri a/nebo zamezeni vstupu castic do
palivového systému, kde mohou ovliviiovat funkci
ventild [8].

3. Zavér

V soucasné dobé pti vyrobé vodiku jednoznaéné
pfevlada zpracovani uhlovodiki. Jedna se o parni
reformovani zemniho plynu, zplynovani uhli a
autotermni S§tépeni leh¢ich frakci ropy. Mnozstvi takto
vyrobeného vodiku je velké a v porovnani s alternativni
produkeci i znaéné levnéjsi.

Elektrolyzou lze ziskat velmi cisty vodik. Nové
technologie umoznuji vyrabét vodik i o vyssim tlaku a
snizit tak naklady za kompresni jednotky. Jde o
pfeménu elektrického proudu na dal$i formu energie
s kyslikem, jako vedlej$im produktem. Obdobné je
tomu i u termochemického Sté€peni, kde se k rozkladu
vody pouziva dodavané teplo.

Fotoelektrolyza a fotochemické metody predstavuji
jako alternativni metody nezavislost na elektrické
energii. Vyuzivaji pouze slune¢niho zareni pro rozklad
vody. Jejich G¢innost je snizena kvuli technologickym ¢i
materialovym nedostatkiim.

Vysokoteplotni parni elektrolyza a termické §tépeni
vody jsou vysoce ucinné za predpokladu stalého zdroje
energie s teplotou okolo 1 000 °C. To by mohly
zajistovat jaderné reaktory 4. generace. Jedna se o
systétmy GFR a VHTR, kde vystupni chladici heliové
medium dosahuje teplot az 1 200 °C. Ve spojeni
napfiiklad s jod-sirovym procesem zaloZeném na vysoce
endotermni Bunsenové reakci lze docilit velice
efektivniho zdroje vodiku. Pokrocilé jaderné reaktory
jsou ale nesmirné naroéné na pouzité materidly a
stavebni zdzemi. Rostouci tendence spotieby vodiku
vede k nutnosti rozsifeni vyrobnich kapacit a vyssiho
vyuziti alternativnich moznosti produkce vodiku.
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Summary

Jan Hadrava, Roman Vokaty, Tomds Hlincik,
Daniel Tenkrat
Institute of Chemical Technology, Prague, Faculty of
Environmental Technology, Department of Gas, Coke
and Air Protection

Comparison of hydrogen quality from different
production technologies

This paper is focused on conventional methods of
hydrogen production using reforming of fossil fuels. We
also discussed alternative methods of production which
are still in research. Nowadays, the steam reforming is
used as a dominant source of hydrogen. The reason is
the high ratio of CO in gas inlet from the initial steps of
high-temperature conversion. Most of the processes
require desulfurization which causes higher price of the
final product. Fossil fuels transformed by steam
reforming produce 70-80 vol. % of hydrogen in contrast
to partial oxidation that produces only 35 vol.%.
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Abstract In this paper, we focus on deriving mathemati-
cal description of flammability limits of gases released in
the evaporation—condensation technological process during
oil sludge decontamination. We have derived new relations
that enable to express simultaneously dependence of both
upper and lower flammability limits on gas temperature
and reduced gas pressure. We also show that displaying the
dependence of both limits in the form of 3D diagrams helps
to clarify the determination of the undesirable technolog-
ical conditions in situations where exhaustion of released
flammable and toxic gases plays a significant role. Our repre-
sentation makes it possible to quickly locate possible critical
states in the construction designs, during apparatus selec-
tions, during induction of inertisation gas mixture, in the
events of its failure, and also during selection of volume and
composition of such gases.

Keywords Oil sludge - Flammability limit - Decontamina-
tion

1 Introduction

Large volumes of oil sludge are usually created during oil
storage, transport, processing in refineries, oil recycling, etc.
Significant amount of sludge is also formed during various
accidents in extraction equipment, oil pipelines, oil-product

B P. Buryan
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Department of Gas, Coke and Air Protection, University of
Chemistry and Technology Prague, Technicka 5, 166 28
Prague 6, Czechia

Department of World Economy, University of Economics,
Prague, W. Churchill Sq. 4, 130 67 Prague 3, Czechia

pipelines and tankers. Regardless of its origin, this sludge
must be subsequently removed.

Various (thermal, mechanical, biological and chemical)
methods of sludge disposal are currently applied—either
ex situ or in situ. Since each of them has its specifics and
advantages, they are often combined in practice [1]. Fre-
quent methods include various thermal processes [2-6], but
also gasification under high pressure [7], solidification or
diverse biological remediation methods [8-11]. Unfortu-
nately, none of the listed contents considers relations between
the flammability of suck-off air mass under applied pressure
and temperature.

This work focuses on thermal evaporation technique. It
aims at maximum separation of solid and liquid substance
using the evaporation—condensation process and includes
controlled evaporation of sludge substances under reduced
pressure. This is done in reactors that horizontally mix oil
sludge at temperatures up to 350 °C, e.g. up to the temperature
of possible commencing pyrolysis of organically substances
included in the liquidated sludge. Results of the process are
apart the gas and distillate also solid products without sig-
nificant amount of hydrocarbon liquid substances, which are
subsequently treated by the solidification method to prevent
the release of undesirable components from the final prod-
uct into the environment. The system is suitable for sludge
and wastes containing, apart from oil products, also mercury
and sometimes other heavy metals, high-molecular toxic sub-
stances, etc. Advantages of this technology are among others:
reduction of volume of the solid substance to necessary min-
imum, separation of liquids and solid substances, effective
use of heat for drying, possibility of recycling, energetic use
of by-products, reduced escape of gas and liquid pollutants
into the surrounding environment, etc.

Pressure decrease during the evaporation on one side
reduces the economic costs connected with the heating
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evaporated matrices and puts down environmental pollution
connected with release of the gaseous and liquid components,
but on the other side brings significant increase of the dan-
ger of air suction into the exhausted evaporated mixtures and
with that also danger of explosion. Therefore, the inertisa-
tion of some part of the process or encore of the gaseous
inert decreasing the content of the aerial oxygen under the
lower flammability of the sucked substance limit is desirable
[12,13].

A non-negligible product of this technology is gas that
contains, besides hydrogen, carbon oxides and combustible
gaseous components, also toxic sulphurous compounds,
especially in the cases when sulphuric acid has been applied
in refining processes. Safe removal of these gaseous compo-
nents from evaporation and their processing are significantly
influenced by their explosiveness [14,15].

Issue of potential explosions is affecting the entire technol-
ogy as well as the individual parts due to overall technology
interconnection.

2 Flammability Limits

The calculation of gas flammability limits is essential for
assessing the safety of the entire technology. Flammabil-
ity limits under normal pressure (101.325kPa) and common
temperature (0-25°C) have been thoroughly described in
[16,17]. Unfortunately, these data are insufficient when
flammable gases are used under different operational con-
ditions, where in the most of the cases are higher pressures,
lower pressures or higher temperature. Also, specialised lit-
erature deals mostly with either pure substances or simple
mixtures. Use of more complex gas mixtures, such as pyroly-
sis gas or syngas from biomass, which contain a high number
of substances including even inert gases, has been considered
just recently. Similar problem in the calculation of flamma-
bility limits to that of these more complex mixtures occurs in
the treatment of remediation gases during the thermodesorp-
tion of diverse materials, in most cases earths, despite the fact
that these gases have a similar composition to pyrolysis gases.

High amount of flammable gas is produced during remedi-
ation thermodesorption of sludge and earths from the pits in
which petrochemical wastes are deposited. This occurs when
the contaminated matrix is indirectly heated during decon-
tamination. Resulting gases contain among others carbon
monoxide, hydrogen, methane, ethane, ethylene, n-propane,
n-propene, hydrogen sulphide, methane mercaptan, carbonyl
sulphide, thiols, etc.

Since these gaseous components are sucked off on purpose
for the subsequent cooling, thermodestruction and desul-
phurisation, there is a real danger of the creation of a potential
volatile atmosphere in various parts of the technology caused
by possible additional air suction. In order to be able to
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propose the corresponding measures and control the actual
technology, for instance by regulating the amount of the solid
sludge containing the air fed into the continuously exhausted
reactor with possible air suction, it is thus necessary to deter-
mine the flammability limits of the gaseous mixture being
released.

Their assessment and mainly the range of the upper and
lower flammability limits should also be used for the develop-
ment of the corresponding safety measures, for example for
the determination of the safety values of residual gas concen-
trations in pipelines and in technological apparatuses during
their repairs, in particular in those cases where different tem-
peratures and various possibilities of explosion initiation may
reasonably be expected.

When determining potential threat to the staff and techno-
logical devices including their surroundings, it is necessary
to take into account not only the amount, composition and the
ratio of the gas and air volume in the system concerned. It is
important to consider also other issues like the temperature,
the dynamics of the processes involved, the place of the pos-
sible release, vacuum and the method of protection against air
leakage, location in the technological whole, deconstruction
of the impermeability of the device by corrosive effect releas-
ing components, variety of decontaminated material often
connected with the previous long-term dump, the weight of
the equipment in danger, variety of the construct metallic
materials, the total volume of the potentially explosive mix-
ture, the possible uncontrolled release, the presence of igni-
tion sources, technological failures, emergency relief, etc.

2.1 Flammability Limit Calculation

Combustion is a relatively complicated physical-chemical
process comprising mainly exothermic reactions, which take
place in the corresponding reaction zone. Its prerequisites
include the presence of combustible, oxidant, ignition source
and ignition method. Fire is specific combustion type, which
is based on the burning of combustible substances involving
exchange of matter with the surroundings. On the other hand,
explosion is a physical-chemical (in some cases only phys-
ical) process closely connected with the release of energy,
sometimes light, without exchange of matter with the sur-
roundings.

Flammability limits define the composition of the mixture
of flammable gas and air (oxygen) that burns when heated to
ignition temperature in any part of the mixture.

The lower flammability limit FL . is the lowest volume
concentration of a gas in mixture with air (oxygen) which,
when heated to ignition temperature, is capable of ignition
leading to spontaneous combustion and flame propagation.

The upper flammability limit FL ) is the highest volume
concentration of gas in mixture with air (oxygen) which is
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still capable of ignition leading to spontaneous flame propa-
gation.

For volumes below the lower flammability limit and above
the upper flammability limit, the flame does not sponta-
neously propagate in the mixture, i.e. desorption gas cannot
be ignited in these areas. Flammability limit values are listed
in vol% of the flammable component in the mixture with
air and depend on pressure and temperature, in some cases
partially also on the geometric arrangement of the space in
which the mixture concerned is burnt [17].

Flammability limits for the studied gas from the thermal
degasification of sludges may be mathematically determined
from the known composition of the gas and the tabulated
values of the flammability limits of the pure components
comprising it.

Basic equation for this calculation of flammability limits
of gas mixtures that contain non-flammable gaseous compo-
nents in the air is the following [16]:

100
FLLu = o< - @
i=1 FL, Lo, T 100

where FL_ ) are the lower and upper flammability limits of
the gas (vol%, 101.325kPa, 0 °C), C; is the volume concen-
tration of individual flammable components (vol%), FL; v u)
is the tabulated value for the lower and upper flammability
limits for the component i (vol%, 101.325kPa, 0°C) and m
is the sum of the concentrations of the non-flammable com-
ponents of the gas (vol%, 101.325kPa, 0°C).

The upper flammability limit FLy or the lower flamma-
bility limit FL of flammable gases in a mixture with air or
oxygen (vol% of the flammable gas) under normal pressure
may be calculated using the following equation [17]:

FLLu) = LOC (2)
yn =
"= FLiu
It is evident that values calculated according to Eq. (2) are
rather approximate and should be verified experimentally in
technological practice.

Under expected operational conditions, where gas tem-
perature during potential failure may exceed even 350 °C,
the effect of temperature on flammability limits may be
significant for changes in the range of FL and FLy. The
flammability limits at increased temperature may be calcu-
lated using the relations adapted for Sl system of units:

3.1401

FLLty = FLiL(os) — NHC (t —25), (3)
3.1401
FLuw) = FLus) — NHC (t —25), 4)

where FLi ) and FLy) are the lower and upper flamma-
bility limits, respectively, at the given temperature (%vol,

101.325kPa), FL (25) and FLy(2s5) are the lower and upper
flammability limits, respectively, at a temperature of 25°C
(vol%, 101.325kPa), NHC is the net heat of combustion
(kJ/mol), t is the temperature of the gas (°C).

Upper and lower flammability limits in dependence on the
absolute pressure can be calculated separately according to
the following equations:

FLi(p) = FLL — 0.71(logP + 1) (5)
FLU(p) =FLy + 206(' OgP +1) (6)

where FL_(p) and FLyp) are the lower and upper flammabil-
ity limits, respectively, at the given absolute pressure (vol%)
and P is the absolute pressure (MPa).

3 Model Gases for Flammability Limit Calculation

Three model gases were prepared for objectives of our work
based on experience and laboratory findings obtained during
the sludge evaporation. These three model gases approximate
gas sucked from the evaporation—condensation technology
where the temperature in the rotary reactor is ca 350°C
(400°C on the heated wall of the reactor) and the pressure
reaches up to 50kPa in various parts of the technology. The
pressure will be changed depending on the thermodynamic
resistance of the exhausted atmosphere, because the vacuum
pump is installed behind the terminal cooler in front of ther-
modestruction unit.

This composition respected among others also gradual
decrease in the capture of volatilising hydrocarbons during
the gradual cooling of the exhausted gas. Model substance
used for the highest boiling hydrocarbon mixture exhausted
was diesel fuel (DF) with the molecular formula C12H23. Its
FLL«) and FLy), parameters were taken from [18]. Model
gas containing 10vol% of diesel fuel represented here the
gas exiting the reactor. Gas containing 1vol% of diesel fuel
and without the presence of diesel fuel sampled in and behind
the coolers (freezing units). The decrease of concentration of
diesel fuel is related to the increase of concentration hydro-
gen and other, especially gaseous components.

Table 1 shows composition of particular model gases for
which detailed calculations concerning dependence of their
flammability limits on pressure and temperature were per-
formed in this work.

3.1 Influence of Temperature on the Flammability
Limits of the Model Gases

Influence of temperature on the upper and lower flammability
limits of the model gases in the area of temperature up to
400°C, studied by means of Egs. (3) and (4), is graphically
represented in Figs. 1 and 2.




2484

S14 (4)

Arab J Sci Eng (2018) 43:2481-2489

Table 1 The composition of

Content (vol%)

Gas without the mixture
of higher hydrocarbons

Gas containing 1 vol% of
higher hydrocarbons

Gas containing 10vol%
of higher hydrocarbons

model gases—vol% (0°C; Components

101.325Pa)
Carbon dioxide 8.30
Hydrogen 47.73
Carbon monoxide 2.80
Methane 15.19
Ethane 5.00
Ethene 2.70
n-Propane 2.84
n-Propene 3.50
n-Butane 1.60
n-Butene 2.69
Hydrogen sulphide 6.48
Methanthiol 1.70
Dimethyl sulphide 0.50
Diesel fuel -

8.22 7.47
47.27 42.97
2.78 2.52
15.50 13.68
4.96 4.50
2.50 1.86
2.82 2.56
3.30 2.75
1.58 1.44
2.67 2.42
6.42 5.84
1.68 1.53
0.50 0.45
1.00 10.00

Fig. 1 Dependency of the lower flammability limit on temperature 400°C

Our learning from the work shows that when the model gas
which does not contain the model mixture of higher-boiling
hydrocarbons is heated to 350 °C, its lower flammability limit
is reduced from ca 4vol% in the air at normal temperature
to ca 2.65vol%. On the other hand, the heating to 350°C
increases the upper limit from the concentration of 27.4 vol%
in the air at normal temperature to 28.8 vol%. For model gas

@ Springer

with 10vol% higher-boiling hydrocarbons representing the
gas exhausted from reactor, the lower limit decreases when
heating to 350°C from the normal temperature from 2.6 to
1.9vol% and the upper limit increases from ca 20 to 21 vol%.
This shows that removal of the higher-boiling hydrocarbons
decreases the lower flammability limit by 1.4 vol% and upper
limit by 1.4vol%.
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Fig. 2 Dependency of the upper flammability limit on temperature 400°C

Dependences shown in Figs. 1 and 2 further indicate the
linear dependence of both variables monitored on tempera-
ture in the studied range of 20-400 °C, which will be used in
the condensation—evaporation technology.

Presence and increased concentration of the model mix-
ture of higher-boiling hydrocarbons decreases the lower limit
with increasing temperature. On the contrary, in the same
conditions the upper flammability limit rises, which means
that the range of these points increases with the growing con-
centration of these substances.

It is hence necessary to bear in mind that these limits will
have to be monitored in the device in question specifically
for individual technological places.

3.2 Influence of the Reduced Pressure on the
Flammability Limits of Model Gases

The influence of the reduced pressure on the upper and lower
flammability limits of the model gas at normal temperature
determined by means of Egs. (5) and (6) is shown in Figs. 3
and 4.

The dependences show that reduction of pressure to 50 kPa
in the case of the model gas not containing higher-boiling
hydrocarbons increases the lower flammability limit from ca
4.0vol% in the air to ca 4.3vol% and, on the other hand,

decreases the upper flammability limit from the concentra-
tion of 27.4vol% in the air to 21.3vol%.

Similar trend like in the influence of the rising temperature
on the increase of the concentration of the mixture of higher-
boiling hydrocarbons was also recorded in the influence of
the reduced pressure. It is clear from the presented data
that the increase of concentration of higher-boiling hydro-
carbons by 10vol% decreases the lower flammability limit
ca by 0.21% and it increases the upper flammability limit by
6.20vol%.

3.3 Influence of Reduced Pressure and Temperature on
the Flammability Limits of Model Gases

As a result of our experiments, we derived new Egs. (7)
and (8) to describe the effect of both temperature and
reduced pressure on the lower and upper flammability lim-
its of model gases released from decontaminated sludge.
The equations were derived by re-combination of Egs. (1-6)
and newly linked with the units conversion to Sl system of
units.

100
Fliep = =5 —071(ogP +1)
i=1 FL o,
3.1401

~ NHC

(t — 25), )
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Fig. 3 Dependency of the lower flammability limit on the reduced pressure

Fig. 4 Dependency of the upper flammability limit on the reduced pressure

@ Springer
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Fig. 5 Dependency of lower flammability limit on temperature and reduced pressure

100
FLut.p) = . c +20.6 (logP + 1)
3.1401
NHC (t — 25). (8)

Examples of the calculated lower and upper flammability
limits for the gas being already released from higher-boiling
hydrocarbons, i.e. for the gas behind coolers, are graphi-
cally represented in the form of a 3D diagram in Figs. 5
and 6. These depictions enable to define the safety limits of
individual parts of the evaporation technology more com-
plexly in the order in which these parts are used—i.e. reactor
input, reactor output, coolers with the connected continuous
exhaust.

Equations (7) and (8) were drafted out for calculation of
the influence of the temperature and pressure on the upper
and lower flammability limit of the combustible gases in
the future model device projected for capacity of 10 tons
of sludge per hour. Their graphical interpretation is shown in
Figs. 5and 6. The calculations were performed for model gas
without content of higher hydrocarbons, i.e. for the part of the
technology behind the coolers of the gas exhausted from the
reactor. Based on these figures, it is very quickly possible to
determine the change of lower, respectively higher flamma-

bility limit in the existing change of temperature and pressure
without making calculations. Various colours were used on
the figures for different intervals of lower, respectively upper,
flammability limits.

Anincrease of the pressure by tens kPa and significant suc-
tion of hundreds litres of the air can be expected after opening
of the charging the reactor connected with the input hundreds
of kilograms sludge and its connection with the atmosphere.
Resulting concentration wave of oxygen (air) growth would
go through the entire technological complex. This process is
empowered by above listed dependency changes of flamma-
bility limits.

It is obvious from described dependencies that the lower
flammability limit by model gas containing 1% higher-
boiling hydrocarbons would lead in case of exhausting of
the gas from reactor to decrease of pressure of this gas and
to change of flammability limits. If, for example, pressure
of the exhausted gas was decreased to 50kPa and, in the
same moment, the temperature was decreased for example to
200°C (assuming original temperature 350 °C), there would
be an increase of the lower flammability limit with the air
from 2.56 to 3.36 vol%. Upper flammability limit would, in
contrary, decrease from concentration 21.71 vol% in the air
to 20.94 vol%.

It has been determined that when a typical waste gas from
the evaporation—condensation process of the disposal of oil
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Fig. 6 Dependency of upper flammability limit on temperature and reduced pressure

sludge (which contains a significant amount of flammable
gases but from which higher-boiling hydrocarbons have been
removed) is indirectly heated to 350 °C under the pressure of
50kPa, its FL (1) is 2.9vol% and FLyt)e is 22.7 vol%. When
the gas contains 10 vol% of higher-boiling hydrocarbon com-
ponents with the molecular formula C12H»3, the range of
these limits significantly grows.

4 Conclusion

In this work, we have derived equations that enable to
express simultaneously the dependence of the lower and
upper flammability limits (FL«, py resp. FLu, ) for gases
from decontamination evaporation—condensation technolog-
ical process applied in the decontamination of oil sludge
during thermodynamic conditions. For this purpose, we
assumed conditions that apply in real technological devices,
i.e. at temperature up to 350°C and at reduced pressure
obtained by available technique in various parts of evapo-
ration technological device. No such expression of FL «, p)
and FLyt, py dependence for oil sludge evaporation technolo-
giesworking with reduced pressure and gases with significant

Springer

content of hydrocarbons C1—Cj12 has been described in avail-
able the literature.

Simultaneous expression of FL (, py and FLyt, p) depen-
dence on temperature and reduced pressure in the form of 3D
diagrams considerably clarifies determination of the critical
technological conditions in situations, where a significant
role is played by the exhaustion of the flammable and toxic
gases released. This representation enables location of pos-
sible undesirable states in the technological process, both in
the design of the construction arrangement or in the selec-
tion of apparatuses and in the events of failure or during the
induction of the inertisation gas mixture and the selection of
its volume and composition.

It must be noted that when evaluating reduced pressure
under real conditions, it is important to consider that this
reduced pressure may depend on many factors—on the dis-
tance of exhausting device from the observed technological
apparatus, on the method of dispensing sludge, on the veloc-
ity of the evaporation, on the interval from the time of
dispensing etc.

Acknowledgements The authors gratefully acknowledge the financial
support of University of Economics, Prague. The Grant Number is UEP
F2/7/2014.



S14 (9)

Arab J Sci Eng (2018) 43:2481-2489 2489

References 9. Ouyang, W.; Liu, H.; Murygina, V.; Yu, Y.; Xiu, Z.; Kalyuzhnyi,

. Ramaswamy, B.; Kar, D.D.; De, S.: A study on recovery of oil
from sludge containing oil using froth flotation. J. Environ. Manag.

S.: Comparison of bio-augmentation and composting for remedia-
tion of oily sludge: a field-scale study in China. Process Biochem.
40(12), 3763-3768 (2005)

85(1), 150-154 (2007) 10. Tahhan, R.A.; Abu-Ateih, R.Y.: Biodegradation of petroleum
. Hu, G.; Li, J.; Zeng, G.: Recent development in the treatment of industry oily-sludge using Jordanian oil refinery contaminated soil.
oily sludge from petroleum industry: a review. J. Hazard. Mater. Int. Biodeterior. Biodegrad. 63(8), 1054-1060 (2009)
261(15), 470-490 (2013) 11. Vasudevan, N.; Rajaram, P.: Bioremediation of oily sludge-
. Lighty, J.S.; Pershing, D.W.; Cundy, V.A.; Linz, D.G.: Charac- contaminated soil. Environ. Int. 26(5-6), 409-411 (2001)
terization of thermal desorption phenomena for the cleanup of 12. Brenek_, R.; Santarius, A.; Hudecek, V.: Decontamination of waste
contaminated soil. Nucl. Chem. Waste Manag. 8(3), 225-237 dumpside of s.p. Diamo. Acta Montan. Slov. 19(1), 15-21 (2014)
(1988) 13. Zhu, F; Zhang, Z.; Jiang, H.; Zhao, L.: The study of sewage sludge
. Liu, J.; Jiang, X.; Zhou, L.; Han, X.; Cui, Z.: Pyrolysis treatment thermo-drying efficiency. Proced. Environ. Sci. 16, 363-367 (2012)
of oil sludge and model-free kinetics analysis. J. Hazard. Mater. ~ 14. Jadidi, N.; Roozbehani, B.; Saadat, A.: The most recent researches
161(2-3), 1208-1215 (2009) in oily sludge remediation process. Am. J. Oil Chem. Technol.
. Liu,W; Luo, Y.; Teng, Y.; Christie, P.: Prepared bed bioremediation 2(10), 340-348 (2014) N
of oily sludge in an oilfield in northern China. J. Hazard. Mater. ~ 15. Pakpahan, E.D.; Isa, M.H.; Kutty, S.R.M.; Chantara, S.; Wiriya,
161(1), 479-484 (2009) W.; Faye, |.: Comparison of polycyclic aromatic hydrocarbons
. Ma, Z.; Gao, N.; Xie, L.; Li, A.: Study of the fast pyrolysis of emission from thermal treatment of petroleum sludge cake in the
oilfield sludge with solid heat carrier in a rotary kiln for pyrolytic presence of different additives. J. Sci. Ind. Res. 71, 430-436 (2012)
oil production. J. Anal. Appl. Pyrolysis 105, 183-190 (2014) 16. Branan, C.: Rules of Thumb for Chemical Engineers. Gulf Profes-
. Molto, J.; Barneto, A.G.; Ariza, J.; Conesa, J.A.: Gas production sional Publishing, Houston (2002) _
during the pyrolysis and gasification of biological and physico- ~ 17- Green, D.W,; Perry, R.H.: Perry’s Chemical Engineers Handbook,
chemical sludges from oil refinery. J. Anal. Appl. Pyrolysis 103, 8th edn. McGraw-Hill, New York (2008) _
18. Zabetakis, M.G.: Flammable Characteristic of Combustible Gases

167-172 (2013)

. Anthony, E.J.; Wang, J.: Pilot plant investigations of thermal reme-
diation of tar-contaminated soil and oil-contaminated gravel. Fuel
85(4), 443-450 (2006)

and Vapors. Department of Interior, Bureau of Mines, Washington,
DC (1965)

@ Springer



CZ 27067 U1

S15 (1)

UZITN Yr VZ OR (11) Cislo dokumentu:

27067

(13) Druh dokumentu: Ul

(21) Cislo ptihlagky: 2014-29359 .

19) (22) Prilaeno 21.03.2014 (31) Int. CL.:
Cooenuka | (47) Zepsano 16.06.2014 CO1B 3/02 (2006.01)
F257 3/08 (2006.01)
BOID 5302  (2006.01)
CO1B 3/56 (2006.01)

U R o .
PRUMYSLOVEHO
VLASTNICTVI

(73) Majitel:
Vysoka $kola chemicko- technologicka v Praze,
Praha - Dejvice, CZ

(72) Pivodce:
Ing. Tomas Hlin¢ik, Ph.D., Strdz pod Ralskem, CZ
Ing. Daniel Tenkrat, Ph.D., Praha, CZ

(54) Nazev uzitného vzoru:
Material pro odstrafiovani zbytkové
koncentrace Kysliku z vodiku

Ukad pramyslového vlastnictvi v zdpisném fizeni nezjistuje, zda pfedmét uZitného vzoru

splituje podminky zpasobilosti k ochrané podle § 1 zak. &. 478/1992 Sb.



10

20

25

30

35

S15 (2)

CzZ 27067 U1

Material pro odstraiiovani zbytkové koncentrace kysliku z vodiku

Oblast techni

Technické feseni se tykad problematiky &isténi vodiku vyrobeného elektrolyzou od kysliku za
pouziti specialniho materidlu na bazi médi.

Dosavadni stav

Elektrolytické $tépeni vody pfedstavuje snadnou vyrobu vodiku. Jedna se o konverzi elektrické
energie na energii chemickou ve formé& vodiku a vedlej$iho produktu kysliku. Jakdkoliv elektro-
lyza vody produkuje velmi &isty vodik, ktery oviem obsahuje kolisavé mnozstvi kysliku. Pro
potieby technologického vyuziti vodiku je v nékterych pfipadech potieba vysoka Cistota. Z toho
dtivodu je tfeba z vodiku vyrobeného elektrolyzou odstranit koncentrace kysliku.

Pfitomnost kysliku ve vodiku miZe také ovlivnit jeho bezpecnostni parametry. Horni a dolni mez
vybusnosti je v prostfedi vzduchu - dolni mez vybusnosti 4 % obj. az horni mez vybuSnosti
75 % obj., v prostiedi kysliku - dolni mez vybusnosti 4 % obj. aZ horni mez vybusnosti 95 % ob;.

K odstrafiovani kysliku z vodiku se vyuzivaji rizné &istici technologie, pracujici zejména na
principu kinetické separace - adsorpce napf. pouZiti uhlikatych molekulovych sit, zeolitll, ne za
pomoci vzacnych kovii (platiny a palladia) a komplexi na bazi kobaltu.

P¥i pouziti uhlikatych molekulovych sit se vyuzivad adsorp&niho procesu tzv. PSA (pressure
swing adsorption). Tato adsorpéné - desorpéni metoda pracuje s rozdilnymi tlaky mezi jednotli-
vymi fazemi procesu. PouZiti této metody vyZaduje pouZiti vstupniho plynu za vyssiho tlaku tak
aby mohla probéhnout adsorpce za dostate¢né uinnosti.

Syntetické zeolity typu NaA (4A) je mozné pouZit pfi ¢i§téni velmi malych objemil vodiku. Pti
tomto procesu se opét vyuZiva procesu PSA a je tedy potfeba opét zvySeného tlaku vstupniho
plynu. Nevyhodou jejich pouZiti je vysoka cena, kterd je pfic¢inou vysokych provoznich nakladi
¢istici technologie.

Pfi pouziti vzacnych kovil na bazi platiny nebo paladia probihd reakce za velmi nizkého tlaku,
ale za vyssi teploty (az 400 °C). Pouziti téchto materialti vyZaduje také velké investi¢ni naklady
v porovnani s pfedeslymi metodami. Reakce probiha podle rovnic:

1
Pt + 502(9) - PtO(s),

3
PtO(S) + EHZ(Q) - PtH(S) + HZO(Z)'

Podstata technického feSeni

Uvedené nedostatky odstratiuje material na bazi médi. Tento materidl miiZze pracovat v kombi-
naci s vhodnymi sorbenty a je tedy moZné z vyrobeného vodiku odstranit nejen necistoty kysliku,
ale zarovei napf. i vlhkost, kterd se ve vyrobeném vodiku z elektrolyzy také vyskytuje.

Material na bazi médi pro odstranéni zbytkové koncentrace kysliku 1ze pouzit ve dvou formach:

1. Pokoven4 alunina médi metodou vakuového napafovani (mérny povrch nad 100 m’/g) a sloZe-
nim min. 13 % hmotn. Cu.

2. Sintrované médéné $pony (mémy povrch > 0,05 m*/g; porozita 20 az 250 um).

Pro zajisténi maximalni G¢innosti odstratiovani nizkych koncentrace kysliku je tfeba pouzit ma-
terial s maximalnim povrchem, viz vyse.
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Vlivem chemické reakce kysliku s médi dojde k vytvofeni oxidu méd'natého, ktery déle reaguje
s vodikem za vzniku vody. Pfi této reakci dochézi k regeneraci samotné médi, kterd miize opét
reagovat s kyslikem aZ do Uplného vy¢isténi.

Vyhoda pouZiti tohoto materialu je jeho pouZiti i pro odstranéni jinych neéistot, které mohou byt
ve vodiku obsaZeny z vyroby vyuZivajici jiné technologické postupy napf. parnim reformingem,
parcialni oxidaci, zplyfiovanim uhli nebo autotermni $té€peni. Jedna se o necistoty oxidu uhelna-
tého, popt. methanu (i vyssich uhlovodiki).

Reak¢ni mechanismus médi s jednotlivymi neéistotami probiha podle rovnic:
Cu+ %02 - Cu0,
Cu0 + H; - Cu + H,0,
Cu0 + CO - Cu+ CO,,

4Cu0 + CH, - 4Cu + CO, + 2H,0.

Pouzitim materidlu na bézi médi se dosdhne podstatného zvyseni u¢innosti odstranéni (chemické
konverzi) kysliku vii¢i béZné pouZivanym adsorp&nich materialu.

PouZziti vySe uvedenych materiali zpravidla nevyzaduje pro sviij provoz zdroj energie. Z diivodu
exotermniho charakteru reakei je ovSem nezbytné reakéni vrstvu ochlazovat v pfipadé pouZiti pro
odstrafiovani zvy$enych koncentraci kysliku.

Cistici proces pouzivajici vySe uvedeny materidl na bazi médi vykazuje ve srovnani s procesy
pouZivajici béZné adsorbenty niZ§i investi¢ni i provozni naklady, k Semuz pfispiva i fakt, Ze se
material v priibéhu procesu regeneruje a odpada tedy nutnost vypracovavat technologicky proces
pro regeneraci, jako se pouzivé u technologii pouZivajici béZné adsorpéni materialy.

Materidly 1. a 2. typu byly pouZity v laboratornim méfitku pro odstranéni zbytkovych koncen-
traci kysliku z vodiku. Testovany byly plyny s koncentraci kysliku ve vodiku pfiblizn& 15,150
a 1500 mg/m’. Méfend vystupni koncentrace kysliku po prichodu ¢isténého plynu loZem
zmateridlu na bazi médi plynu byla <I mg/m’, tj. pod mezi stanovitelnosti pouZitym
analyzatorem. Testy byly provedeny pfi teploté 20 °C a tlaku plynu 0,4 aZ 1,4 MPa.

Priimyslova vyuZitelnost

Material na bazi médi lze aplikovat napt. pfi ¢isténi malych a stfednich objemt vodiku vyrabé-
ného elektrolyzou (do 1000 m’/hod) od stopovych koncentraci kysliku.

Dalsi pouziti tohoto materidlu miZe byt dogisténi vodiku vyrdbéného jinymi technologickymi
postupy, napf. parnim reformingem, parcidlni oxidaci, zplyiiovanim uhli nebo autotermni 3t&-
peni. Tyto typy vyrob se vyznacuji necistotami, jako jsou oxid uhelnaty, methan nebo jinymi
uhlovodiky, které 1ze pomoci tohoto materialu konvertovat podle vyse uvedenych chemickych
rovnic.

NAROKY NA OCHRANU

1.  Material na bazi médi pro odstratiovani kysliku z vodiku, vyznadujici se tim,
Ze obsahuje ve svém sloZeni pouze istou mé&d’ ve form& sintrovanych mé&dénych Spon a to
s mémym povrchem > 0,05 m2/g a porozitou od 20 do 250 pm.
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2. Material na bazi médi pro odstrafiovani kysliku z vodiku, vyznacujici se tim,
Ze obsahuje ve svém sloZeni min 13 % hmotn. médi nanesené na aluminé metodou vakuového
naparovani.
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(1) a obsahuje néplii porézniho materialu s vysokym
obsahem médi pro odstranéni kysliku z &isténého vodiku,
dale nad druhou aktivni zénou (3) je uspofadana tieti
aktivni z6na (4) obsahujici material typu molekulového
sita pro odstran&ni zbytkové vlhkosti a vody vzniklé
v druhé aktivni zoné (3), déle nasleduje homi
odnimatelné viko (8), ve kterém je uspoiadan vystup
vycisténého vodiku, pfitemZ vnéjsi ¢ast plasté téla
adsorbéru (1) je opatfena pasivnim vzdu§nym chladiéem
(10) ve formé lamel nebo Zeber.
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Pasivni kombinovany adsorbér pro ¢isténi vodiku z elektrolyzy vody

Oblast techniky

Vynélez se tyka konstrukce a funkce pasivniho kombinovaného adsorbéru pro vyuziti v oblasti
¢iSténi vodiku, vyrabéného elektrolyzou vody, od zbytkovych koncentraci kysliku a vodni pary.

Dosavadni stav techniky

Elektrolyza vody je perspektivni metodou vyroby vodiku, pfedevsim za ptedpokladu vyuziti tzv.
obnovitelnych zdrojii energie (vétrné elektrarny, fotovoltaika). Vodik produkovany elektrolyzou
obsahuje kolisavé koncentrace kysliku a zvySené mnoZstvi vodni pary, které je z provoznich a
bezpe¢nostnich diivodii tieba odstraiiovat a to s ohledem na jeho nasledné uskladnéni a vyuziti v
palivovych ¢lancich, napf. v ramci ostrovnich systémi.

K separaci kysliku z vodiku jsou dostupné riizné &istici technologie, pracujici zejména na princi-
pu kinetické separace — adsorpce pracujici za pouziti napf. uhlikatych molekulovych sit nebo zeo-
litd. Pfi pouziti té&chto materiali se vyuziva adsorpéniho procesu tzv. PSA (pressure swing ad-
sorption). PSA metoda pracuje s rozdilnymi tlaky mezi jednotlivymi fazemi procesu. Pouziti této
metody vyZzaduje pouziti vstupniho plynu za vysokého tlaku tak aby mohla prob&hnout adsorpce
za dostatec¢né ucinnosti.

Dal$i moznosti je vyuziti katalyzatorl. Pfi pouziti vzécnych kovii na bazi platiny nebo paladia
probiha odstranéni kysliku za velmi nizkého tlaku, ale za vy33i teploty (az 400 °C). Pti téchto
teplotach probiha katalytické spalovani kysliku s pfitomnym vodikem. Nevyhodou této metody
Jjsou vysoké naklady na katalyzator a potieba tepla ¢i pripadné chlazeni z diivodu silné exotermni
reakce.

Pro odstraiiovéani vlhkosti z plynu je dostupna celd fada postupt. Jde o technologie absorpéni
(glykoly), adsorpni (zeolity, CaCl,) nebo metody zalozené na chlazeni.

Podstata vynalezu

Podstatou vynalezu je pasivni kombinovany adsorbér, ktery se vyznaguje tim, Ze jako samostatné
zafizeni odstrafiuje soucasné vodni paru a nizké koncentrace kysliku z vodiku vyrabéného elek-
trolyzou vody a to bez nutnosti vné&j$iho zdroje energie. Konstrukce adsorbéru umoziiuje snadnou
uZivatelskou vyménu néaplni a tim minimalizuje naklady na servis a prodluZzuje mnohonasobné
jeho zivotnost.

Funkce kombinovaného adsorbéru je zalozena na tfech aktivnich zénach a integrovaném pasiv-
nim chladici.

Prvni zona ve sméru toku plynu obsahuje naplii susidla s vysokou sorpéni kapacitou, typicky
silikagel, ktera zajiSt'uje snizeni obsahu vlhkosti v proudu vodiku nebo ptipadné zachycuje vlh-
kost v kapalné formé&. M&feni prokézala, Ze tato prvni zona je nezbytna pro spravnou funkci zény
druhé.

Druha z6na, kter4 je koncipovana jako pevnd, nevyménitelna soudast adsorbéru obsahuje materi-
al s vysokym obsahem médi o vhodném m&rném povrchu a porozité. V této zo6né reaguje kyslik s
médi na oxid méd’naty, ktery se nasledn& redukuje vodikem na mé&d’ za vzniku vody. Vzhledem k
exotermnimu charakteru reakci (AH,95=-288 K.J/mol) je tieba pti vzniklych vyssich koncentracich
kysliku odvadét vznikajici teplo. Toto je zajisténo pasivnim vzduSnym chladi¢em, ktery je inte-
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gralni soucasti kombinovaného adsorbéru ve formé lamel/zeber na jeho vné&jsim povrchu.

Treti zona je urCena pro odstranéni zbytkového obsahu vlhkosti, kterd vznikla v zoné druhé. Na-
plni této zony je molekulové sito, které zajistuje snizeni rosného bodu vody ve vodiku na hodno-
tu bezpecnou pro skladovani vodiku.

Odnimatelna vika na vstupu a vystupu z adsorbéru spoleéné se sitkovou vestavbou umoziuji
snadnou vyménu naplni prvni a tfeti aktivni zony.

Kompaktni konstrukce kombinovaného adsorbéru umoziiuje snadné zapojeni dvou a vice jedno-

tek paraleln€ a tim zvé€tSit kapacitu zafizeni. Paralelné zapojené kombinované adsorbéry umoztiu-
Jji vyménu naplni i bez omezeni/pieruseni provozu.

Objasnéni vvkresu

Obr. 1 Podélny fez celym zafizenim

Obr. 2 Pii¢ny fez zafizenim

Priklad uskuteénéni vynalezu

Konstrukee pasivniho kombinovaného adsorbéru pro sniZovani koncentrace kysliku a vodni pary
z vodiku produkovaného elektrolyzou vody kombinuje tfi aktivni zony 2, 3, 4 tj. predsuSeni mé-
dia, reak¢ni odstranéni kysliku a dosus$eni produktd, s pasivnim chlazenim adsorbéru 10.

Plyn vstupuje do adsorbéru 1 otvorem se zavitem pro instalaci trubkového adaptéru 9 ve spodnim
viku 7. Viko 7 je s télem adsorbéru 1 spojovano pomoci zavitového spoje a t€snéni 5.

Napln umisténou v prvni aktivni zon€ 2 oddéluje od vika 7 sitkovy adaptér 6 zamezujici propa-
davani napIn€. Umisténi napln€ v druhé zoné€ 3 je pevné. Napli umisténa ve treti zoné 4 je opét
oddélena od vystupniho vika 8 sitkovym adaptérem 6 pro zamezeni unosu jemnych &astic.

Plyn vystupuje otvorem se zavitem pro instalaci trubkového adaptéru 11 v hornim viku 8.

Pasivni vzdusny chladi¢ 10 je soucasti plasté adsorbéru 1.

Primyslova vyuzitelnost

Pasivni kombinovany adsorbér je primarné urCen pro ¢isténi malych a stfednich objemi vodiku z
vyrabéného elektrolyzou (do 1000 m*/hod) od kolisavych koncentraci kysliku a vlhkosti. Paralel-
ni zapojeni vice adsorbérl jednak zajist'uje modularni zvysSeni kapacity pro ¢isténi, zaroveri také
umoziiuje ménit napln€ bez preruseni provozu zatizeni.
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PATENTOVE NAROKY

1. Pasivni kombinovany adsorbér pro odstranéni vodni pary a nizkych koncentraci kysliku z
vodiku vyrobeného elektrolyzou vody, vyznaéujici se tim, Ze zahrnuje t€lo adsorbéru
(1), spodni odnimatelné viko (7) a horni odnimatelné viko (8), pficemz ve spodnim odnimatel-
ném viku (7) je usporadan vstup ¢isténého vodiku, dile navazuje télo adsorbéru (1), ve kterém je
v jeho spodni Casti uspofddana prvni aktivni zona (2), ve které je umisténa napli susidla s vyso-
kou sorpéni kapacitou typu silikagel pro ¢asteéné predsuseni ¢isténého vodiku a zvySeni uginnos-
ti navazujici druhé aktivni zony (3), ktera je pevné spojena s télem adsorbéru (1) a obsahuje na-
plii porézniho materialu s vysokym obsahem médi pro odstranéni kysliku z &isténého vodiku,
dale nad druhou aktivni zénou (3) je uspofddana tfeti aktivni zona (4) obsahujici material typu
molekulového sita pro odstranéni zbytkové vlhkosti a vody vzniklé v druhé aktivni zoné (3), dale
nasleduje horni odnimatelné viko (8), ve kterém je uspofadan vystup vy&isténého vodiku, pfi-
¢emz vné&jsi ¢ast plaste téla adsorbéru (1) je opatfena pasivnim vzdusnym chladi¢em (10) ve for-
mé lamel nebo Zeber.

2. Pasivni kombinovany adsorbér podle naroku 1, vyznaéujici se tim, Ze mezi prv-
ni aktivni zénou (2) a druhou aktivni zénou (3) je uspofadan sitkovy adaptér (6) pro zamezeni
propadavani naplné.

3. Pasivni kombinovany adsorbér podle naroki 1 a2, vyznaéujici se tim, Ze mezi
tieti aktivni zénou (4) a hornim odnimatelnym vikem (8) je uspofadan sitkovy adaptér (6) pro

zamezeni Ginosu jemnych ¢astic.

4. Pasivni kombinovany adsorbér podle narokii 1 az 3, vyzna€ujici se tim, Ze vy-
stup vycisténého vodiku je tvofen otvorem se zavitem pro instalaci trubkového adaptéru (11).

S.  Pasivni kombinovany adsorbér podle naroki 1 az4, vyznaéujici se tim, Ze vstup
¢ist€ného vodiku je tvofen otvorem se zavitem pro instalaci trubkového adaptéru (9).

2 vykresy
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This paper focuses on the research infrastructure of advanced gas cooled reactors in the Czech Republic,
particularly on the high-temperature helium loop HTHL, which is a unique facility of its kind. HTHL is
intended mainly for testing structural materials. It also can be used to research technologies relating to
helium coolant. The maximum temperature and pressure that can be used within the specimen testing
space are 900 °C and 7 MPa, respectively, and the maximum gas flow rate in the main loop is 38 kg/hr.

Originally, the equipment was envisaged as a device for corrosion tests of materials in the reactor LVR-15

Keywords:

Helium experimental loop
High temperature reactor
Gas fast reactor

High temperature materials

but, according to current plans, a different equipment will be built for this purpose within the frame of
the SUSEN project. At the same time, an additional helium loop (S-Allegro) will be built to test selected
components of advanced gas-cooled reactors.

© 2015 Elsevier Ltd. All rights reserved.

1. Introduction

Advanced nuclear reactors of the so-called Generation IV re-
actors should be more efficient in transforming heat energy to
electricity; they should better utilize nuclear fuel, produce less
radioactive waste and maintain a high degree of safety. Some types
should allow the direct utilization of process heat (for example in
the production of hydrogen). For these reasons, different kinds of
coolants than those used in today's most common reactors are
needed for Generation IV reactors. At the same time, an increase in
the working temperature of the coolant is under consideration (A
technology roadmap, 2002).

Most of the Generation IV reactors are conceived as reactors that
use fast neutrons to sustain the fission chain reaction. These so-
called fast reactors allow for the production of fissile material
(e.g. from the spent fuel from conventional nuclear reactors).
Generation IV reactors are not yet in operation and their com-
mercial application is expected no sooner than 2030. Currently,
these systems are the subject of research and development at the
international level (Locatelli et al., 2013).

* Corresponding author. Research Centre Rez, Hlavni 130, 25068 Rez, Czech
Republic
E-mail addresses: jan.berka@vscht.cz, jan.berka@cvrez.cz (J. Berka).

http://dx.doi.org/10.1016/j.pnucene.2015.06.003
0149-1970/© 2015 Elsevier Ltd. All rights reserved.

The worldwide representation of individual nuclear reactors is
shown in Fig. 1. The most frequent type is a light water pressurized
water reactor (PWR) (PRIS database, 2013).

According to the database IAEA — PRIS (PRIS database, 2013)
there are a total of 15 gas-cooled reactors (GCR) in operation in the
year 2013. These are AGRs (Advanced Gas Reactors) cooled by
carbon dioxide and moderated by graphite. These reactors are
located in the UK. Besides the reactors cooled by carbon dioxide,
countries such as Germany and USA have worked on a design of
high-temperature reactors cooled by helium (so called High Tem-
perature Reactor — HTR or High Temperature Gas Reactor — HTGR).
Research reactors of this type and demonstration power plants
were built in these countries. High temperatures of coolant char-
acterize these reactors. In demonstration power plants the coolant
maximum temperature is 775 °C; in research reactors the coolant
temperature may reach up to 950 °C (Wright et al., 2012; Shimizu
et al, 2014). The HTR demonstration power plants are no longer
in operation and only two research reactors are operated in the
world, one in China and one in Japan. Construction of a demon-
stration HTR power plant was started in 2013 in China. It is the so-
called HTR-PM High Temperature Reactor Pebble Bed Module with
an electrical output of 200 MW. HTR and VHTR reactors are char-
acterized by a high degree of passive safety especially by their low
heat load on the reactor core. The risk of reactor core melting is said
to be avoided even when the coolant leaks (Zhang et al., 2009).
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Fig. 1. Representation of individual types of nuclear reactors. Description: PWR — light
water pressurized water reactor; BWR — light water boiling water reactor; FBR — fast
breeder reactor; GCR — gas-cooled reactor; LWGR — light water graphite reactor;
PHWR —pressurized heavy water reactor (PRIS database, 2013).

The Generation IV nuclear reactors also include a group of six
new types of gas-cooled reactors. These facilities are not yet oper-
ational. Research and development on them is done mostly at the
international level. Two basic types of gas-cooled reactors are being
investigated: Very High Temperature Reactors (VHTR) and Gas
Cooled Fast Reactors (GFR). The VHTR uses helium as a coolant and
is moderated by graphite with thermal neutron spectrum (see
Fig. 2).

The coolant temperature at the exit from the reactor core
should reach up to 1000 °C. At these high temperatures the
coolant can be used not only to produce electrical energy, but also
directly in technological processes — so-called cogeneration or

tri-generation. The coupling of cogeneration with gas-cooled re-
actors is being considered for advanced methods of hydrogen
production using thermochemical cycles (e.g. iodine—sulfur cycle)
or high temperature electrolysis. Another possibility is the direct
use of heat generated by the nuclear reaction in a high temper-
ature reactor for coal gasification. The efficiency of these pro-
cesses is directly proportional to the temperature. It is therefore
desirable to work at a high coolant temperature. Some VHTR
designs place the turbine into the primary cycle to maximize the
efficiency of the electrical energy production (this solution has
not yet been tried for gas-cooled reactors). The VHTR project
builds on the above-described high-temperature reactors HTR
(Kelly, 2014).

Research and development related to VHTR focuses on several
areas. The most important areas include the research of structural
materials and their long-term resistance at the extreme conditions
of the coolant, development of fuel and fuel cycle, design of certain
components (e.g. intermediate heat exchanger), development of
gas turbines, issues of reactor safety, and direct utilization of pro-
cess heat in technological processes (Garcia et al., 2014).

The Gas-Cooled Fast Reactor (GFR), see Fig. 3, differs from the
VHTR mainly by the spectrum of neutrons used to fission reaction
in the fuel and by the unit heat load on the reactor core. Contrary to
VHTR, the reactor core of GFR does not contain graphite, which can
influence the content of minority chemicals (impurities) in the
coolant. It is desirable that the coolant temperature in GFR reaches
values high enough to utilize heat directly in technological
processes.

The fast spectrum of neutrons should enable the production of
new fissile material, for example from spent nuclear fuel or from
depleted uranium.

As of yet, no country has been able to build an operational Gas-
Cooled Fast Reactor. A number of technical problems concerning
structural materials, the physics of the reactor, safety, etc. hinder
the GFR development (Stainsby et al., 2011). Melted metals are used
to cool all fast reactors developed so far.

Fig. 2. Diagram of the very high temperature reactor (VHTR) (A technology roadmap, 2002).
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Fig. 3. Diagram of the gas-cooled fast reactor (GFR) (A technology roadmap, 2002).

2. Experimental high temperature helium loop (HTHL)

As a part of its experimental program concerning VHTR, the
Nuclear Research Institute Rez built equipment — a High Temper-
ature Helium Loop (HTHL) that can simulate the physical and
chemical properties of the coolant under the conditions in VHTR.
HTHL will be used to test structural materials suitable for compo-
nents of gas-cooled reactors and to research the chemical processes
taking place in the gas coolant. HTHL is composed of several
components: the active channel, the purification system, and the
control system of helium purity — see Fig. 4. The picture of the
device is shown in Fig. 5.

The active channel had been originally constructed to be placed
inside the research reactor LVR-15 in order to test samples under
neutron radiation. This explains the design and certain limitations
of the channel — for example the limited space for samples. After
work on project SUSEN (http://susen2020.cz/cit., 2014) began, a
decision was made to use the existing HTHL only for non-active
(out-of-pile) experiments. A new helium loop HTHL2 will be con-
structed in the future within the project SUSEN to be used for tests
in the reactor.

The maximum helium temperature in the space for placing the
test specimens in HTHL is approximately 900 °C. The pressure in
the loop is 7 MPa; the maximal gas flow rate in the loop is 38 kg/hr.

Most of the loop components have been made from titanium
stabilized steel containing 18% wt. of chromium and 10% wt. of
nickel. The temperature of the outside surface of the tube should
reach 500 °C. The active channel consists of a system of coaxial
tubes, a regeneration exchanger, an electrical heater, a water cooler,
insulation and other auxiliary systems. The medium enters through
the channel's head and flows downwards around the pressure tube.
During its descent the medium is electrically heated. When
designing the equipment, radiant heating during the reactor oper-
ation was also taken into consideration. After reaching the bottom
of the channel, the medium returns back upwards through the tube
in the center of the exchanger. Then the medium flows again
downwards into the heat exchanger through the outside tube,
around the zone with the electrical heating. This way the medium
reaches the required temperature before it enters the space for
testing the materials. The space for testing samples has a cylindrical
shape that measures 30 mm in diameter and 500 mm in length. The
relatively small diameter of this space limits the maximum amount
and the size of the samples that can be used in one test run.

After the medium leaves the testing space it is cooled in the
exchanger. According to the calculations, this way of handling the
medium minimizes heat losses.

The active channel is approximately 6 m long. The channel and
its dismounted individual components are depicted in Figs. 6—8.
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Fig. 4. Diagram of high temperature helium loop.

A two-stage circulatory compressor is an important component
of the loop. Several problems had to be resolved in designing the
compressor. One of the main problems was the load on the main
bearing of the compressor. In order to limit stress on the compo-
nents the helium temperature inside the compressor should not
exceed 200 °C.

2.1. System of purification, addition of contaminants and control of
helium purity

HTHL should serve also as testing equipment for the processes
of purification of the gas coolant in VHTR, and, when the need
arises, also in GFR. The system of purification, addition of gaseous
contaminants and control of helium purity includes devices that
dose the impurities into the gas stream. It also includes the puri-
fication cycle and controls for helium purity. The main types of
impurities expected in helium used in VHTR are listed in Table 1.

These impurities can seep into the gas coolant from the sur-
roundings, may enter via desorption from structural materials or
may be formed by subsequent chemical reactions. Even at such low
concentrations as listed in Table 1 the impurities may damage the
construction material. Most often carbonization, decarbonization
or oxidation of the steels takes place. These processes cause
changes in the mechanical properties of the steels. At high tem-
peratures in the reactor core of the reactor the moisture or oxygen
in the coolant react with the graphite (Yao et al., 2002).

During the testing procedure in HTHL the impurities will be
dosed into helium with the help of precise electrical valves through
a dispensing container; water will be dosed in the liquid state. The
design of the helium purification system has been based on the
purification systems of HTR prototypes.

Removal of the impurities is based on capturing dust and
products of corrosion containing radioactive particles (°°Co, >°Fe)
that are larger than 5 um in diameter with the help of mechanical
filters. Hydrogen, including its radioactive isotope tritium and
carbon monoxide will be oxidized on a catalyst (presently CuO) at
a temperature around 250 °C to yield water and carbon dioxide.
These products are then captured on molecular sieves at a tem-
perature between 25 and 50 °C. Methane, oxygen, nitrogen and
other residual impurities are separated in the low temperature
adsorber, which is equipped by two stage cooling (only one stage
up to approx. —70 °Cis in operation up to now). The composition of
the helium coolant is monitored with the help of a gas chro-
matograph HP 7890, which is equipped with a helium ionization
detector (HID) and an optical hygrometer hygrophil F 5672 made
by Bartec. The sampling points are situated at the beginning and
the end of the purification cycle, then behind the CuO bed, behind
the absorbers with molecular sieves and behind the low temper-
ature absorber. The hygrometer probes are placed directly inside
the purification cycle — at the beginning of the cycle, at the end of
the cycle, and behind the absorbers with molecular sieves. The GC-
HID detection limit of gas impurities listed in Table 1 (with the
exception of water vapor) is under 1 ppmv. The detection limit of
the optical hygrometer is in the vicinity of 1 ppmv (Berka et al.,
2012a).

3. The existing operational experience and experimental
equipment program

HTHL differs from most of the other equipment employed in
testing materials used in HTR operating throughout the world
because it is capable of maintaining flow rates and pressures of the
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Fig. 5. High temperature helium loop — situation in 2013. The vertical tube on the far
right serves as the active channel.

gas very close to the values used in working reactors (Experimental
Facilities, 2009). During the trial operation of HTHL certain short-
comings and malfunctions of the equipment had to be addressed.
Among them was the pollution of the circulating gas with organics
(Berka et al., 2012b) and a decrease in the electrical resistance of
ceramic insulating heating elements in the active channel (Berka
et al,, 2013).

Currently the device is scheduled to be used in projects on
advanced gas-cooled nuclear reactors researched in the Czech Re-
public. There are plans for long-term exposures of corrosive, tensile
and other samples of high temperature alloys that may be used in
advanced gas-cooled reactors and other high temperature appli-
cations. Tables 2 and 3 list the specifications of the materials to be
tested in the years 2013—2017. At the time of writing, these tests are
in the planning stage. Among other activities, samples were pre-
pared for testing and appropriate sample holders were designed to
ensure uniform gas access to the samples in the active portion of
the loop and to allow placing more samples into a limited available
space. The size and shape of the samples were determined ac-
cording to planned tests on the samples after their exposure to the
gas coolant in HTHL. The ceramic samples will be made in cylin-
drical shapes with a diameter of 6 mm and a length of 160 mm.
Mechanical tests, gravimetry and examination of the microstruc-
ture by electron microscope will be performed on the exposed
ceramic samples. In the case of metallic materials, corrosion cou-
pons of various shapes and in some cases tensile specimens will be
exposed. After the exposure, research on the corrosion layers and
metal microstructure changes will be done. Tensile tests will be
performed on tensile samples.

Fig. 6. Active channel of the dismantled HTHL.

The set of holders and corrosion coupons is shown in Fig. 9. The
holder for tensile samples (Fig. 10A) and the ceramic cylindrical
samples (Fig. 10B) was designed and its fabrication is being
planned.

In addition to the testing of metallic and ceramic materials, tests
of the helium purification system and helium purity control are
planned. The experiments are planned to be aimed especially at the
separation of gaseous HTR impurities (see Table 1) and optimization
of the process of the separation by changing of parameters of
particular units of the purification system. Another planned activity
is the testing of helium systems' sealants for the industrial partner
MICo company (see (www.mico.cz and cit. 5.2.201, 2015) for details).

The above-mentioned activities were performed within the
framework of international projects supported mainly by the EU
within the 7th Framework Programme (FP7), and also within pro-
jects supported by the providers from the Czech Republic, espe-
cially the Technology Agency of the Czech Republic (TACR).
International project FP7 ARCHER is an example of such coopera-
tion (http://archer-project.eu/, 2013).

4. Other facilities for the research of gas-cooled reactors in
the Czech Republic

Within the framework of the above-mentioned projects, several
smaller facilities for research of technologies related to gas-cooled
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Fig. 7. Electric heater in the active channel of HTHL.

Fig. 8. Regeneration exchanger of HTHL.

reactors are coming into existence in the Czech Republic. Among
them is laboratory equipment for research on removing impurities
from helium, a facility to research the separation of radioactive
iodine from gas, and a facility for testing the membrane separation
of helium from a mixture of helium—nitrogen. Within the scope of
the SUSEN project (http://susen2020.cz/cit., 2014) work is under-
way on two other large helium loops. The HTHL2 loop will be used
to test materials in the research nuclear reactor LVR-15 in the
presence of neutron radiation. This loop is de-facto an improved
HTHL and has similar characteristics as those described in this
article. The other loop is called S-Allegro and it will serve to test
components of gas-cooled reactors. Maximal values of parameters
in this device should be:

e power 1 MW,

e temperature 900 °C,

e gas pressure 8 MPa,

e gas flow rate: 900—1800 kg/hr.

5. Conclusion

Table 1 . . . . The high temperature helium loop HTHL is a unique facility for
The concentration range of impurities in helium in HTR (Natesan et al., 2003).
research on advanced gas-cooled reactors. The parameters of the
Impurity The expected range of concentrations [ppmv] circulating gaseous medium in the HTHL approach the parameters
Hydrogen 20-500 in real reactors. HTHL is intended primarily for the testing of ma-
Water <10 terials and for research on the purification of the coolant. After the
Carbl:’n monoxide 1-300 successful trial operation of the loop, the first experiments are now
gergoar?zioxi de (2);?(1 o taking place. The device is intended for national and international
Nitrogen <15 R&D prpjects focu.sed on gas-cooled reactors. The original intent.ion
Oxygen <1 of moving the active part of the loop into the LVR-15 was set aside.
A new special loop will be built for that purpose.
Table 2
Ceramic materials to be tested in HTHL in 2015—2017 (www.estcom.cz cit. 1.3.20, 2013).
Ceramic material - designation Symbol Unit Luxal 203 (C 799) Lunit 73 (C 610) AG 202 (C 795)
Density Pa [g.cm~3] Min. 3.8 Min. 2.5 3.75
Flexural strength o [MPa] Min. 300 Min. 120 Min. 375
Average coefficient of linear thermal expansion 030-600 [105K~1] 7-8 5-6 6-8
Resistance to sudden temperature change AT [K] Min. 150 Min. 150 Min. 140
Electric strength kV.mm~! Min. 17 Min. 24 Min. 25
Content of Al,03 % hm. Min. 99.5 60 95
Internal electrical resistance for different temperatures Pv.30 [Q.m]
Pv.200 [Q.m] 102 10° 10"2
Pv,600 [Qm] 108 108 108

Proposed testing conditions in HTHL

900°C/7MPa/defined mixture of He containing minority compounds/1000 h

Table 3

Metal alloys to be tested in HTHL in 2015—2017 (Natesan et al., 2003; Material datasheets).
Alloy C Cr Ni Co Mo Ti Al Fe More Proposed testing parameters in HTHL
800H 0.08 20.1 317 -— 03 04 04 Bal - 760°C/7MPa/defined mixture of He containing minority compounds/1000 h
N 155 022 20 19 185 25 -— - Bal. W2 Nb+Tal.Mn1 900°C/7MPa/defined mixture of He containing minority compounds/1000 h
Inconel 738 0.11 16 Bal 9.0 2 - 34 - W 2.6, Ta2,Nb 0.9
Inconel 713 0.03 11 Bal 1 38 05 55 05 Nb-+Ta:25




S17 (7)

162 J. Berka et al. / Progress in Nuclear Energy 85 (2015) 156—163

Fig. 9. Set of the holder and corrosion samples before the exposure in HTHL.

Fig. 10. Design of the sample holder: A — for tensile samples, B — for ceramic cylindrical samples.
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AGR Advanced Gas Reactor

BWR Light Water Boiling Water Reactor
FBR Fast Breeder Reactor

GCR Gas-Cooled Reactor

GFR Gas-Cooled Fast Reactor
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HTHL  Experimental High Temperature Helium Loop
HTR High Temperature Reactor

HTRG  High Temperature Gas Reactor
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VHTR  Very High Temperature Reactor
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Abstract Energy by-products from the co-combustion of
municipal solid waste with coal or biomass are monitored
only in terms of oxides; the amount of metallic aluminium
is not determined. When these energy by-products are
deposited at landfills, the alkali metal compounds in
landfill bodies undergo reactions with aluminium in the
presence of water. This leads to the formation of hydrogen
and its possible bioconversion into methane. The article
summarises the findings of the possible development of
methane and hydrogen from the ashes of 11 items of typ-
ical municipal waste containing aluminium, burned in
power plants, which are then landfilled. The assessment of
the new information on aluminium-waste reactions in
landfill bodies and the metabolism of some bacteria may
give rise to a new theory of the formation of the biome-
thane contained in the landfill gas.

Keywords Biomethane - Aluminium - Waste

Introduction

Geogenic gases are gases that originated in the past, and
continue to form, on our planet. These methane-containing
gases include also landfill gas.

The current explanation of the formation of landfill gas,
comprising carbon dioxide as well as methane, is purely
biogenic, which is essentially in agreement with the
organic theory of natural-gas formation.
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Abiogenic theories of the formation of landfill gas
including methanogenic processes, which may take place
in landfills in the presence of inorganic components, have
not yet been published.

The essential condition for the biogenic origin of natural
gas (methane) is the availability of sufficient quantities of
the organic substrate, which, under the influence of
numerous biogenic factors, anaerobically converts into oil
and natural gas. A significant increase in organic matter on
the Earth may be supposed as late as ca 0.7-1.10° years
ago, when oxygen appeared in the Earth’s atmosphere in
the amount of >1 vol. %. This enabled the development of
aerobic processes and the protection of higher organisms
from UV radiation [1, 2]. Therefore, it is also argued that
pre-Cambrian sediments contain hardly any oil. On the
other hand, Cenozoic sediments provide approximately
50 % of global oil and natural-gas reserves, late Mesozoic
(Cretaceous) sediments ca 18 % and those from the
Permian and Carboniferous Periods about 15 %. Of course,
besides prehistoric plant debris accumulated in water-
courses, sea bays, etc., also plankton and dead animal
remains have contributed to the formation of organic
sediments.

We can mention further basic arguments connected with
the biogenic theory of natural-gas formation. The main oil
and natural-gas deposits are situated in sedimentary rocks
in which hydrocarbons have been identified as well. Oil
and natural-gas deposits have only been found under cer-
tain geological conditions. In oil and organic substances of
sedimentary rocks, organic substances called biological
markers have been identified. These formed earlier in
organic living organisms.

It has been confirmed by an analysis that the ratio of
carbon isotopes '*C and '*C is similar in oil and natural gas
and in necromass, the original organic substance from
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Fig. 1 A simplified schema of the microbial formation of biogas.
F fermentation, A acetogenesis, M methanogenesis

which oil and natural gas have developed. Nevertheless,
the ratio of the amount of these isotopes in atmospheric
carbon dioxide and in sedimentary carbonates is diametri-
cally different.

The stages of organic-substance conversion during nat-
ural-gas formation, including syngenesis, diagenesis, cat-
agenesis, metamorphism and numerous other stages
respecting the local thermodynamic and catalytic geo-
chemical or enzymatic conditions, are described for
instance in [2].

A simplifying general schema of the conversion of
organic matter into methane, including the application of
hydrogen in the reaction schema, is shown in Fig. 1 [3]. It
is clear from it that, in accordance with the existing views,
hydrogen is of biogenic origin.

The metabolism of methanogenic communities depends
on many factors related to the anaeorobic character of the
environment, temperature, humidity, the sources and
structure of organic carbonaceous substances, the sources
of energy, symbiosis with other, mainly acidogenic bacte-
ria, pH environment, concentration, the presence of toxic
elements, the amount of NHj3, etc. [4-7]. According to [8],
three strains of methanogens—Methanobacterium, Met-
hanosarcina and Methanococcus—are active during these
processes.

Apart from the classical theories of the purely biogenic
or abiogenic origin of natural gas, there is also a theory of
the abiogenic—biogenic origin of methane, i.e. natural gas
as well, founded on the knowledge available now [9]. The
theory may be reached through the following
considerations.

Bacterial cellular metabolism includes subsequent and
interconnected processes of energy acquisition and pro-
cesses that use this energy for the syntheses of organic
substances.

Since the basic building block of organic molecules, i.e.
also methane forming the essential component of natural
gas, is carbon, the decisive factor for synthetic processes is
the source of carbon.

Based on the source of carbon utilised by organisms in
metabolism, these are divided into lithotrophic (derived
from Greek lithos = ‘rock’ and troph = consumer), i.e.
those that obtain carbon from carbon dioxide (anorganic
components), and organotrophic, i.e. those that obtain
carbon from organic compounds regardless of the fact
whether the carbon acquired is incorporated into the par-
ticular organism or is excreted (exhaled) from the meta-
bolising organism, e.g. in the form of gaseous methane
(methanogenic bacteria).

According to the method of energy acquisition, organ-
isms are classified into phototrophic, converting solar
energy into the energy of chemical bonds, and chemo-
trophic, which acquire energy through the oxidation of
organic or anorganic substances. Since methane, which is
the subject of this consideration, is formed in the envi-
ronment without solar radiation, only chemolithotrophic
bacteria may be considered for the abiogenic—biogenic
theory of the formation of natural gas.

The abiogenic—biogenic anaerobic processes participat-
ing in the formation of methane are characterised by the
fact that the source of carbon is its inorganic form—carbon
dioxide produced by the thermal decomposition of car-
bonates—and the bacteria producing methane (natural gas)
acquire the energy necessary for the metabolism from the
oxidation—reduction reactions of inorganic substances, i.e.
chemolithotrophically. For the production of such an
organic substance as methane, a living organism thus needs
only suitable inorganic components, e.g. CO,-saturated
water and an oxidisable inorganic rock are sufficient.
Besides bacteria, this type of metabolism may be found
also with archaeobacteria, which are the remains of the
earliest developmental stages of living organisms, a special
evolutionary branch manifested by significant biochemical
deviations from the other microorganisms as well as higher
living organisms.

Methanogenic archaeobacteria obtain their energy
through the oxidation of hydrogen (donor) by oxygen from
CO; (acceptor). Both of these components may very easily
originate in the magmatic layer of the Earth by the
decomposition of such inorganic components as water and
carbonates. In simplified terms, the formation of methane
may be chemically described by the reaction:

4H, + CO, — CHy4 + 2H,0 + energy. (1)
The formation of hydrogen in landfill bodies from
inorganic components (except for water) and the possible

related methanogenic origin of methane are not studied in
the professional literature.

@ Springer



260

S18 (3)

J Mater Cycles Waste Manag (2016) 18:258-262

Burette
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Fig. 2 Experimental apparatus

Materials and methods

The laboratory apparatus used for the experimental mea-
surement is depicted in Fig. 2. It consists of a glass tube
(burette) with volume of 0.1-11, a glass vessel and a
reaction bulb with volume 1 1. Samples of washed and
dried packaging materials at 105° C, which contained
aluminium (municipal waste), were repeatedly burned
before measurement in an electrically heated furnace at
850° C in a platinum crucible. Combustion of the sample
was carried out in the presence of air. The volume of the
heated space was 2 1. Weight of combusted waste was
between 1 and 5 g. Combustion time lasted 2 h. Subse-
quently, the combustion product obtained was placed into a
bulb. This was later complemented by a water extract of a
mixture of ashes from biomass (wood, straw, garden col-
lection, etc.) of a pH of >9.5. The reaction of aluminium
with an alkali solution produced gas, which was captured in
the glass tube (burette).

The burette was immersed in a large glass vessel (1 1),
which functioned as a water seal against gas leakage. The
gas, which had been formed by the reaction of an alkali
solution with aluminium, pushed water out of the burette
into this glass vessel.

Since the gas sample was a product of the reaction of
individual reactants in an aqueous medium, it could be,
thanks to an overpressure in the sampling vessel, moni-
tored, drawn by a gas-tight syringe directly through the

@ Springer

septum and injected into a chromatograph. It was an HP
6890 gas chromatograph equipped with two independent
channels to determine permanent gases (using a thermal
conductivity detector). After the separation of carbon
dioxide, permanent gases were separated on the HP Plot
Molsieves 5A column (30 m x 0.53 mm) with a film
thickness of 50 um. Carbon dioxide was separated on the
HP-PLOT Q column (30 m x 0.53 mm) with a film
thickness of 40.0 um. Organic substances were separated
on a Restek RT-Alumina column (50 m x 53 mm) with a
film thickness of 50 pum. The temperature programme
began at 70 °C with a dwell of 7 min, followed by an
increase to 90 °C at a rate of 10 °C/min with a zero dwell
and an increase to 200 °C at a rate of 20 °C/min with a
dwell of 7 min. The analytical system used in the current
connection was able to determine hydrogen, oxygen,
nitrogen, carbon dioxide, carbon monoxide, methane, eth-
ane, ethylene and acetylene, propane, propene, propyne,
cyclopropane, propandiene, C, hydrocarbons (including
cyclic and unsaturated forms) etc.

Materials

The packaging of aluminium-containing materials, which
is commonly disposed of in municipal waste containers,
has been selected for this work. During waste treatment, or
its transformation into solid alternative fuels, this packag-
ing is not separated.

The testing of the reactivity of individual packaging
materials

After the ashes from the burnt packaging were weighed and
placed into the bulb—see Fig. 2, a water leach from a
mixture of ashes and biomass of a pH of >9.5 was added to
them in such a way that the remaining air in the space
above its surface in the flask would be reduced to a mini-
mum. After the flask was closed and connected with the
burette by means of a tube, the volume of the gas generated
in time was monitored. This was followed by gas-chro-
matographic analysis of the generated gas. Gas contained
the remains of the air. The values obtained were converted
to state the absence of air.

Results and discussion

The combustion of solid alternative fuels, municipal wastes
or their co-combustion with coal or biomass in furnaces
produces various solid energy by-products (ash, fly ash,
cinder). Nevertheless, the temperature conditions in these
furnaces are not sufficient for the perfect oxidation of
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Fig. 3 Waste-packaging thermogravimetry

Table 1 The volume of hydrogen produced by the combustion of
waste under laboratory conditions

Packaging Weight Ash Hydrogen Methane
weight volume volume
® ® om* om*

Butter packaging 4.40 1.21 1.44 0.36

‘Zott’ coffee cream lid  1.00 0.12 0.08 0.02

3 blister packs 7.09 1.15 1.14 0.29

8 pieces of ‘Ferrero 2.86 2.29 2.79 0.70
Rocher’ wrapping

‘Actimel’ Danone lid 0.14 0.13 0.10 0.03

‘Café Davidoff” lid 0.26 0.18 0.16 0.04

‘Zitronensaft’ 0.42 0.15 0.17 0.04
packaging

‘Diffusil” repellent 21.10 19.5 24.0 6.00
spray, 150 ml

‘Canesten’ cream 3.13 2.96 2.48 0.62
packaging

‘Irish Butler’s’ coffee 0.90 0.36 0.39 0.10
stick packaging

‘Cinzano Francesco’ 291 2.79 1.63 0.48
vermouth cover

Total sum 44.21 30.84 34.68 8.67

* Laboratory conditions (20 °C; 101 325 Pa)

aluminium composites all the way to aluminium oxide.
Aluminium is converted here only into diverse solid pro-
ducts mainly in the form of metallic aluminium, some
Al4C3, or various sintered fly ashes (e.g. Aly 645113600968,
Na(AlSi30)g). These crystal components have been iden-
tified by X-ray diffractometer—Panalytical X Pert.

This is demonstrated by the course of the thermogravi-
metric curves of various packaging materials—two blister
packs and kitchen tin foil. When these substances are
heated up to 900 °C, the share of the undestroyed substance

was very high. As arises from the Fig. 3, there is hardly any
weight loss in the case of the food aluminium foil (sample
3). The weight loss in the case of the blister packs (samples
1 and 2) was ca. 13 wt. %, which probably corresponded to
the destruction of the colours used and the thin packaging
plastic layer.

The volume of the hydrogen produced by the combus-
tion of selected packaging forming a common part of
municipal waste is listed in Table 1, which also shows the
volume of the methane that would form from the given
hydrogen volume by the effect of bacteria according to the
schema in Fig. 1.

Energy by-products from the co-combustion of solid
municipal waste with coal are monitored only in terms of
oxides; the amount of metallic aluminium is not deter-
mined. When these energy by-products are deposited at
landfills, the alkali metal compounds in landfill bodies
undergo reactions in the presence of water. The alkali
metal salts of weak acids and their oxides contained in the
ashes produce hydroxides, which further react with alu-
minium while yielding hydrogen and soluble hydroxo
complexes [10, 11]:

2Al + 2KOH + 6H,0 — 3H, + 2K [Al(OH),], (2)
2Al + 2NaOH + 6H,0 — 3H, + 2Na[Al(OH),], (3)
2Al + 6H,0 — 2AI1(OH),+3H,. (4)

The hydroxo complexes further decompose while pro-
ducing hydroxides, which again may react with aluminium

K[AI(OH),] — KOH + Al(OH),, (5)
Na[Al(OH),] — NaOH + Al(OH);. (6)

According to reactions (2)—(4), the forming hydrogen
may enter the biosynthesis process shown in Fig. 1, which
results in biomethane. A similar reaction mechanism may
be applied also in the landfill deposition of the packaging
waste components that had not been thermally destroyed.

In this connection, it needs to be emphasised that mainly
potassium is a natural part of biomass as well as an
essential component of many fertilisers (nitrogen, phos-
phorus, potassium).

By means of repeated X-ray diffractometer analyses of
ashes obtained from the monitored packaging, we have
further established that also carbide forms in small amounts
under the thermodynamic conditions of the combustion of
municipal wastes in various common aluminium-contain-
ing stationary sources of waste because of their properties
related to the presence of combustible organic substances.
Therefore, it is likely that methane will form in the sub-
sequent deposition of the fly ash from solid alternative
fuels, or aluminium-containing municipal wastes, accord-
ing to the reaction [10]:

@ Springer
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Al4Cs 4+ 12H,0 — 3CHy + 4A1(OH)3. (7) References
1. Price EC, Cheremisinoff PN (1981) Biogas production & utili-
zation. Ann Arbor Science Publishers, Michigan
Conclusion 2. Hunt JM (1979) Petroleum Geochemistry and Geology. W.H.

From the experimental and theoretical knowledge pre-
sented, it may be concluded that one of the possible
processes of the formation of methane, the basis of
biogas, is also a manifestation of the metabolism of the
bacteria that use the hydrogen produced in the reaction
of aluminium with alkali hydroxides, i.e. from inorganic
material. This process may be described as biogenic—
abiogenic. The methane contained in landfill gases hence
does not necessarily have to be an outcome of the
anaerobic ~ biogenic  decomposition  of  various
biomaterials.

It arises from the results that 1 kg of the monitored
municipal-waste materials represented in the landfill in a
weight ratio corresponding to Table 1, produces on average
0.8 m> of hydrogen in the landfill body. In the subsequent
hydrogen methanation, 1 kg of the mixture of the wastes
monitored leads to the formation of approximately 0.2 m*
methane.
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Uvod

Dle smérnice Rady EU 1999/31/ES z 26. 4. 1999
o skladkach komundlnich odpadii je jednotlivym statim
EU ukladano mimo jiné vypracovat narodni strategii
k omezeni ukladani biologicky rozlozitelného odpadu na
skladky'. Jednim z diivodu tohoto opatieni je skutetnost,
ze vysledkem probihajicich konverznich déjii ve skladko-
vych télesech je tvorba bioplynu obsahujictho az 75 %
CH,4 a 25 0bj.% CO,. Obé tyto komponenty predstavuji

Laboratorni pfistroje a postupy

plyny s vyraznymi sklenikovymi projevy’. Cilem pozado-
vana strategie je snizeni hmotnosti biologicky rozloZzitelné-
ho odpadu deponovaného na skladkach v roce 2009 na
50 % mnozstvi deponovaného v roce 1995, resp. v roce
2016 na 35 % mnozstvi deponovaného v roce 1995. Na
skladkovani komunalnich odpadii obsahujicich hlinik se
tato smérnice pifimo nezaméiuje.

Vyvoj produkce odpadu v CR v letech 2002 az 2014
je uveden na obr. 1 (cit.”). Dle udaji Informacniho systé-
mu o odpadech CSU mnozstvi odpadu v CR ¢&inilo v roce
2014 cca 23,7 mil. tun, mnozstvi komunalniho odpadu
z podnikd ¢inilo 0,88 mil. tun, z obci 3,3 mil. tun. Porov-
nani jednotlivych zplisobli nakladani s odpady v roce 2014
je uvedeno na obr. 2 (cit.?).

Za biologicky rozlozitelny komunalni odpad ve smys-
lu Smérnice ES je povazovan odpad, ktery je schopen roz-
kladu mikroorganismy za anaerobnich nebo aerobnich
podminek. Tyka se to potravinafskych odpadl, odpadi
z potravinarskych vyrob, zbytkli ze zpracovani masa a ryb,
odpadii z kuchyni a restauraci, z prodeje potravin, atd. Dle
Smérnice ES o skladkovani jsou za biologicky rozlozitelné
odpady ze 100 % povazovany zahradni odpady, noviny,
kartony a lepenky.

Pro vyhodnoceni mozného mnozstvi unikajicich
skladkovych ¢i reaktorovych bioplynii z biologicky rozlo-
zitelnych odpadt se pouziva cela fada modeld odvozenych
z teoretickych a praktickych poznatki. Pro skladkové pro-
cesy s cilem vyhodnotit ¢asovy vyvoj skladkovych plyni
lze napi. aplikovat poznatky Reese’, Rettenbergera®
a Stegmanna a spol.”. Podrobné porovnani jednotlivych
metod je uvedeno i v praci Straky a spol.®.
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Obr. 1. Vyvoj produkce odpadii v letech 2002 az 2014 (cit.’)
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Obr. 2. Zpuisoby nakladani s odpady v roce 2014 (cit.”)

Vyraznou dominantou komunélnich odpadd jsou ma-
terialy obsahujici hlinik. Mezi tyto materialy patii i uzave-
ry lahvi lihovin. Jejich vytfidéni a recyklace je vzhledem
k charakteru a hmotnosti téchto drobnych predméti
v soucasnosti ekonomicky nevyhodné. Proto jsou tyto
odpadni komponenty skladkovany. Jejich spalovani
v béznych topenistich problém nefesi, protoze hlinik, ktery
je v nich obsaZen, neni zoxidovéan na oxid. Navic pfi spa-
lovani téchto odpadl byly zaznamenany nezadouci skutec-
nosti spojené i s vybuchy’. Vznik bioplynu z anorganic-
kych podili komunalnich, resp. i primyslovych odpadd
prace’ ® nezahrnuji.

Teoretické vztahy
Pro odhad mnoZstvi sklenikovych plynti vznikajicich

pri anaerobnim rozkladu odpadnich organickych latek se
napf. pouzivd obecnd stechiometrickd rovnice Symonse

Laboratorni pfistroje a postupy

a Buswella'® vypracovana pro organické latky o suméarnim
vzorci C,H,0., kde indexy x, y, z pfedstavuji pocty atomil
jednotlivych prvki. Symons a Bushwell pii vyhodnoceni
uplné oxidace organické latky probihajici podle vztahu:

CH,0.+1n 0,— x CO,+74H,0
kden =2x+y/2 -z

Na zéklad¢ rovnice (/) dospéli k obecné stechiome-

trické rovnici vniku methanu:

CxHyOz + (x_y/4_ Z/Z) HZO g (x/2+y/8_ 2/4) CH4 +

+ ("%t 7) CO, 2
Tuto rovnici je vSak mozné vyuzit i k obecnému posouzeni
vzniku mnozstvi sklenikovych plynu pti skladkovéni od-
padnich biomaterialar'’.

Transformaci anorganicky védzanych komponent ve
skladkéach na methan tyto vztahy taktéz nezahrnuji. K jeho
vzniku z anorganickych komundlnich odpadii obsahujicich
hlinik I1ze dospét nasledujici tivahou.

Pti skladkovani pevnych produktii ze spalovéni riz-
nych typa paliv, resp. biomasy a fady dalSich se uplatiuji
ve skladkovych télesech za pfitomnosti vody reakce slou-
¢enin kovi, které maji alkalicky charakter. Ze soli alkalic-
kych kovu slabych kyselin a jejich oxidi zde vznikaji hyd-
roxidy, které dale reaguji s hlinikem za vzniku vodiku
a rozpustnych hydroxokomplexd, a to dle reakci:

)

2 Al+2 KOH + 6 H,0 — 3 H, + 2 K[AI(OH).] 3)
2 Al+2NaOH + 6 H,0 — 3 Ho+ 2 Na[AI(OH),] (4
2 Al+ 6 H,0 — AI(OH), + 3 H, (5)

pricemz hydroxokomplexy se dale rozkladaji za vzniku
hydroxidu, které mohou znova reagovat s hlinikem:

K[AI(OH)4] — KOH + Al(OH); (6)
Na[Al(OH),] — NaOH + Al(OH); (7)

Vznikajici vodik podle reakci (3) — (5) poté muze
vstupovat do velmi rozsahlého skladkového biosyntézniho
procesu schematicky uvedeného na obr. 3, jehoz vysled-
kem je biomethan dle reakce:

Obr. 3. Zjednodusené schéma mikrobialni tvorby bioplynu®, F — fermentace, A — acetogenese, M — methanogenese
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4H2+C02—>CH4+2H20 (8)

Rychlost uvedenych reakci se zvySuje se stoupajici
teplotou. To se bude uplatiiovat i ve skladkovych télesech,
kde teplota v fad& pripadii dosahuje 50 °C (cit.*), pri¢emz
za optimalni teplotu hydrogenotrofnich methanogent se
povazuje 60 °C (cit.'?).

Metabolismus methanogennich spolecenstev uplatiiu-
jicich se v tomto procesu je zavisly na fadé podminek sou-
visejicich s anaerobitou prostiedi, teplotou, vlhkosti, zdroji
a strukturou organickych uhlikatych latek, symbidzou
s jinymi, zejména acidogennimi bakteriemi, pH prostiedi,
koncentraci toxickych prvkd, mnozstvim NHj, atd. 1318,
Dle Straky® z rozpoznanych druhii methanogenti zde jasné
prevazuji kineticky rychlejsi hydrogenotrofy, u kterych
u substratovych pozadavkil jasné prevazuji vodik a oxid
uhlicity.

Pomineme-li pro zjednoduSeni v nasledujici uvaze
methanotrofni a oxida¢ni procesy v hornich partiich sklad-
ky, potom sklddkovy plyn obsahujici methan ze skladko-
vého télesa volné difunduje do ovzdusi.

V zemské atmosféte se methan uplatiuje jako znecis-
tujici plynna komponenta s vyrazné hor$im sklenikovym
efektem nez oxid uhlicity. Pro celkovy vliv skladkového
plynu difundujiciho ze skladky do volného ovzdusi obsa-
hujiciho CO, a CH,4 vyjadiujici jeho celkovou radiacni silu
v prepoCtu na relativni radia¢ni silu oxidu uhli¢itého je
nutné mnozstvi methanu vzhledem k jeho efektivité ab-
sorpce a zivotnosti v atmosféte potfebné vynasobit koefi-
cientem 21 (cit.").

Tabulka I

Laboratorni pfistroje a postupy

Experimentalni ¢ast
Charakteristika vzorka

Sledovanymi odpady v tomto sdéleni bylo dvanact
typickych obalovych kompozitnich materiali obsahujicich
hlinik pouzivanych bézné k uzavéru lahvi s napoji obsahu-
jicimi ethanol, které jsou po pouziti bézné deponovany na
skladkach. Jejich genese je zfejma z tab. 1.

Modelovani vyvoje vodiku

Sledované obaly uzavérti byly postupn€ po zvazeni
vlozeny za laboratorni teploty do modelové aparatury zna-
zornéné na obr. 4. K jejich modelové ,,destrukci® zde byl
pouzit roztok 0,1 moll' KOH. Vznikajici vodik
(analyzovéano na plynovém chromatografu s tepeln€ vodi-
vostni detektorem) byl jiman do rizné velikych kalibrova-
nych nadob a to podle hmotnosti vloZeného odpadu.

Pro ovéfeni vlivu teploty na rychlost vyvinu vodiku
ze skladkovanych materialti byly tyto materidly podrobeny
stejnému procesu za teploty 60 °C, tj. teploty uplatiujici se
ve skladkovych télesech'®. Ve viech sledovanych piipadech
byl prokazan az desetinasobné rychlejsi vyvin vodiku.

Ziskané vysledky jsou sestaveny v nasleduji-
cich ptehlednych tabulkach, ve kterych je uveden vedle
zaznamenaného objemu vodiku vypocteny objemu metha-
nu, ktery z daného objemu vodiku bakteridlné ve skladce
vznikne (tab. I). V navazujici tab. Il je uveden piepocet
téchto dat na 1 kg téhoz odpadu. Pro porovnani vlivu an-
tropogennich emisi methanu v pfepoctu na identickou
relativni absorpéni silu oxidu uhli¢itého v ovzdusi vznika-

Objem vznikajiciho vodiku a methanu z odpadil obsahujicich hlinik

Obal Hmotnost [g] Vodik [1]* Methan [1]*
Uzavér hrdla vina ,,Touraine Val de Loire®“ —11 1,19 0,94 0,24
Uzavér hrdla vermutu ,,Cinzano Francesco®“ —1 1 2,91 1,63 0,41
Uzavér hrdla vina ,,Znovin Znojmo* — 0,75 1 0,98 1,08 0,27
Uzavér hrdla Sumivého vina ,,Bohemia Sekt“— 11 2,20 1,32 0,33
Uzavér hrdla slivovice ,,Slivka jubilejna“— 0,7 1 3,55 4,57 0,86
Uzavér hrdla lahve skotské whisky ,,Higland Park* — 0,7 1 1,84 1,24 0,39
Uzavér hrdla lahve skotské whisky ,,Red Label“— 11 2,30 2,94 0,74
Uzavér hrdla lahve tuzemsky rum ,,Bozkov* - 0,51 3,22 3,93 0,98
Uzavér hrdla vermutu ,,Martini Bianco“ — 11 1,76 2,06 0,52
Uzavér hrdla vina ,,Hardys“ — 11 4,00 5,02 1,25
Uzavér hrdla bylinného likéru ,,Becherovka™ — 11 2,83 3,72 0,93
Obal hrdla piva ,,Pilsner Urquell”“ — 0,5 1 0,33 0,47 0,12
PRUMER 2,26 2,41 0,59

* Laboratorni podminky
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kadinka s vodou

baiika s odpadem
zalitym louZicim roztokem

/

termostatovana
lazeii

Obr. 4. Laboratorni modelova aparatura

jictho ze spalovani hnédého uhli, je vtab.IIl uveden
i modelovy pfepocet na hmotnost bézné spalovaného hné-
dého uhli v lokalnim topenisti (22 hm.% vody; 25 hm.%
popele; 50 hm.% uhliku v hoflaving).

Tabulka II
Data v prepoctu na 1 kg odpadu

Laboratorni pfistroje a postupy

Diskuse vysledkii

To, Ze vyvin vodiku pfi reakcich z odpadnich uzavéri
lahvi alkoholickych népojl obsahujicich hlinik ukladanych
na riznych typech skladek s alkalicky reagujici vodou neni
pouze teorie, ale skutecné k nému dochazi, se experimen-
talné potvrdilo. Hmotnost obalii se pohybovala od 0,3 do
4 g, resp. primérnd jejich hmotnost byla 2,3 g. Mnozstvi
vznikajiciho vodiku se pohybovala oblasti od 0,4 do cca
5 litri, primérny objem vznikajiciho vodiku byl 2,4 litrt.
Primérné z jednoho gramu sledovaného typu odpadu vzni-
kalo 1,07 litrii vodiku. Z tohoto objemu lze usuzovat, ze
methanogenné bakteridlné mtze ve skladce vzniknout az
0,26 litrt methanu.

Nejvetsi objem vodiku byl zaznamendan pro obal uza-
véru lahve vina ,,Hardys“. Nejmensi objem vznikajiciho
vodiku ve skladkovych télesech byl zaznamendn u obalu
uzavéru piva ,,Pilsner Urquell®. V tomto ptipad¢ je sledo-
vany obal ale spiSe dekorativniho charakteru, nikoli uzi-
vér. Ten je na bazi Zeleza.

Pfepocteme-li data tab. II na 1 kg daného odpadniho
materialu, potom se objem vznikajiciho methanu pohybo-
val od 141 do 330 litrd. Primérna hodnota Cinila 2594
litrG. Pocet kust sledovanych odpadnich uzavérta odpovi-
dajicich 1 kg odpadu se pohyboval od 250 do 2738 kust.
Primérné ¢inil 678 kusa.

Budeme-li pfedpokladat, ze kazdy obyvatel EU, kte-
rych bylo v roce 2013 dle Eurostatu 506,7 miliond (cit."?),
vyhodi primérné 2 uzdvéry tydné, bude mnozstvi téchto
typt komunalnich odpadd ro¢né predstavovat 5958 tun.
Z tohoto mnozstvi ve skladkach vznikne 1545 m® methanu

Obal Pocet Objem Objem CO, Hnédé
ks methanu [1]* [ uhli [kg]
Uzavér hrdla vina ,,Touraine Val de Loire™ — 11 840,3 201,7 42353 6,14
Uzavér hrdla vermutu ,,Cinzano Francesco™ — 11 343,6 140,9 2 958,8 4,29
Uzavér hrdla vina ,,Znovin Znojmo* — 0,75 1 1016,2 274.4 5761,6 8,35
Uzavér hrdla Sumivého vina ,,Bohemia Sekt“ — 11 454.5 150,0 3150,0 4,57
Uzavér hrdla slivovice ,,Slivka jubilejna“ — 0,7 1 281,7 2423 5087,3 7,37
Uzavér hrdla lahve skotské whisky ,,Higland Park® — 0,7 1 543,5 212,0 4451,1 6,45
Uzavér hrdla lahve skotské whisky ,,Red Label“ — 1 1 4333 318,5 6 688.4 9,70
Uzavér hrdla lahve tuzemsky rum ,,Bozkov* — 0,5 1 310,4 305,2 6 408,8 9,29
Uzavér hrdla vermutu ,,Martini Bianco“ — 11 568,0 2954 6202,6 8,99
Uzavér hrdla vina ,,Hardys*“ — 1 1 250,3 313,8 6 590,6 9,55
Uzavér hrdla bylinného likéru ,,Becherovka™ —11 3534 3289 6907,3 10,00
Obal hrdla piva ,,Pilsner Urquell“— 0,5 1 2737,8 330,1 6931,2 10,04
PRUMER 677.8 259,4 54478 7,9

* Laboratorni podminky
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(pri tlaku 101 325 Pa; 20 °C). Relativni radiacni sila me-
thanu bude odpovidat 6182 m’ oxidu uhli¢itého. Toto
mnozstvi bude potom odpovidat 47 t spaleného hnédého
uhli.

Zavér

Ze ziskanych poznatki lze opravnéné usuzovat, ze pti
skladkovani komunalnich i primyslovych odpadt obsahu-
jicich hlinik jednim z uplatiujicich se abiogennich-
biogennich procesi je vznik methanu tvoficiho zaklad
skladkového bioplynu. Hlinik se pifi té€chto procesech
uplatiuje jako zdroj vodiku, ktery se dale i¢inkem bakterii
a bakteridlni Cinnosti vzniklého oxidu uhli¢itého
z organickych odpad transformuje na methan. Ten
v ptipadech, kdy neni sklddka odsavéana, difunduje do vol-
ného ovzdus§i. Zohlednénim radia¢ni sily methanu
v pfepoctu na relativni radiacni silu oxidu uhlic¢itého ziska-
me velice negativni data o vlivu skladkovani odpadii obsa-
hujicich hlinik na sklenikovy efekt. Dosavadni poznatky
o vzniku methanu ve skladkovych télesech lze tedy rozsitit
o abiogennich piivod — o anorganické materialy obsahujici
hlinik.
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The paper is focused on generation of biomethane
from disposed aluminum containing waste. We show that
significant amount of biomethane is generated in landfill
bodies due to the presence of aluminum. To demonstrate
this, we analyzed typical chemical reactions of aluminum-
containing bottle caps contained in dumps using the
knowledge on metabolism of methanogenic bacteria
strains. In the reactions, aluminum serves as a source of
hydrogen that is further used in the metabolism of bacteria
which convert carbon dioxide generated from organic
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ronment. The assessment of the influence of this gas on the
greenhouse effect shows a strong negative impact of alu-
minum waste disposals on the environment.
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The research including two sorbents produced by the activation of quicklime, transforming calcium oxide into cal-
cium hydroxide and calcium carbonate proved by means of a reactor with a static layer that temperature signif-
icantly limits their chemisorption reactivities during the capture of sulfur dioxide from boiler flue gas from coal
combustion and biomass co-combustion or sorted municipal flues and brown coal. An increased desulfurization
reactivity was demonstrated with a product with a lower hydroxide and higher carbonate content. Its sorption
activity was proven to be significantly higher at 110 °C than at 130 °Cand 150 °C. The desulfurization was getting
stronger with the decrease of the difference of Sorbacal application temperature to the dew point of flue gasses.

© 2013 Elsevier B.V. All rights reserved.

1. Introduction

A sharp global increase in power consumption is closely tied to an
increase in the emission of air pollutants coming from fossil-fuel, mainly
coal combustion. Coal deposits are accompanied by various amounts of
the compounds of sulfur, which during coal combustion changes mostly
into sulfur dioxide, partially into trioxide and to a lesser degree binds to
solid combustion residues (fly ash and slag) [1]. The share of the sulfur
bound in fly ash and slag depends not only on the character of the ash
matter in the coal but also on the combustion technology. The combus-
tion processes occurring at lower temperatures (e.g. fluid boilers)
usually bind more sulfur in the solid residues than boilers burning
coal at higher temperatures (e.g. melting or granulation boilers) [2].
The measurements carried out on granulation boilers burning Czech
brown coals, whose ashes have a predominantly acidic character (a
SiO, content of ca 50 wt.%), demonstrated that 95% of sulfur contained
in coal passes into flue gas and only a small sulfur amount (ca 5%) binds
to solid flue energy products.

Sulfur dioxide has a negative impact not only on the environment
but also on human health. After some time, it transforms as a result of
a photochemical or catalytic reaction into sulfur trioxide, which is
subsequently hydrated by air humidity into sulfur-dioxide aerosol.
The reaction of sulfur dioxide with the alkaline particles present in
the air leads to the production of sulfates. A lack of alkaline particles
in the air results in precipitation-water acidification. This is how sul-
fur oxides along with nitrogen oxides form the so-called acid rain [3].

* Corresponding author. Tel.: 4420 22044 4073.
E-mail address: Tomas.Hlincik@vscht.cz (T. Hlincik).

0378-3820/$ - see front matter © 2013 Elsevier B.V. All rights reserved.
http://dx.doi.org/10.1016/j.fuproc.2013.01.018

The possibilities of how to limit sulfur-oxide emissions during
combustion processes are [4-6]:

« absolute reduction of fossil-fuel consumption;

« substitution of sulfur-containing fuels with low- or no-sulfur fuels;
« fuel desulfurization;

« flue-gas desulfurization.

Although sulfur contained in fuel passes into flue gas predominantly
as sulfur dioxide, namely in concentrations much lower than hydrogen
sulfide, which is produced in fuel desulfurization, flue-gas desulfuriza-
tion processes are among the most widespread methods of SO, emis-
sion control. There are several reasons. Most flue-gas desulfurization
processes may be included at the very end of the combustion process
without it being necessary to intervene in the production. The desulfur-
ization process does not have a negative impact on the actual electrical
energy and heat production. Flue-gas desulfurization is less expensive
than coal desulfurization. Another reason is the obvious fact that most
flue-gas desulfurization technologies are much less dependent on the
properties of the fuel being burned than the known methods of its
desulfurization, and therefore flue-gas desulfurization processes are
more universal.

2. Flue gas desulfurization

Based on phase reactions, the processes are essentially divided
into so-called “wet” and “dry” methods (or semi-dry methods). Wet
processes include sulfur-dioxide elution with aqueous solutions of
the most frequently alkalically reacting substances, dry processes
then the sorption and catalytic processes occurring on solid sorbents
or catalysts at temperatures above 100 °C. The dry method of flue-gas
desulfurization with lime or dolomite consists in the solid phase-gas
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heterogeneous reaction, which occurs at high temperatures [7,8]. This
process may be applied to powder- or fluid-boiler flue-gas desulfuriza-
tion. The process comprises the following reactions: Lime calcinations,
occurring at temperatures above 850 °C:

CaC0,—Ca0 + CO,. (1)

Two phases of SO, occurrence happen at temperatures above 600 °C.
First at the surface of CaO:

Ca0 + S0, —CaS0;. ()
This is followed by a fast reaction of CaSOs oxidation:
4CaS05;—3CaS0, + Cas, (3)

which is followed by the oxidation of calcium sulfide to calcium sulfate
[9-11]. Also here the CaS is oxidized to CaSO4:

Cas + 20,—CaS0,. (4)

When lime is used in fluid boilers, it is possible to achieve a longer
dwell time in the fluid layer and hence also a better calcine reaction
than in the case of pulverized-coal boilers. When the contact time is
thus increased and the optimal sulfation temperature of 800-850 °C is
observed, also sulfur dioxide diffuses through a layer of calcium sulfate
in calcine pores [12]. Unfortunately, this is accompanied by an undesir-
able side reaction, namely the production of CaCO5 from calcium oxide
and carbonate and the production of a number of crystalline com-
pounds encasing free CaO [13,14].

In order to increase the capture of acid components contained in flue
gas from fluid boilers with the aim of achieving the emission limit newly
introduced by the European Union in the amount of 200 mg-SO,/m?
flue gas as against the existing limit of 400 mg-SO,/m> flue gas, when
it is no longer possible to increase the dosed weight of limestones in
the combustion zone of fluid boilers, it is possible to apply the desulfur-
ization method, when acid components are captured through chemi-
sorption, namely the contact between gaseous pollutants and the
introduced adsorbent, into the flue gas exiting the boiler. The introduced
sorbent — calcium oxide or calcium hydroxide (dry method), or calcium
hydroxide in the form of water suspension (semi-dry method), is subse-
quently captured in a high-efficiency cloth-filter, which is at the same
time used as a reaction chamber. The method, place of introduction
and properties of the introduced sorbent must respect here the thermo-
dynamic conditions of the given part of the power equipment and con-
struction materials, mainly considering the possible subsequent change
of the flue-gas condensation point and possible deposits.

An increase of the chemisorption capacity of the classically produced
calcium oxide from limestone at 1050-1200 °C that corresponds to
physical adsorption joined with chemical reactions of SO, is achieved
through its activation at an increased temperature by means of water
vapor, or flue gas, which however contains besides water vapor also
carbon dioxide. Consequently, the resultant (activated) sorbent con-
tains apart from oxide and hydroxide also carbonate.

In addition to adiabatic evaporation of water from the suspension
and flue-gas cooling, also the following reactions take place during
these chemisorption processes (see Eq. (4)) plus the following reac-
tions [15]:

Ca(OH), + SO, —CaS0; + H,0. (5)

Besides calcium sulfite, oxidation yields a certain amount of calcium sul-
fate as well:

2CaS0; + 0,—2CaS0,. (6)

The activation of calcium oxide through water vapor transforms it
into hydroxide with a substantial increase of the reaction surface of

the absorbent, further connected with a significant increase of the
volume and surface of the individual particles of the activated sorbent
including various pores. The same concerns likewise the activation
through flue gas containing besides water vapor also carbon dioxide.
An important part of the reactions taking place is further hydration
through the calcinations of the produced silicates, alginates, ferrites,
clinkers, etc., creating porous structures, whose intermediate layers
contain Ca?* ions and H,0. Numerous reactions here produce also
internal as well as external hydrates of CaO and SiO, hydrates, including
calcium hydroxide.

This makes it possible to increase the reaction rate of the desulfuri-
zation “solid phase—gas” heterogeneous reaction. Nevertheless, the acti-
vation needs to be performed such that the activated sorbent would
always preserve its loose form, enabling its dosage in the flue-gas
stream and the subsequent capture of the reactants or the unreacted
sorbent by the filters.

The advantages of this technology are its low machinery costs and
easy recyclability into the existing fluid-boiler flue-gas desulfurization
method.

3. Measurements

The measurements presented in this work were based on the possi-
bility of using new desulfurizers — Sorbacal SP and Sorbacal H 90 for the
desulfurization of fluid boilers by means of their blowing-in into a
flue-gas stream before bag filters and hence ensuring the fulfillment
of the stricter emission limits for sulfur dioxide with a fluid boiler
burning brown coals with a capacity of ca 375 t/h of saturated steam
while respecting the temperature profiles of the technology used.
With respect to the operational, material and construction conditions,
the temperature range that came into consideration in the future oper-
ating conditions was 130-150 °C.

The second objective was to prepare the component background
materials for the intensification of the so-called simultaneous flue-gas
desulfurization method, lying in the dosage of a dry lime sorbent into
the flue gas of an already conducted dry desulfurization, namely in
case of an emission limit change and the related exclusion of the current
under sizing of the existent dry technology.

3.1. Experimental apparatus

The laboratory apparatus used for the testing of the adsorption prop-
erties of the samples is depicted in Fig. 1. Two pressure bottles were at-
tached to the apparatus, namely one containing pure nitrogen and one
with a mixture modeling flue gas with a content of 6770 mg/m> SO,,
13 vol.% CO, and 7 vol.% O, in nitrogen. The gas flow was regulated by
means of electronically controlled valves from the central unit.

The actual reactor was assembled from two quartz tubes connected
by a ground joint. The upper, removable, part was equipped with a
narrower tube ended with a frit, in which a sample was placed. In the
bottom part, a thermocouple for recording the temperature was posi-
tioned in the quartz filling. The reactor was located in an electronically
heated furnace and the feed pipes (just like the upper part of the reactor
above the ground joint) were heated by resistance heating to 105 °C in
order to prevent water condensation. The monitored substance was
always poured into the reactor at room temperature. After the reactor
was heated to temperatures of 110, 130 and 150 °C, a standard gas
mixture was released with a volume rate of glass flow of 30 I/h and
the SO, concentration was continuously recorded in the gas at the reac-
tor output. The testing gas was fed into the upper part of the reactor
tube, but in such a way that it would sufficiently preheat by passing
through the crushed quartz stone before the contact with the material
layer. It needs to be emphasized here that in this part of the research
Sorbacal layers were stationary, not fluid, and the model gas passed
through the sorbent layer in the opposite direction.



S21 (3)

64 T. Hlincik, P. Buryan / Fuel Processing Technology 111 (2013) 62-67

Fig. 1. Scheme of the measuring apparatus. Description: 1. Central regulating control, 2. Thermometer, 3. Reactor, 4. Quartz filling, 5. Tube with the sample, 6. Adaptor to slow the
speed, 7. Filter, 8. Filter, and 9. Analyzer.

A continuous analysis of SO, concentration in the gas exiting the

reactor was conducted by a Servomex Xentra 4900 analyzer. Table 1
Sample characteristics — wt.%.

3.2. Samples and their characteristics Parameter Sorbacal SP Sorbacal H 90 Limestone
. CaCo; 6.43 2.20 98.98
3.2.1. Sample characteristics MgCO5 0.86
The SO,-sorbent samples observed in this work that were measured Ca(OH), 92.96 97.20
in the raw state without calcination were Sorbacal SP and Sorbacal H 90 Cao total 73.50 74.81 55.43
(LHOIST, Vapenka Certovy schody, a.s.). Their chemical and granulometric ‘é‘““eal““g loss 2588 2492
characteristics are shown in Table 1. For a better overview, the given pa- rir;]l_lo(g;e;g 730 770
rameters are compared with a limestone sample from the limestone >0.09 mm 2.00 2.50
quarry Certovy schody (Barrandien Devon, Lod&nice, CR) [16], from >0.20 mm 0.40 0.10
which Sorbacals are produced by targeted activation after preceding con- i?-gg fm“$ 13;‘8

trolled limestone calcination and calcine grinding.
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Table 2

Sample elemental composition — wt.%.
Element Sorbacal SP Sorbacal H 90 Limestone
Ca 99.29 99.20 99.25
Mg 0.48 0.41 0.52
Si 0.02 0.06 0.05
Sr 0.05 0.07 0.06
Fe 0.04 0.09 0.03
Al 0.03 0.02
P 0.01 0.01
K 0.02 0.01
cl 0.01 0.01 0.02
S 0.08 0.08
Mn 0.02 0.02
Ti 0.01

The chemical composition of the individual untreated samples was
determined by the XRF method on the ARL 9400-303 device. The results
in the form of the elemental composition have been summarized in
Table 2.

3.3. Thermogravimetric analysis with mass spectroscopy

Thermogravimetry (TG) is a technique during which a sample is
usually heated at a constant rate, with the change in its mass being con-
tinuously recorded. The result is a curve of mass change in dependence
on temperature, which provides information on thermal stability and to
a limited degree also on the composition of the initial sample, interme-
diate products and the solid residue. It is essentially possible to work
either in an inert atmosphere, which does not react with the sample
during the heating process, or it is possible to use a reactive atmosphere,
which may be e.g. air, hydrogen, carbon dioxide, or other gas. The
equipment for TG analysis is called thermobalance; to put it simply, it
is a very precise microbalance connected with an electric furnace. The
balance arm on which the sample is placed must be modified such
that the sample could be heated in a controlled way while its tempera-
ture and time of analysis are being recorded.

TG-MS serial thermal analyzer is a laboratory apparatus consisting
of a thermobalance with a mass spectrometer (MS) attached to it. The
tandem connection of these two devices thus makes it possible to

conduct not only the standard measurements falling in the area of
thermal analysis (TG, DTA etc.) but also the simultaneous measure-
ments of the mass of the emerging thermal degradents in depen-
dence on the current temperature. Considering the technical design
of this apparatus, it is possible to conduct both of the mentioned mea-
surements practically in the real time and without the need for the
relatively problematic sampling of the produced gas and their subse-
quent chromatographic and GC-MS analyses.

In our case, we monitored, besides the reduction of the substance
being heated at temperatures of 20-1000 °C at a heating rate of
10 °C/min in an air atmosphere, also the release of carbon dioxide
from CaCO3 and of water from Ca(OH),, namely on the level of qual-
itative analysis. The results obtained are presented in the synoptic
Figs. 2 and 3.

As documented in Fig. 2, Sorbacal SP was thermally decomposed at
temperatures of 400-710 °C, namely in two separate phases, with the
weight loss recorded in the first area of temperatures of 400-490 °C
being ca 20 wt.% and in the second area of ca 500-710 °C corresponding
to ca 3 wt.%. During the heating of Sorbacal SP, water was released in
the range of 400-530 °C, with the maximum at ca 490 °C. Carbon diox-
ide was released at ca 490-760 °C, with the maximum around 680 °C. It
is clear from the shape of the curve showing change of CO, in the gas
thermodegradatory products that three different carbonates were pres-
ent in the sample. Their decomposition maxima were at ca 580 °C,
680 °C and 720 °C. On the other hand, it arises from the shape of the
curve showing changes of water concentration that the sample
contained one substance releasing H,0. Its decomposition maximum
was at ca 490 °C.

With Sorbacal H 90 (Fig. 3), the thermal decomposition took place at
temperatures of 370-680 °C, namely also in two separate phases, with
the weight loss recorded in the first area of temperatures of
370-490 °C being ca 23 wt.% and in the second area of ca 500-680 °C
corresponding to ca 1 wt%. During the heating of Sorbacal H 90,
water was released in the range of 370-530 °C, with the maximum
at ca 490 °C. Carbon dioxide was released between 430 and 750 °C,
with the maximum around 680 °C. Nevertheless, it is clear from the
shape of the curve that shows the change of CO, concentration that
the sample contained four various carbonates releasing CO,. Their de-
composition maxima were at ca 290, 490, 580 and 670 °C. The shape

Fig. 2. TG-MS analysis of Sorbacal SP.
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Fig. 3. TG-MS analysis of Sorbacal H 90.

of the dehydration curve that shows the change of water concentration
determines that the sample contained two substances releasing water,
specifically with the maxima at 110 and 670 °C.

When assessing the synchronism of the data from TG and MS anal-
yses, it is however generally necessary to bear in mind that there is a
certain delay between the response of the TG and MS analyzers caused
by the transport of gas from the thermogravimeter to the mass spec-
trometer detector related to the gradual gas-atmosphere suction from
the thermogravimeter through the pump of this analyzer.

3.4. Measurement results

Dynamic adsorption capacity was measured by means of break-
through curves of SO, through model layers always with charges of
2 g samples in dependence on the mass flow of SO, to the reactor
(under a constant flow of the model gas of 30 I/h and temperature
in the reactor). The curves obtained are shown in Figs. 4 and 5.

3.4.1. Sorbacal SP

As arises from Fig. 4, summarizing a graphic comparison of the de-
sulfurization abilities of Sorbacal SP in the area of the temperatures
observed, a higher adsorption capacity was exhibited by Sorbacal SP
at 130 °C. A lower dynamic capacity was then proven at a tempera-
ture of 150 °C.

The graphic depictions of the data obtained showing the results of
multiple repeated tests have unequivocally proven a very low adsorp-
tion capacity of the observed sorbent in the area of the monitored tem-
perature range and model flue gas. The total adsorbed amount of SO, for
2 g Sorbacal SP (the total weight of the charge) did not exceed even
10 mg at breakthroughs below 400 mg-SO,/m> (the emission limit
for fluid boilers, especially large stationary energy source). In terms of
the time of the actual breakthrough in the area below 10 s, it however
corresponds to the actual flue-gas dwell time in the absorber in the
case of the semi-dry method or to the time corresponding to the drying
of the sprayed suspension in the reactors of the semi-dry methods of
flue-gas desulfurization.

Fig. 4. The breakthrough curves of Sorbacal SP.
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Fig. 5. The breakthrough curves of Sorbacal H 90.

3.4.2. Sorbacal H 90

As arises from Fig. 5, enabling a graphic comparison of the desulfur-
ization abilities of Sorbacal H 90 in the observed area of temperatures of
110-150 °Cin terms of a comparison with the properties of Sorbacal SP,
Sorbacal H 90 exhibited a higher adsorption capacity at 130 °C while a
lower capacity was demonstrated at a temperature of 150 °C. The
graphic depiction of the data acquired also in this case clearly proved
a very low adsorption capacity of the observed sorbent in the area of
the temperature range of 130-150 °C. The total adsorbed amount of
SO, for 2 g Sorbacal H 90 in comparison with Sorbacal SP was lower
here and reached ca 5 mg at breakthroughs below 400 mg-SO,/m>
(the emission limit) at 130 °C.

The temperature range of 130-150 °C was monitored with respect
to the technical and thermodynamic conditions of the separating device
of the boiler burning brown coal, into whose flue gas the sorbent was to
be blown with the aim of reducing SO, emissions while respecting
mainly the condensation point of the flue gas and the related corrosions,
or the diffusion conditions of the plume.

A considerable improvement of the adsorption capacity was
recorded when the temperature was reduced to 110 °C, which is in
agreement with the general rule of the dry methods, providing evidence
that the desulfurization efficiency is the highest when the Ca:S stoichio-
metric ratio is preserved and the difference between the temperatures
of flue gas and the condensation point is achieved in the range AT=
5-20 °C.

4. Conclusion

From the monitored activated products prepared from quicklime by
gasses containing carbon oxide and gas vapor at temperature of 130-
150 °C, the product that was shown to be more active was Sorbacal
SP, i.e. the sorbent that contained a greater share of carbonate and a
smaller share of hydroxide, i.e. larger share of free CaO.

The model laboratory measurements performed confirmed that
flue-gas temperatures significantly affect the efficiency of both products
in such desulfurization processes as the dry method or the method of
simultaneous desulfurization. The efficiency of desulfurization is condi-
tioned also by the possibility of the secondary cooling of flue-gas in
technological processes, which is however on the other hand related
to respecting flue-gas condensation points from coal burning process.
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» A limestone fraction with particles <0.04 mm contains the smallest amount of CaO.

» Ballast materials contained in the smallest fractions deactivate limestone calcines.

» The selection of the limestone should correspond to the character of the brown coal.
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Laboratory tests of the reactivity of two limestones used for desulphurization of fluidized bed boilers
showed that the desulphurization capacity of their calcinates do not yet correspond to routinely applied
opinions on the absolute content of CaO in the limestone. Limestone with lower CaO content desulphur-
ised the combustion gas more. This was caused by the fact that the desulphurization reactions of com-
bustion gas are significantly negatively affected by the reaction of CaO with ballast oxides of ash and

limestone. The amount of ballast oxides in both limestones rises along with the decrease of the particle
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Combustion in fluidized-bed emission limits.

size. When choosing proper limestone for the given power equipment it is necessary to respect these side
effects. It is useful to pre-select and optimise the distribution the limestone particles according to the nat-
ure of the burnt coal. Thereby it is possible to reduce the consumption while complying with the SO,

© 2012 Elsevier Ltd. All rights reserved.

1. Introduction

The largest amount of gaseous pollutants emitted into the atmo-
sphere by industrial anthropogenous activity (besides agriculture)
comes from fossil-fuel combustion. The flue gas created can be
characterised as a gaseous mixture polluted by solid materials
(fly-ash, soot, etc.) which contains particularly carbon dioxide,
oxygen, water vapour, sulphur dioxide and nitrogen oxides. Sulphur
dioxide as one of the main components negatively affecting the
biosphere is usually considered at the same time as an indicator
of atmospheric pollution. The sulphur dioxide generated from
power stations and rating plants amounted to almost 200 million
tonnes every year in 2007 [1]. There have been two major processes
up to now: the wet-type scrubbing process, which is most com-
monly used (90%), and the dry or semidry scrubbing process [2].

The knowledge so far connected with the desulphurisation of
circulation fluidised-bed boilers burning brown coals testifies that

* Corresponding author. Tel.: +420 22044 4073.
E-mail address: Tomas.Hlincik@vscht.cz (T. Hlincik).

0016-2361/$ - see front matter © 2012 Elsevier Ltd. All rights reserved.
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it is necessary to conduct an optimisation of the limestone selec-
tion for the individual brown coals exploited, namely regardless
of their calcium oxide content.

In this article, brown coal from the Jifi Quarry (Sokolov Brown-
Coal Basin) and limestone samples from the Certovy schody and
Stramberk quarries were considered.

The actual evaluation was based on the testing of limestone
samples after they were mixed with brown-coal samples and sub-
sequent calcination of the mixture at a temperature of 850 °C. The
mixtures of ash and calcinated limestone were evaluated by testing
the relative reactivity in a laboratory fluid reactor.

It was clearly shown that the clayish components of the coal
and the limestone impurities comprise crystalline compounds with
the limestone calcine at temperatures typical for fluidised-bed
boilers, which are a cause of the hindered access of the SO, to
the surface of the particle of the CaO created through calcination
[3]. The CaO particles created through calcination from the lime-
stone then capture sulphur dioxide very insufficiently and are
deposited in tips in the form of so-called free CaO. The revealed
undesirable reaction mechanisms associated with covering the
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CaO surface in connection with the obligations to maintain the
emission limits and flows then lead to increased limestone
consumption.

2. Dry desulphurisation

The principle of the technology of the desulphurisation of the
boiler flue gas with the dry limestone method lies in the injection
of a mixture of air and finely ground limestone into the combustion
area of the boiler or in the addition of ground limestone into coal.
In the desulphurisation process, mainly reactions [4,5] take place:

CaC0; — Ca0 + CO, (1)

Ca0 + SO, + 0.50, — CaS0,4 (2)

Limestone calcination (1) generally takes place at temperatures
of 800-900 °C; the reaction between the created CaO and SO, (2)
occurs at more significant speeds between 600 and 1000 °C. The
product of the reaction besides unreacted CaO is calcium sulphate;
calcium sulphite is not thermostable at temperatures above 600 °C
and disproportions according to the reaction:

4CaS0; — 3CaS0,4 + CaS (3)

where calcium sulphide (CaS) further oxidises to CaSO4. The injec-
tion of limestone up to temperatures higher than 1050 °C is not
appropriate with respect to the deactivation of the calcine created
(so-called overfiring) as a consequence of a change of the porous
structure.

From the chemical perspective, the reaction between CaO and
SO, is a ‘solid material - gas’ heterogeneous reaction [6]. The initial
stage of the reaction can be expressed a reaction of the first order,
i.e. proportional to SO, concentration. In the capture of SO,, a
CaS0,4 layer first forms on the surface of the calcinated particle;
it causes the remaining share of SO, to reach the particles by diffu-
sion through this layer [7-10].

With granulation boilers, the time dwell of the particle in the
band of the optimal temperatures for the reaction of CaCO; (or
Ca0) + SO, (i.e. 1100-600 °C) is very short and depending on the
efficiency of the boiler fluctuates between 2 and 6 s. It therefore
is not possible in a realistic arrangement using this technology to
reach a high level of desulphurisation with a stoichiometrically
bearable amount of limestone [11].

With the fluid combustion of coals, the dwell of the particles of
limestone in the fluid layer is excessively long and can reach on
average ca several hundred to a thousand seconds [12]. During this
period of contact, at the optimal temperature of fuel combustion
(800-850 °C), when the limestone calcination is followed by sulph-
ation, also the diffusion of SO, through the layer of CaSO,4 can
therefore be applied more significantly. Calcinate sulphation is also
partially supported by the character of the fluid process, in which a
partial attrition of the surface of the particles of the CaSO, created
occurs and with that an acceleration of SO, diffusion to the surface
of free CaO inside the grain.

Since the mass flow of the particles many times exceeds the
flue-gas mass, the temperature in the boiler practically does not
change. The heat-transfer surfaces are adjusted so as to maintain
a temperature in the layer of 810-870 °C. According to the knowl-
edge theoretically preferred so far, the particle size should not ex-
ceed 600 pm with a median size of 150-200 pm [13,14].

3. Experimental
3.1. Apparatus

The laboratory apparatus used for testing the samples of the
calcines of the limestones with coal is depicted in Fig. 1.

The reactor itself was constructed of two concentrated quartz
pipes connected by ground joint. The upper removable part of
the reactor was equipped with a narrower tube closed by a frit,
in which a sample was placed in a stationary bed. The thermoele-
ment for monitoring the temperature was placed in the quartz fil-
ler in the lower part ensuring the heating of the entering standard
gas with SO,. Having been filled with sorbent, the reactor of 41 cm
long with diameter 2 cm and volume 128.7 ml was placed in the
electrically warmed Kkiln. Its supply tubes were heated with resis-
tance heating to 105 °C with the aim of avoiding the condensation
of possible water vapours contained in the gas mixture.

After heating the reactor to the desired temperature (while let-
ting inert nitrogen flow through the reactor), the prepared mixture
of model combustion gas was released into the reactor and subse-
quently went through a layer of sorbent.

The SO, mass captured by the sorbent was determined by a cal-
culation from the measured data by following formula:

Mso, = (Cso, — Ci50,) * Q * t (4)

where Mso, is the amount of SO, absorbed by tested sorbent (mg);
Cso, is the concentration of SO, in model gas (mg =1y, Cso, is the
concentration of SO, in outgoing gas (mg1~'); Q is the flow rate
of model gas (1 h™!); t is the time of reaching the required concen-
tration, (h).

The data gained in this way were considered as basic for the
evaluation of the relative reactivity of the sorbents. Increase of
catchment of the SO, mass when the limestone with higher rela-
tive dynamic absorption capacity was substituted with worse
limestone was calculated with following formula:

Amso, = (Cs0,(1) — Cs0,(2)) * 1000 g 5)

where Amy,, is the increase of SO, absorption due to substitution
for better sorbent (g kg~ '); ¢s0,(1) is the relative dynamic adsorption
capacity for SO, limestone (1) (mgg'); Cso,2) is the relative dy-
namic adsorption capacity for SO, limestone (2) (mg g~'); g weight
of the followed limestone (3 g); 1000 is conversion to 1 kg.

Increase of the volume of desulphurised combustion gas when
the limestone with higher relative dynamic absorption capacity
was substituted with worse limestone was calculated with follow-
ing formula:

AVig = Amgo, 1000 g~ (6)

where AVj, is the increase of volume of desulphurised combustion
gas due to substitution with better sorbent (m?); Amg,, is the
increase of SO, absorption due to substitution for better sorbent
(gkg™!); g is the selected model mass of SO, absorbed
(5000 mg m~3).

The gas that had gone through the layer of tested material was
cooled after leaving the reactor and analysed by the SO, Servomex
Xentra 4900 continual analyser, which simultaneously monitored
also the entry concentration of SO, and oxygen.

3.2. Materials

3.2.1. Coal samples

For the purposes of this work, four samples of coal were taken
in the Jifi Quarry directly at the individual wheel excavators. The
overview of them with labels following the deposition in the quar-
ry is shown in Table 1.

The actual evaluation was based on the testing of the chemi-
sorption activities of the limestone samples with a particle size
of 0.3-0.6 mm after their mixture with the cited types of coals
and subsequent calcination at a temperature of 850 °C, where the
individual coals were, before mixing with the limestones of the
listed particle sizes, first dried and then ground in an agate bowl.
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Fig. 1. Scheme of the measuring apparatus description: (1) Central regulating control. (2) Reactor. (3) Quartz filling. (4) Tube with the sample. (5) Kiln. (6) Adaptor to slow the
speed. (7) Filter. (8) Water cooler. (9) Cooling aggregate. (10) Analyser. (11) Gasometer. (12) Heater of the capillary tubes. (13) Thermometer.

Table 1
Overview of the tested coals.

Sample label Cut Sample characteristic

1 Third Contact with the substrate

2 Third Eastern side of the quarry

3 Second Contact with the coal shed in a stratified bed
4 Third Western side of the quarry

With all of the observed coal samples, an ultimate analysis
including the content of combustible sulphur was determined for
the needs of the assessment of the data acquired. The results

attained for the coal-sample dry matter (prepared by drying at
105 °C) focused on process of combustion gas desulphurisation in
power plant unit with fluid boilers are summarised in Table 2.
The technological parameters that characterise the quality of fol-
lowed samples of coal layers in brown coal strip from the point
of view of technological praxis are listed in Table 3.

3.3. Chemical composition of the evaluated limestones

The chemical composition of the tested limestones was deter-
mined using RTG fluorescence and is listed in Tables 4 and 5. The
aim of this examination was a detailed analysis of the distributions
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Table 2 Table 5
Ultimate analysis - wt.%. The chemical composition of the individual fractions of limestone of Stramberk -
wt.%.
Coal sample Element
N¢ cd He Sspd Eisxrﬁjpec;smon Particle size
1 061 1397 395 482 <0.04 0.04-0.056 0.056)—0‘07 0.07—)041 0.1-0.2
2 047 43.11 3.99 1.63 (mm) _ (mm) (mm (mm (mm)
3 0.75 58.02 488 0.70 MgO 0.88 0.83 0.83 0.82 0.77
4 0.57 60.94 6.03 0.99 Al,03 0.74 0.75 0.67 0.50 0.48
3 - - Si0, 2.49 2.30 2.11 1.73 1.68
Ssp — combustible-sulphur content in dry coal. P,0s 0.22 0.24 021 0.20 0.22
SO3 0.04 0.07 0.07 0.07 0.06
K0 0.10 0.11 0.09 0.07 0.07
Cao 95.04 95.25 95.63 96.29 96.43
Table 3 TiO, 005 004 0.04 0.03 0.03
Parameters of the coal samples - wt.%. MnO 0.03 0.03 0.03 0.03 0.02
Coal sample Parameter Fe;03 030 025 0.23 0.18 0.15
PbO 0.01 0.01
Water? Ash® Volatile matter® SrO 0.05 0.05 0.04 0.05 0.05
1 35.82 20.78 35.37
2 39.0 34.72 36.43
3 19.25 20.53 50.61
4 36.25 23.15 40.49
¢ In dry coal.

" In the original coal.

of oxides, particularly ballast oxides. The individual fractions were
acquired by a dry grain-size analysis of the ground limestone.

It arises from Tables 4 and 5 that the content of the most desir-
able calcium oxide is clearly lower in the limestone from the
Certovy schody Quarry. Another important finding was the infor-
mation that the highest content of ballast oxides is in the fractions
with the smallest particle diameter, which means that in the
applied limestones particles smaller than <0.04 mm should be sep-
arated as much as possible not only in terms of their content but
also considering that these oxides react with CaO, which creates
materials that do not react with SO, [11]. It particularly concerns
Si0,, which is contained in limestone in the form or hard, uncrush-
able particles that break off from the grains of limestones during
grinding - see Fig. 2 (SiO, in polarised light creates clearly white
particles).

For the assessment of the relative reactivities of the limestones
of the measured dependence of the SO, content (at a constant en-
try concentration of SO, in the entry gas) on time, the output con-
centrations of SO, behind the reactor of 200 mg m~> (i.e. 70 ppm)
and 400 mg m~> (i.e. 140 ppm) were selected. These concentra-
tions correspond to the current legislative requirements for SO,
emissions in flue gas for fluidised-bed boilers in the Czech
Republic.

Table 4
The chemical composition of the individual fractions of limestone of Certovy schody —
wt.%.

Composition  Particle size
(oxide) <0.04 0.04-0.056 0.056-0.07 0.07-0.1 0.1-0.2
(mm) (mm) (mm) (mm) (mm)
MgO 0.92 0.83 0.88 0.93 0.84
Al,03 2.28 1.67 2.12 2.55 2.02
Si0, 6.03 4.34 5.02 5.80 4.93
P,0s 0.05 0.04 0.04 0.04 0.03
S 0.07 0.06 0.05 0.04
Cl 0.02 0.02 0.01 0.01 0.01
K0 037 0.31 0.34 034 0.28
Ca0 89.04 91.78 90.45 89.28 91.10
TiO, 0.14 0.11 0.12 0.13 0.10
MnO 0.03 0.02 0.02 0.02 0.02
Fe,03 0.91 0.65 0.81 0.72 0.52

Fig. 2. Picture of the limestone particles in polarised light - width of the
photograph = 1 mm.

3.4. Testing the reactivities in fluidised-bed boilers

Regarding the sulphur content in the coal, a weighted ratio of
coal/limestone in the amount of 26 g dried coal/3 g limestone was
selected. The gaseous standard mixture simulating the composi-
tion of ‘flue’ gas had the composition of 2400 ppm SO, i.e.
6.857 g m~3; 6.95 % vol. 05; 13.02 % vol. CO,; remainder N». Its flow
was 40 1/h.

The basic parameter for the evaluation of the relative reactivity
of the sorbents after co-calcination with coal in this research stage
was the setting of the time during which the SO, concentration in
the output model gas reached a concentration corresponding to the
value of the selected emission limits — 200 and 400 mg SO, m~—.

3.4.1. Stramberk limestone

The values of the free relative dynamic adsorption capacities for
model samples of Stramberk limestone calcines acquired at 850 °C
in the presence of the observed samples of brown coal extracted in
the Jifi Quarry in various layers by wheel excavators to the output
concentrations of SO, are summarised in Table 6. The graphic com-
parison of the results acquired is shown in Fig. 3.

The adsorption capacity can be defined as the maximum capac-
ity for the detection of controlled substances, which are measured
in a static arrangement. The dynamic adsorption capacity is mea-
sured in the gas flow from the substance of which is accounted
for. Relative is the limit set for the desired output value of the
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Table 6
The influence of the individual coal samples on the reactivity of the calcines of the
Stramberk limestone.

Table 7
The influence of the individual coal samples from Jifi Quarry on the reactivity of the
calcines of the Certovy schody limestone.

Coal Breakpoint to a SO, Breakpoint concentration of Coal Breakpoint to a SO, Breakpoint to a SO,

sample concentration of 200mgm—> 400 mg m > sample concentration of 200mgm~—>  concentration of 400 mg m~>
Time SO, capture Time SO, capture Time SO, capture Time SO, capture
(min) (mg) (min) (mg) (min) (mg) (min) (mg)

1 2.67 11.15 3.23 13.55 1 10.51 43.95 13.04 54.64

2 9.16 38.44 1147 48.07 2 28.62 119.90 32.77 137.30

3 38.64 132.16 50.44 211.31 3 71.06 297.64 78.55 329.02

4 2.46 10.26 3.61 15.15 4 23.74 99.43 38.03 159.34

concentration of the adsorbent layer. Free absorption capacity is
that one, which is the adsorption capacity that can be used in
our case, the burning of coal in the presence of absorbent, because
here the emerging carbon dioxide absorbent already captures and
reduces its capacity).” The text was corrected according to all the
remarks

It arises from the presented results that the smallest free dy-
namic adsorption capacity after the conducted calcination model-
ling coal combustion in the presence of calcinating limestone
when following the emission limit of 200 SO, mg m > was that of
the calcine acquired with the presence of coal sample 4, which
was a little larger in the case of coal sample 1. The order of these
samples did not change in the observation of the limit of 400 SO, -
mg m~>3, but the time of the breakpoint and the free dynamic
adsorption capacity differs here infinitesimally.

The characteristic parameters of the breakpoint of SO, for coal
sample 4, although it has a ca 5x lower content of sulphur than
coal sample 1, is very surprising.

Third in order was coal sample 2. The free dynamic adsorption
capacity of the limestone calcine when following the emission lim-
its of 200 SO, mg m~3, or 400 SO, mg m >, was ca 3-3.5 greater.
Coal sample 3 reacted the least with Stramberk limestone during
its calcination. In this case, the free dynamic adsorption capacity
of the calcine regarding coal samples 4 and 1 was ca 13-15x great-
er — see Fig. 3 or Table 6.

3.4.2. Certovy schody limestone

The knowledge of the free relative dynamic sorptive capacities
for model samples of calcines of the Certovy schody limestone ac-
quired at 850 °C in the presence of the observed samples of brown
coal extracted in Jifi Quarry in various layers are summarised in
Table 7. The graphic comparison of the results attained for the
limestone from the locality of Certovy schody is shown in Fig. 4.

It arises from the presented results that the calcine acquired in
the presence of coal sample 1 had the smallest free adsorptive
capacity after the conducted calcination modelling coal combus-
tion in the presence of calcinating limestone when observing the
emission limits of 200 and 400 SO, mg m>. The second in order
when observing the limit of 200 SO, mg m—> was coal sample 4.
The third in order when observing the limit of 200 SO, mg m~3
was coal sample 2. When following the limit of 400 SO, mg m~,
the order of these two switches.

The characteristic parameters of the breakpoint of SO, for coal
sample 4, although it has a ca 1.5x lower sulphur content than coal
sample 2, are also surprising in terms of the sulphur content.

In terms of the application of Certovy schody limestone, the
best was again coal sample 3. The fee capacity of the calcine of
the Certovy schody limestone when observing the emission limits
of 200 SO, mg m 3, or 400 SO, mg m >, was ca 2-3 greater than
with coal sample 2.

Fig. 3. Jifi coal + Stramberk limestone - the dependence of the SO, concentration behind the reactor on SO, mass in the model gas entering the reactor.
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Fig. 4. Jifi coal + Certovy schody limestone - the dependence of the SO, concentration behind the reactor on SO, mass in the model gas entering the reactor.

4. Measured results

The comparison of the determined free relative dynamic sorp-
tion capacities for model samples of the calcines of Certovy schody
(Cert. schody) and Stramberk (Stram.) limestones acquired at
850 °C in the presence of the observed samples of brown coal ex-
tracted in the Jifi Quarry at the concentrations of 200 SO, mg m~>
and 400 SO, mg m~> of flue gas are summarised in Table 8. The
graphic comparison of the acquired results for both limestones is
shown in Fig. 5.

It arises from Table 8 that in all four compared pairs of lime-
stone and coal combinations, the greater desulphurisation capacity
was always shown by the limestone from the Certovy schody local-
ity, namely despite the fact that in all of the observed fractions of
the grain-size analysis it had a lower CaO content.

Table 8
A comparison of the reactivities of the calcines of the Stramberk and Certovy schody
limestones.

Coal Limestone Breakpoint to a SO, Breakpoint to a SO,
sample concentration of concentration of
200 mg m—3 400 mg m 3
Time SO, capture  Time SO, capture
(min) (mg) (min) (mg)

1 Stramberk 2.67 11.15 3.23 13.55
Certovy 10.51 43.95 13.04 54.64
schody

2 Stramberk 9.16 38.44 11.47 48.07
Certovy 28.62 119.90 32.77 137.30
schody

3 Stramberk  38.64 162.18 50.44 211.31
ﬁertovy 71.06 297.64 78.55 329.02
schody

4 Stramberk 246 10.26 3.61 15.15
Eertovy 23.74 99.43 38.03 159.34
schody

The comparison of the free adsorptive capacities of limestones
after the conducted calcination in terms of the content of combus-
tible sulphur in the coal does not correspond to the sulphur con-
tents. In both cases observed, the behaviour of coal sample 3
clearly differs.

5. Discussion

The testing of the limestones with samples of Sokolov coal ex-
tracted from various places of the Jifi Quarry shows that the
amount of SO, captured by the limestone calcine differs signifi-
cantly with the character of the coals. It explains the frequently ob-
served fact not yet fully explicated which occurs in the
desulphurisation of flue gas of the fluidised-bed boilers, when
the level of desulphurisation changes with the otherwise same
amount of limestone added or when it is necessary to add higher
amounts of limestone to the desired level of desulphurisation of
the flue gas, although the combusted coal has a lower amount of
combustible sulphur.

It is evident from the results mentioned that the adsorptive
capabilities of the Certovy schody limestone when comparing the
free adsorption capacity of the calcines acquired in the presence
of coal in the collection of observed cases fluctuates from ca 1.6
to 10.6x with respect to the limestone from Stramberk Quarry.
The calcine of the Certovy schody limestone (relative to one tonne)
is capable as against the calcine of limestone from Stramberk of
capturing between ca 14 and 48 kg more when observing the emis-
sion limit of 400 mg SO, m~3. In observing the emission limit of
200 mg SO, m~3, the increased values are from ca 11 to 35 kg - for-
mula (5).

If we evaluate these differences in SO, mass with respect to the
theoretical amounts of e.g. 5000 mg SO,, which would be neces-
sary to be removed from 1 m? of flue gas, we acquire the data col-
lected in Table 9.

It is evident from the comparison of the data gained in the lab-
oratory through the model apparatus shown in Table 9 that the
amount of desulphurised flue gas in the anticipated model capture
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Fig. 5. Jifi coal + Certovy schody/Stramberk limestones — overall comparison.

Table 9
The theoretical content of flue gas desulphurised through Certovy schody limestone
as against Stramberk limestone.

Coal Flue gas content
sample

Exceeding the emission limit of Exceeding the emission limit of
400 mg m~3 (m>t~! limestone) 200 mg m~> (m>t~! limestone)

1 2.740 2.187
2 5.949 5.431
3 7.846 7.031
4 9.613 5.945

of 5000 mg SO, from 1 m> of flue gas - formula (6) - (6% O,, dry
flue gas) in using 1 t of Certovy schody limestone as against Stram-
berk limestone will be higher between ca 2200 and 9500 m> when
observing the emission limit of 400 mg SO, m~>3. When observing
the emission limit of 200 mg SO, m~3 of flue gas, these values are
from ca 2000 to 7000 m >, This volume is greatest when observing
the emission limit of 400 mg SO, m~3 for coal sample 4. When fol-
lowing the emission limit of 200 mg SO, m~> of flue gas, it also
concerns coal sample 3.

6. Conclusions

The measurement conducted clearly showed that the behaviour
of the limestones in the process of fluidised-bed boiler desulphuri-
sation does not correspond to the currently commonly applied
knowledge related to a simple comparison of the content of com-
bustible sulphur in coal and the content of Ca or CaO in limestones
and to the subsequent calculation of the stechiometric amount of
limestone added to fluidised-bed boilers for the purpose of optimal
desulphurisation.

A significant piece of information when following the reactivi-
ties of the limestones from the localities of Stramberk and Certovy
schody is the finding of very substantial differences in the free
residual adsorption capacity of the calcines acquired in limestone
calcination in the presence of various coal samples from the same

quarry. Limestone from the locality of Stramberk in all of the ob-
served cases showed a lower desulphurisation capacity than the
limestone from the locality of Certovy schody, although in all of
the observed partial fractions of various particle sizes it was CaO
that had a higher content of the actual active material for the des-
ulphurisation process.

It is also very important that in this way it is possible to opti-
mise SO, emissions and subsequently optimise the operation of
combustion facilities with a fluid bed in terms of fulfilling the leg-
islatively set emission limits of SO,, or achieve a reduction of the
fees related to the discharge of emissions of this polluting material
also by the deposition of the energy by-products.

The data assembled in the laboratory shows also a second clear
conclusion. In terms of granulometric composition, both lime-
stones should be divested of fractions with the smallest possible
particles, because the smaller the diameter of the particles the ob-
served fraction had, the greater its content of ballast oxides or oxi-
des reacting in the fluidised-bed boiler with CaO, during which no
longer nondesulphurising aluminosilicates are created.
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When burning fossil fuels in energy resources, especially limestones are used in the present technological
practice. Some side products from the processing of organic materials contain calcium. No implementation for
these materials has up to now been realized and it would be, therefore, advantageous to process these side
products, for example as replacement of limestone in the desulfurization process. One of these materials is
technical lanolin separated from sheep wool in the process of its purification. This material shows a higher
content of calcium in its composition, consequently a possible source for desulfurization of products of
combustion from modern fluidized-bed combustors.

In this contribution attention is paid to the use of lanolin in desulfurization of products of combustion that
means lowering of sulfur oxides from the products of combustion. On an experimental apparatus, it is

demonstrated that technical lanolin can be used in the process of desulfurization.

© 2011 Elsevier B.V. All rights reserved.

1. Introduction

For dry desulfurization of products of combustion from combustors
burning hard fossil fuels, especially limestone or, as the case may be,
products of their conversion, namely oxide or calcium hydroxide, are
used in technological practice of today. These side products react at
temperatures around 850 °C by sulfur dioxide accompanied with the
arising of calcium sulfate [1](Fig. 1).

Use of side products from processing various organic materials
containing calcium, which do not find sufficient use for the produced
quantity, has not been realized up to now. One of them is technical
lanoline separated from sheep wool in the course of its purification.
This lanoline is nowadays mostly used in productions involving little
tonnage, e.g. it is used in cosmetic industry, as energy raw material, as
raw material for the production of biogas etc. Its further possible use,
that is for desulfurization of products of combustion in fluidized-bed
combustors, where the concentration of sulfur dioxide in the burning
chamber reaches5200-14,400 mg/m3 [2], is discussed in the following
text.

2. Desulfurization

The application of the processes of desulfurization of coal in the
practice of power stations and heating plants is met with a low

* Corresponding author. Tel.: +420 22044 4073; fax: +420 220 44 5010.
E-mail addresses: Tomas.Hlincik@vscht.cz, Hlincikt@vscht.cz (T. Hlincik).

0378-3820/% - see front matter © 2011 Elsevier B.V. All rights reserved.
doi:10.1016/j.fuproc.2011.03.008

effectivity of coal desulfurization and thereby also with the possibility
of reaching of established values of emission, emission flows or
emission ceilings. The existing research and development have
proven that these processes are economically unable to compete
with processes of desulfurization of products of combustion that are
nowadays currently realized in an industrial way.

The higher the content of combustible sulfur in hard fuels, the
higher the emissions of the oxides of sulfur which must be removed
from the products of combustion. As a measure of emissions of oxides
of sulfur from burning of hard fuels\its specific sulfur content in the
coal and its heating power.

At the present time the problem of removing oxides of sulfur from
the products of combustion is solved by wet, dry or semidry processes.
The wet method consists in washing of oxides of sulfur with water
suspension of calcium hydroxide or of limestone, which takes place at
the temperature of 60 °C in absorbers, mostly in conformity with
reaction

2CaCO; + 280, + 0, + 4H,0—2CaS0, -2H,0 + 2CO,. (1)

The steering mechanism of the process is the resistance against the
diffusion in the liquid phase that means the speed of the dissolution of
the limestone. Besides the number of advantages, this process of
desulfurization also has a number of insufficiencies. For a successful
functioning of absorbers a permanent recirculation of a large volume
of absorption liquid is needed. The process can only be applied under
temperatures when water suspension is able to fulfill its successful
role. Another disadvantage consists in the fact that products of
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Fig. 1. Historical sulfur dioxide emissions 1850-2000 [3].

combustion, after going through absorbers, must again be warmed up
to temperatures guaranteeing their necessary dispersion through a
chimney body.

Besides using calcium water suspension there is also a possibility
of desulfurizing products of combustion with the help of limestone or
some other carbonate at high temperatures, at which the mechanism
of the desulfurizing reaction of products of combustion or of waste
gasses consists in the heterogeneous reaction: a tough phase — gas
that means by the so called dry method. The process is mostly applied
for the desulfurization of products of combustion in the case of classic
powdered combustors, furnace combustors or fluid combustors. The
application of limestone consists in dosing softly ground limestone
into the products of combustion from the combustors or in addition of
ground limestone into coal, or possibly in front of mills, or it is ensured
with an independent entry into the fireplace.

In the course of the process the following main reactions take place

CaCO;—Ca0 + CO,. (2)

Ca0 + SO, + 0,50,—CaSO0,. (3)

The calcination of the limestone takes place at temperatures higher
than 800 °C. The linking up reaction between CaO and SO,, going on at
an economically interesting speed, takes place in the temperature areas
of 600 till 1100 °C. Above this temperature, it already comes to
deactivation of the arisen calcinate as a consequence of the change of
the porous genesis of the batched limestone. Also here, there is an
important reaction of the thermo destruction of CaSOs at temperatures
higher than 600 °C. This reaction takes place in conformity with the
equation

4CaS0,—CaSO, + CaS. 4)

The arising CaS goes on to oxidate into CaSOg.

When desulfurizing fluidized-bed combustors, the delay of the
limestone in the fluid layer is relatively long and it can reach as much
as 10-15 min. At this period of the delay of the limestone and of its
calcinate with oxides of sulfur in the temperature area higher than
800 °C, the diffusion of oxides of sulfur through the surface layer
CaS0, can successfully apply.

From the chemical point of view the reaction between CaO and SO,
represents a heterogeneous reaction “solid phase — gas”. The initial

stage of the reaction can be expressed as a reaction of the first order
that means as proportional concentration of SO,:

= = kC,- (5)

When catching SO,, a layer of CaSQy first creates on the surface of
the calcinated particle, which causes that another part of SO, to get to
the particle over this layer.

In Fig. 2 the dependence of the time augmentation of the
conversion on timeAx/At =f(t) is depicted. As is evident from Fig. 2,
the initial stage of desulfurization, the sheer part of the curve
illustrating steep descent of the conversion with time in a fraction of
second, goes predominantly by a kinetic mechanism, while the part of
the curve corresponding to time >0.2 s is connected with the diffusion
of SO, by a layer of CaSO,4. That's the reason why it is not possible to
reach in a real arrangement in the case of bed combustors with the
assistance of this technology a high degree of desulfurization with a
stechiometrically tolerable quantity of limestone.

Fig. 2. The dependence of the time augmentation of conversion on time CaO to CaSO4
[4].
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Fig. 3. Scheme of the measuring apparatus. Description: 1. Regulating valve. 2. Entry into the reactor. 3. Furnace. 4. External part of the reactor. 5. Internal part of the reactor. 6. Quartz
frit. 7. Measured sample. 8. Entry into the fume chamber. 9. Fluid layer. 10. Washing device. 11. Analyzer of product of combustion.

In the case of the fluid combustion of fuels the delay of limestone in
the fluid layer is disproportionately longer and it can in the average
reach time in the order of thousands of seconds. With this time of
relation, with the optimal temperature of sulfatization 800-850 °C,
when the calcination of limestone is followed by sulfatization, the
diffusion of SO, over a layer of CaSO4 can, therefore, meaningfully apply.
Sulfatization of the calcinate is also partially supported by the character
of the fluid process, in which comes to a partial rubbing of the surface of
the particles caused by CaSO,4, and thereby also to the acceleration of the
diffusion of SO, to free CaO in the centers of the corns.

Because the material flow of particles overtops manifold the
materiality of products of combustion, the temperature in the
combustor does not change. Heat changing surfaces are adapted for
keeping the temperature in the layer, which is usually within the
limits of 810-870 °C. Fluidized-bed combustors work at speeds of
products of combustion 5.4-6.1 m/s. The dimension of the particles
should not get over 600 pm with a middle size of 150-200 pum.

The advantage of this technology of desulfurization are low costs for
the machinery, consisting of a silo for limestone, of transporters and of a
dosing machine of CaCOs, possibly also of a mill. The disadvantage of the
process, however, is low utilization of CaO, which means a high
consumption of limestone. In the arising solid products of the
combustion the withheld free CaO causes substantial problems in
their storage and manipulation, especially in the presence of humidity.

Table 1
Parameters of waste of lanoline.
Parameter Unit Content
Content of water [% mass] 9.80
Content of ashes [% mass] 57.76
Elementary analysis
C [% mass] 13.03
H [% mass] 3.26
N [% mass] -
gcom. [% mass] -
Combustible warmth [M]/kg] 6.9
Heating power [MJ/kg] 5.8

Another disadvantage is high costs covering perfect milling of the
limestone. The selection of limestones is also difficult, which should not
by calcinations in the presence of coal ashes create reactants negatively
influencing the surface by calcinations of the arising CaO (Ca0-2SiO,,
Ca0-Si0,- Al,05, etc.) [5,6]. Another disadvantage is the need of energy
for the heating of the limestone to temperatures of the calcinations and
the calcinations itself, which is ensured through coal combustion, thus
increasing economic costs.

3. Experimental apparatus

The apparatus was composed of several parts — see Fig. 3. The
main part was the reactor, which consisted of two parts, the upper and
the lower one, produced from quartz glass. Both parts were connected
by spherical ground glass joint. The lower half of the reactor was filled
with quartz crushed rubble (5-7 mm), in which heating and
homogenization of the reaction was measured with the help of a
thermo cell placed in the middle of the gas in the immediate
proximity of the upper part of the apparatus, where the observed
sample was placed.

The upper part of the reactor was formed by a pipe, which was
ended by a quartz frit. To the pipes, which protruded over the reactor
itself, quartz pipes were smelted on, enabling taking gas in front of

Table 2

X-ray analysis XRF of the lanoline ashes —%

mass.
Oxide Content
Al,03 1.12
Si0, 2.03
SO3 0.38
Cao 87.72
Fe,053 0.54
K>,0 5.53
Na,0 0.81
MgO 0.66
P,0s 0.10
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Table 3
Recalculation of the content of calcium oxide —% mass.

Sample Content CaCO3 Content CaO in original sample
Technical lanoline - 50.67*

Limestone Cizkovice 73.57 41.20

Limestone Certovy schody 97.72 54.72

* Remark: Content of calcium oxide in the technical lanoline calculated from data in
Tables 1 and 2.

and behind the sample of the absorbent. These pipes were closed for
the experiment. The gas, going out of the reactor, was directed over a
washing device that had the function of a hydraulic closure, and the
gas was pulled into a fume chamber.

The reactor itself was placed in an electrically heated furnace. The
upper part of the reactor, extending beyond the furnace, was warmed
up by a heating spiral heated to the temperature of 105 °C.

For the direction of the flow of the gas an electrically directed valve
was used which served to regulate the flow of nitrogen in the case of
an alert or to regulate the flow of the standard with sulfur dioxide in
the extent of 4-2001/h.

4. Attributes of technical lanoline and of brown coal

Attributes of the product made from technical lanoline are
summarized in Table 1. It is evident from the given data that the
content of water in lanoline is very low and that it is comparable with
the content of water in brown coal used in combustion in energy
resources. The content of ashes is higher in waste lanoline by tens of
percent than in the case of the currently used coal. The results of an
elementary analysis show that the material does not contain
organically combustible sulfur. That means that by adding lanoline,
another quantity of sulfur is not delivered to the fireplace. The gross
heating value referred to in Table 1 equals to the gross heating value of
lignite used in energetic resources as fuel.

From the results of an X-ray fluorescent analysis of the ashes of
waste lanoline - see Table 2 - it is evident that the content of ballast
oxides in it, able to limit, under the conditions of combustion, the
desulfurizing activity of calcium oxide which reacts with sulfur
dioxide with the arising of calcium sulfate, are very small [5,6]. In this
connection it is appropriate to underline that, by the applied
analytical method, in the analyzed substance presence of toxic metals
-V, Cr, Cd, Cu, Hg, Ni, As, Pb, etc. - was not proved.

In order to achieve an exact assessment of the content of calcium
oxide in the lanoline under review, a RTG fluorescent analysis, as well
as analysis of two typical limestones used in the Czech Republic for
desulfurization of fluidized-bed combustors, was carried out. From
the results given in Table 3 it is evident that the content calcium of
oxide in the followed lanoline is comparable with that of the used
limestones.

For a model laboratory study of desulfurization of products of
combustion, brown coal from coal-pit Bilina was used, having an
average content of water of 22% mass and ashes of 15% mass. Its
selected basic parameters are summarized in the following tables.
From the results of Table 4 it is evident that the content of carbon is
48.42% mass. Important for the targets of the work is the content of
combustible sulfur which is 1.12% mass.

Further, element composition of the ashes of brown coal was
measured with the assistance of RTG fluorescent analysis. In the

Table 4
Elementary analysis of the dry substance of brown coal from the coal - pit Bilina -%
mass.

Brown coal 48.42 5.32 0.64 1.12

Table 5
Compositions of elements in the ashes of brown
coal from coal-pit Bilina -% content mass.

Oxide Content
Si0, 43.87
Al,05 34.44
Fe,03 6.32
SO3 447
Ca0o 4.21
TiO, 2.09
MgO 1.67
Na,O 1.05
K,0 1.03

following Table 5 the individual element representation in the form of
oxides is given. It is evident from the results that the content of
silicium and aluminum predominates in the ashes. Oxides of these
elements together with Fe,0; may, however, negatively apply in the
process of desulfurization. In the reaction with calcium oxide
reactants arise that lower the surface of the calcinate and it comes
to the so called “blinding” of the surface by the calcinations of the
arising CaO particles. [5,6].

5. Conditions and procedure of measuring reactivates in the fluid
layer

Technical lanoline was mixed for laboratory and technological
experiments in a mixing apparatus with calcium oxide. In this way,
two mixtures were prepared, to which 20% mass and/or 25% mass of
oxide respectively were added.

The mixtures prepared in this way were mixed with limestone from
the pit Certovy schody and brown coal from the pit Bilina and that was
done in a relation conserving the relation of sulfur contained in coal and
calcium contained in limestone (10:1). This relation proceeds from the
quantity of sulfur contained in coal and its reaction with oxide, arising in
the process of decomposition of limestone under temperatures in the
fluidized-bed combustor, where semi operational experiments will
follow. The material was calcinated at the temperature of 850 °C in the
mulffle furnace. Thereafter, the sample was quantitatively taken over to
the quartz reactor.

When measuring, blends consisting of 3 g ground limestone
Certovy schody with sizes of particles 0.3 to 0.6 mm and with 26 g
of finely ground brown coal from the pit Bilina were prepared. The
blend prepared in this way was inserted into the muffle furnace,
heated to 850 °C. The calcinations of the given blend took place
outside the apparatus — in the muffle furnace under conditions
respecting the foggy application of undesirable reactions of ballast
oxides with CaO, with arising of Larnite, Gehlenite, Garnet, etc. [5,6].
The blend prepared in this way was - after having been taken out of
the muffle furnace - quantitatively taken over into the apparatus. The
results of the analysis of the calcinate are arranged in Table 6.

Measuring in the model reactor took place at the temperature of
850 °C. The measured sample was placed inside the reactor on a
quartz frit. The flow of the model gas (0,06 m3/h) with the
concentration of sulfur dioxide 8 340 mg/m> at the pressure 101
325 Pa and temperature 25 °C. Other components of model products
of combustion had a concentration of 13% CO, and of 7% O, in nitrogen

Table 6
Results of the analysis of the calcinate.
Specification Composition Calcinate
of the sample of the sample
Content Ca Content CaO
[% mass] [% mass]
Sample 1 Waste lanoline + % CaO 46.0 64.4
Sample 2 Waste lanoline + 25% CaO 45.7 64.0
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Fig. 4. Comparison of SO, adsorption.

which flowed over the quartz frit and the sample created - together
with the practices of the sample - a fluid layer in a way achieving the
reaction calcium of oxide with sulfur dioxide. After leaving the
reactor, the test gas was cooled down and analyzed by a continual
analyzer SO, Servomex Xentra 4900 with an IR detector equipped
with a simultaneous measuring of the reference content of oxygen in
one of the chosen streams of the reaction gasses. The used apparatus
was able to measure continually the concentration of SO, on the entry
and exit of the reactor.

6. Measured results

Measuring the effectivity of the desulfurization of products of
combustion by the calcinate of lanoline was compared with the
limestone from the pit Certovy schody. Sorption curves were brought
in dependence of the mass flow of sulfur dioxide entering into the
reactor on the exit concentration of the sulfur dioxide from the
reactor. Obtained data were thereafter compared with the emission
limit of the sulfur dioxide for the Czech Republic, which is 400 mg/m>
for fluid fireplaces, having a performance higher than 500 MW, for
hard fuels burned in new resources, at normal state conditions and
oxygen content of 6% volume in dry gas. [7] In the results of
measuring, depicted in a graphic form in Fig. 4, an entry concentration
of sulfur dioxide in an applied standard was given for an objective
evaluation.

It is evident from the performed measuring aimed at the
replacement of a part of limestone by a means on the basis of
technical lanoline - containing beside the combustible part also
calcium - that the replacement of limestone is possible, and that the
addition of the means will not violate the reactivity of the calcinate of
limestones. Let's also be reminded that a meaningful undesirable
possible influence of the reaction activity of CaO from the middle of
lanoline by ash particles, namely by ashes of the Bilina coal, was not
proved. Despite the fact that a part with particles >0.045 mm was
used, the results achieved were satisfactory. The content of CaO in the
calcinate from technical lanoline is by 10% mass bigger than in the
limestone from CiZkovice and practically on the level of the limestone
Certovy schody. This parameter can be considered from the point of
view of the desulfurization process as very positive. The content of the

combustible in the tested means can also be considered as positive,
which can be considered from the point of view of the consumption of
heat for the calcinations and warming up of an inorganic part of
technical lanoline to a reaction desulfurizing temperature as at least
autothermic.

7. Conclusion

From the above pieces of knowledge it is evident that the use of the
up to now unsalable technical lanoline for the desulfurization of
fluidized-bed combustors is possible and technically feasible. In its
industrial application we can expect full use of calcium oxide for the
desulfurization of the products of combustion of fluidized-bed/
combustors burning brown coal. At the same time, we can expect
the exploitation of the energetic content of the combustible share of
its organic part.
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In the process of coal treatment is produced the coal sludge. One of the usage options of this sludge is
their thermal treatment and conversion to the activated coke. The options for the conversion of coal sludge on
activated coke and the testing of its properties was investigated in the laboratory research, whose results are
presented in this article. Waste from coal flotation was used for the laboratory production of activated coke.
The obtained samples were tested for SO, adsorption and NO removal from flue gas. The results achieved
were compared with those of industrial activated coke. The wastes from coal flotation represent very good
raw material for activated coke production. The activated coke samples prepared from these raw materials
under laboratory conditions show similar properties as the industrially produced activated coke by

Rheinbraun and Carbo Tech.
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1. Introduction

The technology of flue gas purification using acti-
vated coke is currently used in many power plants and
waste disposal plants [1, 2]. Both the non-regenerative
technology with the subsequent combustion of loaded
activated coke and the regenerative technology involv-
ing pollutant desorption from loaded activated coke and
its repeated use for purification [3] are used for flue gas
purification. The impurities-loaded activated coke pro-
duced in waste disposal plants is eliminated by combus-
tion.

Compared to other purification technologies (e.g.
wet technologies using limestone), the activated coke
technology features certain benefits, such as higher
efficiency of SO, removal, the possibility of simultane-
ous NO, removal, heavy metals removal, purification
temperatures above the flue gas dew point, the possibil-
ity for technical use of the desulphurization product
(H,S0,), low consumption of process water, no waste
water production. The considerably higher operating
costs compared to wet desulphurization technologies
represent one of the activated coke technology disad-
vantages [4].

The purification technology using activated coke
represents one of the few possibilities to reduce PCDD
and PCDF levels in flue gas below the emissions limits
in municipal waste incinerators [5, 6]. Simultaneously,
activated coke serves as an adsorbent for the residual
removal of dangerous acidic gaseous pollutants, e.g.
HCIl, HF, SO,, NO,, heavy metals and organic impuri-
ties [7, 8]. Given the long term experience with activat-
ed coke technology application in waste disposal plants,
the future use of this technology can be anticipated.

2. Activated coke and its producers

Carbon-based adsorbents containing less developed

porous structure are referred to as activated coke. The
BET surface area of activated coke is under value of
400 m*/g. In Europe, activated coke is produced by the
German companies Rheinbraun and Carbo Tech.
Rheinbraun [9] produces granular activated coke (parti-
cle size 1.25 — 5 mm), fine activated coke (particle size
0.1 — 1.5 mm) and powdered activated coke (< 0.4 mm).
Low ash brown coal is used as raw material for the
production, carried out in plate oven at 950 °C. Annual
production in last years ranged up to 200 000 t. The
produced activated coke is used first of all as one-way
adsorbent in flue gas treatment in power plants and
waste incineration plants.
Carbo Tech [10] produces pelletized activated coke
(diameter 5 mm and particle length 5 — 10 mm) in mul-
ti-step fluidized bed oven using bituminous coal. The
produced activated coke is used as regenerable adsor-
bent for flue gas desulphurization and denitrification in
coal fired power plants.

The activated coke consumption in the Czech Re-
public is currently covered by the import from Germa-
ny. It is mainly used for flue gas treatment in waste
disposal plants. In consequence to the new legislation in
the area of atmosphere protection, the increase of acti-
vated coke consumption is anticipated.

Therefore, in collaboration with the University of
Freiberg, the ICT Prague developed a new process for
activated coke production, using waste from bituminous
coal flotation as raw material. The properties of the
activated coke samples produced were subsequently
compared to those by Carbo Tech and Rheinbraun.

13
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3. Flue gas desulphurization and denitrifi-
cation using activated coke

There are two different mechanisms of flue gas de-
sulphurization:

1. Sulphur dioxide from flue gas is adsorbed into
the porous structure of activated coke and subsequently
oxidized by O, to SOs;. SO; and the adsorbed water
steam react to produce sulphuric acid [11]. The regener-
ation of H,SO4-loaded activated coke continues by its
heating to temperatures above 500 °C. The H,SO, is
reduced to SO, by the carbon from activated coke,
whereby SO, rich gas is produced. This gas is used for
H,SO, production (technical quality grade) [12,13]. The
reactions are described by the following equations:

SOy 4y = SOy 4 (1)
H,0,,, - H,0,,, )
250, + 0, — 280, 3)
SO, +H,0 — H,SO, 4)
H,S0, +C — SO, + CO+ H,O )

2. Similarity to the first mechanism according
equations (1) to (4). During the H,SO, neutralization in
the porous structure of activated coke by alkali sub-
stances, sulfates are formed. Thermal regeneration of
loaded activated coke below 500 °C is not possible due
to the high stability of the sulfates formed. The used
activated coke is disposed of by combustion.

Flue gas from conventional power plants mainly
contains NOy in the form of NO (85 — 95 %) and NO,
(5 = 15 %). At temperatures above 120 °C, NO, can be
reduced to elementary N, using the activated coke car-
bon according to the following equation:

2NO, +4C — N, +4CO 6)

The reactivity of NO is lower than that of NO,.
Higher temperatures above 150 °C are necessary for its
direct reduction to elementary N, [14]. Such conditions
enable the reaction according to the following equation:

2NO+2C,, — N, +2(C,,0) 7

The oxygen from NO remains on the surface of the
activated carbon and its increasing concentration moves
the reaction equilibrium to the left, decreasing the reac-
tion’s efficiency.

Therefore, in technical scale, the NO reduction us-
ing gaseous ammonia as a reduction agent is given pref-
erence [15]. The activated coke catalyzes the NO reduc-
tion according to the following equation:

6NO+4NH,—>5N, +6H,0 @®)

4. Preparation of laboratory samples of

activated coke

To the preparation of laboratory samples of acti-
vated coke was used coal sludge from the coal treatment
plant of Coal Mine Darkov (CZ). To determine the basic
properties of the sludge, the sludge sample was dried
and prepared for the basic analysis. The results of the
analysis of coal sludge are listed in table 1.

Tab. 1 Basic properties of coal sludge used for the
preparation of activated coke

Parameter Value
Ash content, AW 20.41%
Content of volatile matter, V4P 22.37%
Water content, W® 38.59%
Carbon content, (C)¥ 69.42%
Content of hydrogen, H® 3.97%
Oxygen content, oY 1.05%
Sulphur content, S 0.56%
Content of nitrogen, N@ 4.59%
Lower calorific value, Q; 27.3 MJ/kg
Highher calorific value, Q; 28.2 MJ/kg

d —dry; a — analytical sample; daf — dry ash, free

Coal sludge was first mixed with the binder in a ra-
tio of 95:5 and subsequently agglomerated. As the bind-
er pulped waste paper was used. The resulting mixture
was extruded through a matrix of holes diameter 4 mm.
Manufactured pressed pieces should be 8 - 10 mm in
length and a diameter of approx. 3 - 4 mm. Optimal
moisture for mixtures was determined in the range of
25 -30%. The pressed pieces were subsequently dried
in air oven at 105 °C. Hydrated lime stone was added to
some of produced samples due to the expected increase
of adsorption and catalytic properties of produced acti-
vated coke samples. Some samples were prepared with
the addition of 2 % or 4 % calcium hydrate.

Dried pressings were subsequently carbonized in
stationary muffle furnace and then activated in the rota-
ry kiln.

Carbonization conditions:

o the temperature gradient: 5 K/min,

o final temperature carbonization: 800, 900 or 1000 °C,

o the time remaining on the final temperature carboni-
zation: 60 min,

e the inert gas flow (nitrogen): 100 dm’/h.

Weight decreases individual samples ranged from
26.6 to 29.1 %. Carbonized samples were subsequently
activated using water vapor in a rotating electrically
heated kiln under the following conditions:

o temperature gradient: 20 K/min,
o final temperature of activation: 800, 900 or
1 000 °C,
o the time remaining on the final temperature: 60 min,
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o the consumption of the activation reagent (distilled
water): 50 ml,

nitrogen flow: 100 dm*/h,

the speed of rotation of the furnace: 3 rpm,

the water vapour concentration in the gas: aprox.
40 % vol.

The weight decreases of the samples during activa-
tion is ranged from 6.3 to 6.7 % (samples activated at
800 °C), over the 14.7 - 17.2 % (samples activated at
900°C) up to 32.8 -41.3% (samples activated at
1 000 °C). Description of the prepared samples is given
in table 2, their basic properties are indicated in table 3.

Tab. 2 Used activated coke samples description

Sample Conditions of sample preparation
Activated coke made from bituminous coal
Al 800 waste without additive addition, carbonized

and activated at 800 °C

Activated coke made from bituminous coal
A1 900 waste without additive addition, carbonized

and activated at 900 °C

Activated coke made from bituminous coal
A1 1000 waste without additive addition, carbonized

and activated at 1000 °C

Activated coke made from bituminous coal
A2 800 waste loaded with 2 % limestone hydrate,

carbonized and activated at 800 °C

Activated coke made from bituminous coal
A2 900 waste loaded with 2 % limestone hydrate,

carbonized and activated at 900 °C

Activated coke made from bituminous coal
A2 1000 waste loaded with 2 % limestone hydrate,

carbonized and activated at 1000 °C

Activated coke made from bituminous coal
A3 800 waste loaded with 4 % limestone hydrate,

carbonized and activated at 800 °C

Activated coke made from bituminous coal
A3 900 waste loaded with 4 % limestone hydrate,

carbonized and activated at 900 °C

Activated coke made from bituminous coal
A3 1000 waste loaded with 4 % limestone hydrate,
carbonized and activated at 1000 °C
Sample of industrial activated coke (by the
Rheinbraun company), lot 1583 (granular
activated coke, grain size 1.25 — 5 mm)
Sample of industrial activated coke (by the
Carbo Tech company) (extruded activated
coke, diameter 5 mm, length 5 to 10 mm)

Rhein-
braun

Carbo-
Tech

5. Preparation of laboratory samples of
activated coke

The tests of industrially produced activated coke
samples (Rheinbraun and Carbo Tech) and samples
made from bituminous coal wastes (laboratory prepared
samples) to be used for flue gas desulphurization and
denitrification were carried out in a laboratory unit out-
lined in Fig. 1.

Tab. 3 Basic characteristics of activated coke samples

BET Adsorption Ignition
Sample surface area pore volume temperature

(m*/g) (cm’/g) O

Al 800 147 0.077 422
A1900 250 0.129 420
Al 1000 441 0.245 430
A2 800 179 0.101 410
A2 900 254 0.144 415
A2 1000 390 0.258 425
A3 800 149 0.094 405
A3 900 260 0.156 410
A3 1000 260 0.216 420
Rheinbraun 263 0.191 378
Carbo Tech 13 0.010 401

This unit consists of a quartz reactor (diameter
42 mm) with electric heating. The volume of activated
coke used for all tests was 70 cm’. The activated carbon
samples of the original grain size were used for the test.
The test gaseous mixture passes down through the reac-
tor and then through the cooler and gas analyzers.

The desulphurization and denitrification tests were
carried out separately to eliminate possible interaction.
The test gas mixture used for the desulphurization tests
consists of 0.26 % vol. SO,, 5 % vol. H,0, 5 % vol. O,,
residue N,. The activated coke sample tests were carried
out at 120 °C for 6 hours. The results obtained were
used to calculate the average desulphurization grade and
the dynamic saturation of activated coke at the end of
each experiment.

The same concentrations of oxygen and water
steam were used for the denitrification tests. Instead of
SO,, the NO in the concentration of 0.035 % vol. was
used. The activated coke temperature was increased to
150 °C for the denitrification tests, each denitrification
experiment lasted for 3 hours.

2

Fig. 1. Laboratory unit for testing of adsorbents;
Description: 1- flow gas regulation; 2- gas saturation of
water; 3- reactor and electric heater ; 4- electric heater
regulation; 5- SO, analyzer; 6- data recorder.
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The average denitrification grade was calculated
from the results obtained. The dynamic saturation of
activated coke at the end of the experiment was not
determined due to the catalytic reaction of activated
coke with NO (see equation 7). The tested activated
coke samples are given in tab. 2.

6. Results

BET surface area and adsorption pore volume were
estimated for all activated carbon samples. The tests
were carried out using Pore analyzer Coulter SA 3100+
(nitrogen adsorption and desorption isotherm measured
at -196 °C, pore distribution calculated using the Bar-
rett, Joyner and Halenda method). Furthermore, ignition
temperatures of the activated coke samples were esti-
mated (using air as carrier gas). The results are given in
tab. 3.

The results of the desulphurization and denitrifica-
tion tests are given in tab 4. and drawn at Fig. 2 — Fig. 4
(results of gas desulfurization) and Fig. 5 — Fig. 7 (re-
sults of gas denitrification).

Tab. 4 Results of desulphurization and denitrification tests

Average de-  Dyn. saturation Average de-
S | sulphurization of activated coke nitrification
ampie grade (mg SO,/g activa- ~ grade
(%) ted coke) (%)
Al 800 52 39 22
A1900 72 56 15
A1 1000 26 37 6
A2 800 62 47 25
A2 900 70 54 21
A2 1000 27 41 5
A3 800 52 42 18
A3 900 63 52 17
A3 1000 21 12 7
Rheinbraun 33 27 16
Carbo Tech 27 26 16

Fig. 2 Flue gas desulphurization using various activated coke samples
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Fig. 3 Flue gas desulphurization using various activated coke samples

Fig. 4 Flue gas desulphurization using various activated coke samples

17



S25 (6)

PALIVA 7 (2015),1,5.13 -20 Flue gas desulphurization and denitrification using activated coke

Fig. 5 Flue gas denitrification using various activated coke samples

Fig. 6 Flue gas denitrification using various activated coke samples
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Fig. 7 Flue gas denitrification using various activated coke samples

7. Discussion

The wastes produced by bituminous coal flotation
serve as good raw material for activated coke produc-
tion. The properties (BET surface area, adsorption pore
volume) of activated coke samples produced from these
wastes are comparable to those of the Rheinbraun acti-
vated coke. The Carbo Tech activated coke features
lower values.

Tab. 3 shows that the BET surface area and adsorp-
tions pore volume values increase with increasing acti-
vation temperature. The limestone hydrate addition
shows no distinct impact on these parameters.

The ignition temperatures of bituminous coal waste
activated coke samples are higher than those of the
Rheinbraun and Carbo Tech activated coke samples.
Ignition temperature increases with the rising activation
temperature. The limestone hydrate addition decreases
ignition temperature slightly.

The estimated average desulphurization grade of
the bituminous coal activated coke samples is much
higher than for the Rheinbraun and Carbo Tech activat-
ed coke. In some samples, it reaches double values. The
best results were obtained in samples activated at
900 °C. The impact of the additive is not distinct, it
causes the decrease of the desulphurization grade in
most samples.

The dynamic saturation of activated carbon sam-
ples by SO, shows similar values for all samples. These
values appear to be affected by grain size and density of

the adsorbents used (the weight of the tested samples is
different due to the different density).

The best denitrification test results were obtained
using samples activated at 800 °C. The samples by
Rheinbraun and Carbo Tech show comparable results.
Only the samples made at 1000 °C show worse results
than the industrial samples. The decrease of the activat-
ed coke reactivity to NO is probably caused by the
changes in carbon structure due to high temperature of
the carbonization and activation.

The results in Tab. 4 show that the NO reduction
using activated carbon has no technical significance
compared to the gas desulphurization and therefore is
not industrially used. On the other hand, by the industri-
al use of flue gas desulphurization using activated car-
bon is achieved high saturation grade of activated coke
for SO, (e.g. flue gas desulphurization in the power
plant in Arzberg, Germany).

8. Conclusions

The wastes from bituminous coal flotation repre-
sent very good raw material for activated coke produc-
tion. The activated coke samples prepared from these
raw materials under laboratory conditions show similar
properties as the industrially produced activated coke by
Rheinbraun and Carbo Tech.

The BET surface area and adsorption pore volume
of the prepared samples are dependent on the preparation
conditions. The addition of limestone hydrate has no
distinct impact on these parameters.
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By the gas desulphurization at 120 °C, the activat-
ed coke samples made from bituminous coal show higher
loading capacities for SO, than industrial coke made by
Rheinbraun and Carbo Tech resp. The optimum activa-
tion temperature for the achieving of maximal desul-
phurization efficiency is 900 °C.

Direct denitrification (NO reduction) in flue gas
using both laboratory and industrial activated coke
at 150 °C provides unsatisfactory results for industrial
use.
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Souhrn

O. Prokes, K. Ciahotny, T. Hlincik,W. Heschel

Odsiieni a denitrifikace spalin s pouZitim aktivniho
koksu

V procesu upravy uhli vznikaji uhelné kaly. Jednou
z moznosti vyuziti téchto kalu je jejich tepelné zpraco-
vani na aktivni koks. Moznosti pro pfeménu uhelného
kalu na aktivni koks a testovani vlastnosti vyrobenych
adsorbentli byly zkoumany béhem laboratornich expe-
rimentd, jejichz vysledky jsou uvedeny v tomto ¢lanku.
Pro vyrobu laboratornich vzorkii aktivniho koksu byl
pouzit odpadni kal z flotace uhli. Ziskané vzorky adsor-
bentil byly testovany na adsorpci SO, a odstranéni NO,
ze spalin. Dosazené vysledky byly porovnavany
s vysledky ziskanymi s pouzitim primyslové vyrabé-
nych aktivnich kokst.

Odpad z flotace uhli ptedstavuji velmi dobrou su-
rovinu pro vyrobu aktivniho koksu. Vzorky aktivniho
koksu pfipravené z tohoto odpadu v laboratornich pod-
minkach vykazuji podobné vlastnosti jako pramyslové
vyrabéné aktivni koksy firem Rheinbraun a Carbo Tech.
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The article describes the basics of the process of high temperature carbonate looping, which is being de-
veloped as one of the methods of CO; capture from flue gas produced during fossil fuel combustion. Used as
adsorbents in this process are mainly alkaline-earth metal oxides, most frequently CaO. A reaction of the
sorbent with carbon dioxide occurs under suitable reaction conditions, producing the respective carbonate. As
this involves chemical bonding of CO;, the adsorption capacity of the sorbent for CO; is high. The sorbent is
regenerated by increasing the temperature above the temperature of stability of the given carbonate, which
causes the carbonate to decompose into an oxide, and CO; is released in a concentrated form. Because the
system operates at high temperatures above 600 °C, it is possible to use the residual heat from the process of
carbonate looping for the production of electrical energy in a steam cycle. The article describes the results of
laboratory tests of limestone samples from various localities in the Czech Republic, which were tested for CO;
capture in the process of high temperature carbonate looping. The limestone samples were also analysed by
the method of elemental analysis, and the CO, content was determined which is released when heated above
the stability limit of the carbonates present in the limestone sample. The results were then compared with the
theoretical sorption capacities of the individual samples for CO,, and all cases showed a good correspondence
between the measured and the calculated values. Also measured were the adsorption capacities of the individ-
ual limestone samples after their previous activation (conversion into oxides) and the acquired results were
again compared with the theoretical sorption capacities for CO; calculated from the composition of individual
samples. The selected adsorbent samples were further tested by measuring breakthrough curves for CO; from
a model gas mixture containing ca 14% vol. CO,, and sorption capacities of samples for CO; for the given
experimental conditions were then calculated from the measured breakthrough curves.

Keywords: carbonate looping, carbon dioxide, CO; capture
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Introduction Cao0 (s)+C02(g) — CaCoOs(s)

In recent years, first power plants have started to op-
erate that include flue gas cleaning as well as technolo-
gies for capturing carbon dioxide. One of the technolo-
gies being developed for this purpose is the technology
of high temperature carbonate looping. This technology
is based on capturing CO, from flue gas, using its chem-
isorption on suitable materials at high temperatures.

The article describes the fundamentals of the pro-
cess of high temperature carbonate looping and the re-
sults of laboratory tests of limestones from various local-
ities in the Czech Republic which were tested for that
purpose in laboratory conditions.

2. The principle of high temperature car-
bonate looping

High temperature carbonate looping is one of the
ways of removing CO, from gases using its chemisorp-
tion on metal oxides [1]. The substances which are used
most frequently as sorbents are those based on CaO
(MgO). Their reactions with CO; occur at high tempera-
tures (450 — 750 °C) and are called carbonation; these are
exothermic reactions.

MgO (s) + CO> (g) — MgCO; (s)

Similar to CO,, the SO;present in flue gas also re-
acts with metal oxides.

a0 (s)+ S0 (g) — CaS0s (s)
2 CaS03 (s) + 02 (g) > 2 CaS04 (s)

The sorbent is regenerated by heating it to tempera-
tures above the limit of thermal stability of the carbonate
(800 — 900 °C), which causes thermic decomposition of
the carbonates; the reaction is called calcination and it is
endothermic. Sulphates do not decompose at these tem-
peratures; it is therefore necessary to separate them and
replace them with new adsorbent. The process of high
temperature carbonate looping is schematically depicted
in Fig. 1 [2].An advantage of this process is the high sorp-
tion capacity of the adsorbent for CO,, which follows
from the chemical bond of CO, (stable products are
formed at a given temperature during a chemical reaction
of metal oxides with CO,).
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Fig. 1 Outline of the high temperature carbonate loop-
ing process

This process usually occurs in a fluidized bed, which
is characterized by intensive exchange of mass and heat;
it is therefore possible to achieve a high degree of CO,
removal from flue gas in an apparatus of an acceptable
size, even for large quantities of flue gas produced by a
large power plant block [3, 4]. Another advantage is the
process of flue gas desulphurization that takes place sim-
ultaneously because, as mentioned before, sulphur diox-
ide reacts with alkali metal oxides and alkaline earth met-
als in a way similar to carbon dioxide.

3. [Experimental part

This work tested limestone samples from various
Czech suppliers for the purposes of their use in the pro-
cess of high temperature carbonate looping. The aim of
the tests was to find limestones with the highest possible
adsorption capacity for CO,.

3.1. Selecting samples for testing

During the selection of limestone samples suitable
for high temperature carbonate looping such materials
were chosen that are available at the Czech market in
large quantities. A list of the largest companies in the
Czech Republic that quarry materials based on limestone
is given in Tab. 1 [5].

A total of 11 limestone samples from various sup-
pliers suitable for high temperature carbonate looping
was selected for testing. The necessary information about
all samples is summarized in Tab. 2.

3.2. Sample modification before testing

Before testing, the limestone samples were crushed
in a jaw mill and then sieved to grain size fractions opti-
mal for the individual tests and analyses. The fractions
were: under 0.2 mm; 0.2 — 0.5 mm; 0.5 -1 mmal -2
mm.

3.3. Methods of analysis and testing

The purpose of the laboratory tests was to evaluate
the usability of the individual limestone samples in the
process of high temperature carbonate looping.

Tab. 1 Overviewof limestone suppliers in the Czech
Republic [5]

Exploited Share

Company amount in mining

[t/year] [%]
Viépenka Certovy schody 1570 000 18
Lafarge Cement 1 189 660 14
Ceskomoravsky cement 1110 800 13
Holcim 961 000 11
Cement Hranice 841 120 10
Vépenka VitoSov 756 000 9
Lomy Mofina 622 700 7
Kotou¢ Stramberk 612 500 7
Omya 334 000 4
Hasit 288 000 3

Tab. 2 Limestones selected for testing in high tempera-
ture carbonate looping

Sample
Company Quarry identiﬁ(r:,ation
Ceskomoravsky cement Hvizd’alka HVIZD
Ceskomoravsky cement Na Spiéce SPICKA
Ceskomoravsky cement Branzovy BRANZ
Lafarge Cement Upohlavy ENVI
Lomy Mofina Tetin TETIN
Lomy Mofina Holy vrch HOLY
Lomy Mofina Moftina MORINA
Viépenka Certov Certov
sch%dy ’ schod; CERT
Libotin LIBO
VitoSov Vitosov VITO
Hasit Hejna HASIT

The following analytical methods were used for the
laboratory tests of the selected limestone samples.

X-ray fluorescence analysis

This method was used for determining the elemental
composition of the limestone samples used for testing.
The X-ray fluorescence analysis of limestone samples
was performed on the ARL 9400 apparatus. On the basis
of CaO and MgO content in the analysed sample it is pos-
sible to estimate the carbonate content, providing that the
entire quantity of these oxides is transformed into car-
bonates. The analyser is for these purposes equipped with
a special programme that enables a direct calculation of
carbonate content in the sample.

BET-surface measurement

The characteristics of the porous structure of adsor-
bent samples were determined by the Coulter SA 3100
(Beckman Coulter) analyser. The analyser operates on
the principle of physical adsorption of N»from the gas
phase at the temperature of 77K. Prior to the testing, the
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samples of material were dried at the temperature of
105 °C, and then each sample was precisely weighed into
a special container and deaerated at 150 °C in a high vac-
uum for at least 240 minutes. After the deaeration, the
sample in the container was weighed again and the con-
tainer was placed in the measuring port of the apparatus
and immersed in liquid nitrogen. In the apparatus the
sample was again evacuated into high vacuum. After the
evacuation, precisely measured volumes of gaseous ni-
trogen from the dosage device were released in stages to
the sample. Following each stage, equilibrium pressure
in the vicinity of the adsorbent was measured and the ad-
sorbed amount of nitrogen was calculated from it. The
measurement was evaluated from the shape of adsorption
and desorption isotherms. For the range of relative pres-
sures 0 — 0.3 the quantities of adsorbed nitrogen were
evaluated using a BET equation, and the coefficients
were used to determine the BET-surface of the material.

Determining CO: content using elemental analyser

To determine the CO; content in limestone samples,
the method of elemental organic analysis on a Thermo
Scientific Flash 1112 apparatus was used. The principle
of this method is burning a sample in a combustor in a
stream of oxygen at a high temperature (ca 1600 °C),
subsequent catalytic reduction of some of the combustion
products, separation of the individual products in short
chromatographic column, followed by detection and de-
termining the content on a TCD detector. The working
range of the apparatus is 0.01 — 100% for each deter-
mined component (C, H, N, S). In the case of limestone
samples, these are inorganic materials, but when they are
heated, CO; is released and subsequently determined by
the apparatus, similarly to CO; that is produced by carbon
combustion.

Measuring CO: sorption capacity

The carbonation of the samples of CaO prepared
from the individual limestone samples by calcination at
1000 °C in a muftle furnace was carried out on the
Quantachrome ASiQ sorption system. Before the meas-
urements each sample was first flushed with helium in
the sampling cell. This was followed by evacuating the
cell and heating the sample to 650 °C. Exactly measured
volumes of CO, were gradually released into the cell dur-
ing the testing. After equilibration, the equilibrium pres-
sure of CO in the system was deducted and subsequently
next volume of CO, was then dosed; the whole sorption
isotherm was measured in this way. The apparatus makes
it possible with a special programme to determine the
share of chemisorption and physical adsorption for indi-
vidual equilibrium pressures.

Determining adsorption capacity for CO on a flow ap-
paratus with a fixed bed of sorbent

To study the sorption of carbon dioxide from a
model gas mixture, a flow laboratory apparatus with a
fixed layer of adsorbent was designed; it is outlined in
Fig. 2. The tested limestone samples were calcined in this
apparatus, just as the subsequent sorption of CO; from
the model gas mixture. A cylindrical electric furnace,
placed on a mechanical lever, was used for heating the
material to high temperatures. This enabled faster cooling
of the apparatus after the calcination phase of the process
ended. The samples were calcined in an inert nitrogen at-
mosphere, while the carbonation phase was carried out in
a gas atmosphere, 14% vol. of which was carbon dioxide
in a mixture with nitrogen.

Fig. 2 Outline of the laboratory apparatus used for testing the adsorbents for CO; capture

(1 — pressure bottle with gas, 2 — needle valve, 3 — flow meter, 4 — flow regulator, 5 — bypass, 6 — gas inlet into the
reactor, 7 — thermometer, 8 —ads. zone with sample, 9 — preheating zone, 10 —electric heating furnace, 11 — air
coolers, 12 — ball valve, 13 — gas flow splitting, 14 — CO; analyser, 15 — wet gas meter, 16 — gas outlet)
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All gas distribution systems in the apparatus were
made from stainless steel capillary tubes Swagelok 6mm
(interior diameter 4mm). The individual components
were arranged in the direction of gas flow as follows. The
gases were fed from pressure bottles via flexible tubes
through a pair of manual needle valves into a digital flow
regulator Bronkhorst EL-FLOW Select, which also func-
tioned as a flowmeter. The flow of the gas was then split
into two, with one branch directed to a high temperature
reactor and the other branch working as a by-pass for the
purposes of measuring CO, concentration in the model
gas mixture before the adsorber.

The high temperature cylindrical reactor was made
of quartz glass and in its axis was installed a NiCr-Ni
thermocouple connected to a digital thermometer/data-
logger Greisinger GMH 3250, which provided continu-
ous measurement and recording of temperature in the
sample layer. This construction solution made it possible
to calcine limestone samples to the end temperature of
1000 °C. The gas exiting the spiral coolers was cooled
down in air coolers.

The content of carbon dioxide in the gas behind the
adsorber was continuously measured by ASEKO AIR-
LF infrared analyser. Given the fact that the accuracy of
determining sorption capacity depends mainly on a pre-
cise measurement of the volume of gas flowed through
the apparatus, a wet drum gas meter was connected to the
end of the apparatus.

4. Results and discussion

X-ray fluorescence analysis

In the whole group of analysed limestone samples
only those chemical elements were monitored for which
the mass content of at least one sample exceeded the
value of 0.1% wt. Values converted to carbonates and
normalized for 100% were used as the assessment base.
The results of the analyses are given in Tab. 3. The theo-
retical CO, sorption capacities of individual samples cal-
culated from their composition are given in Tab. 4.

Tab.3 X-ray fluorescence analysis of limestone samples selected for testing

Sample: Morina  Tetin  Envi  Spicka Hvizd Branz Holy  Cert Libo  Vito  Hasit
Component Content in sample [% wt.]
MgO 2,10 0,76 0,82 1,58 1,71 0,44 1,74 0,36 0,57 0,31 5,97
Al O3 1,22 0,44 6,11 4,95 3,94 0,21 1,04 0,43 0,37 0,78
SiO; 2,13 0,86 1488 10,29 20,26 0,32 10,32 0,18 1,07 0,73 3,11
P,0s 0,16 0,18 0,12 0,11 0,61
S 0,12 0,29
K,O 0,17 0,94 0,10 0,69 0,22
CaO 51,25 54,11 41,70 43,86 38,84 55,03 4720 5539 54,05 54,92 46,30
TiO> 0,24 0,24 0,30
Fe O3 0,35 0,20 1,25 1,79 1,37 0,17 0,29 0,12 0,36
Tab. 4 Theoretical CO; sorption capacities of limestone samples selected for testing
Determined content Calculated content Theor. sorption capacity for CO»
[% wt.] [% wt.] [% wt.]
Sample MgO CaO Ca Mg  CaCO; MgCO3 fézg glogg Total
HVIZD 1,71 38,84 27,76 1,03 69,32 3,58 30,48 1,87 32,35
SPICKA 1,58 43,86 31,35 0,95 78,28 3,31 34,42 1,73 36,15
BRANZ 0,44 55,03 39,33 0,27 98,22 0,93 43,19 0,48 43,67
ENVI 0,82 41,70 29,80 0,49 74,43 1,71 32,73 0,89 33,62
TETIN 0,76 54,11 38,67 0,46 96,58 1,59 42,47 0,83 43,29
HOLY 1,74 47,20 33,73 1,05 84,24 3,64 37,04 1,90 38,94
MORINA 2,10 51,25 36,63 1,27 91,47 4,39 40,22 2,29 42,51
CERT 0,36 55,39 39,59 0,22 98,86 0,75 43,47 0,39 43,86
LIBO 0,57 54,05 38,63 0,34 96,47 1,19 42,42 0,62 43,04
VITO 0,31 54,92 39,25 0,19 98,02 0,64 43,10 0,34 43,44
HASIT 5,97 46,30 33,09 3,60 82,64 12,49 36,34 6,52 42,86
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According to the RDX analyses and the CO, adsorp-
tion capacities calculated from these analyses, the highest
CO; sorption capacity was shown by the samples labelled
as VITO (43.4% wt.), (BRANZ (43.7% wt.), and CERT

Tab. 6 Adsorption capacities of limestone samples for
CO; estimated by Quantachrome analyzer

CO; content [% wt.]  Ads. capacity for

CO; [% wt.
(43.9% wt.). The lowest CO; sorption capacities, on the Sample Elerlrlegt. RDX Qan%ca[cﬁr‘:m]e
other hand, were calculated from the RDX analyses for anatysis
samples labelled as HVIZD, ENVI and SPICKA. HOLY 36,20 38,94 20,29
The content of CO; in the individual limestone sam- SPICKA 37,93 36,15 30,3
ples determined by the method of elemental organic anal- TETIN 43,66 4329 36,62
ysis his %ivc?n irfl "lflab. 5. 1The Eespective 1values ;i.etzr.rpilnec} MORINA 42,78 42,51 36,02
on the basis of t e resu tsg RDX analyses of in lividua ENVI 33.61 33.62 11,94
samples are also included in the table for comparison.
HASIT 43,23 42,86 28,35
Tab. 5 CO; content in limestone samples estimated by BRANZ 43,81 43,67 34,14
their elementary analysis LIBO 43,09 43,04 37,21
CO, content in % wt. HVIZD 33,26 32,35 19,69
S 1 Elemental RDX Difference VITO 43,48 43,44 33,89
amp’e analysis in % rel. CERT 44,03 43,86 36,40
HOLY 36,20 38,94 -7,05
SPICKA 37.93 36.15 4.91 The results of measurements of BET-surface of the
’ ’ ’ original limestone samples, samples after calcination at
TETIN 43,66 43,29 0,86 1000 °C and calcined samples after CO» exposition on
MORINA 42,78 42,51 0,63 Quantachrome are given in Tab. 7.
ENVI 33,61 33,62 -0,03
HASIT 43,23 42,86 0,86 Tab. 7 BET-surface of limestone samples, samples after
BRANZ 43 81 43,67 0,32 calcination and samples after CO; saturation
LIBO 43,09 43,04 0,12 BET-surface [m?-g']
HVIZD 33,26 32,35 2,80 Sample Original After calcina- After CO,
VITO 43,48 43,44 0,08 sample tion at 1000 °C  adsorption
CERT 44,03 43,86 0,39 HOLY 1,04 1,40 0,52
SPICKA 3,24 2,43 0,59
It is evident from Tab. 5 that the CO; content in the TETIN 0,45 3.44 0,14
individual limestone samples determined by elemental MORINA 1,39 241 0,57
analysis show, with one exception (HOLY), a very good ENVI 14,53 2,63 0,51
correspondence with the results obtained by RDX fluo- HASIT 0,12 4,92 0,25
r}elscenie. In zli) majo;itg of hcases, the d}ilff(elret}celbetwleien BRANZ 0,26 3,37 0.40
t1<; r\:{ ues obtained by the two methods is less than LIBO 0.39 3.49 0.56
0 .
Tab. 6 shows the results of CO, adsorption capaci- HVIZD 3.27 1,62 0,58
ties of individual samples measured at 650 °C by the VITO 0,34 5,74 0,44

Quantachrome ASiQ apparatus. The measured adsorp-
tion capacities for CO, were related to CaO and then con-
verted to CaCOjs to enable a comparison of the measure-
ment results with the results determined by RDX anal-
yses and elemental analyses of limestone samples.

The correspondence of the results of adsorption ca-
pacities for CO; determined by measurements on the
Quantachrome apparatus with the amount of CO, bound
in the original limestone samples is not so good in this
case and the sorbed quantities of CO, show lower values
compared to the CO, that was originally bound in the
limestone samples. This is caused by the fact that the
chemical bond of CO; does not use the entire capacity of
the adsorbent, perhaps because a certain part of it is de-
activated by the sintering of the surface of the material at
high temperatures [6, 7].

Tab. 7 shows that the inner surface of most samples
is increased during calcination. Exceptions to that are the
samples SPICKA, ENVI and HVIZD. The last two sam-
ples are characterized by the fact that their sorption ca-
pacity for CO;, determined on Quantachrome is consider-
ably lower that their theoretical sorption capacity. Both
the samples show, compared to the other samples, high
potassium content, which probably causes partial sinter-
ing of the outer surface of the particles of the material
during its calcination and thus a decrease of reactivity of
the calcined sample of material to COs.

Fig. 3 shows the results of measurements adsorption
capacity of the calcined samples prepared from individ-
ual limestone samples by calcination at 1000 °C and test-
ing of the calcined materials on a flow apparatus with a
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fixed layer of adsorbent. The figure shows very well the
decrease in sorption capacity of the samples in repeated
cycles of carbonation (CO, adsorption) — calcination
(CO; desorption). The results of all measurements were
in this case also converted to carbonates as the basis, in
order to make them comparable with the results obtained
by the methods mentioned earlier.

Fig. 3 Adsorptions capacities for calcinated limestone
samplesfor CO; in repeated adsorption — desorption
cycles

The adsorption capacities for CO, determined for
the first adsorption cycle on a flow laboratory apparatus
correspond relatively well with the results of measure-
ments on Quantachrome ASiQ. But it must be borne in
mind that this apparatus uses pure CO, for the measure-
ments.

With an increasing number of adsorption — desorp-
tion cycles all of the tested samples show a decrease in
their adsorption capacity for CO,, which is probably
caused by the sintering of the surface of the particles of
material, which thus becomes non-reactive. This is con-
sistent with the information published about this topic in
the scientific literature.

From the tested samples, the highest sorption capac-
ities for CO, and the lowest decrease of sorption effi-
ciency in repeated cycles was shown by the limestones
from quarries Certovy schody, VitoSov and BranZovy.
Samples from quarries Libotin, Mofina and Tetin also
show high sorption capacities for CO,. Samples lablelled
as ENVI (Lafagre Cement), HVIZD (Ceskomoravsky ce-
ment) and HOLY (Holy vrch, Lomy Mofina), on the
other hand, proved unsuitable for use in the process of
high temperature carbonate looping.

5. Conclusion

A total of 11 limestone samples from various local-
ities in the Czech Republic were tested in laboratory con-
ditions for the purposes of use in the process of high tem-
perature carbonate looping. The tests focused on deter-
mining the composition of the samples and the content of
bound CO; (RDX fluorescence and elemental analysis),
the porous structure (N;adsorption at 77 K) and the ad-
sorption capacity for CO, at 650 °C (measuring CO;

chemisorption on Quantachrome apparatus and measur-
ing CO; breakthrough curves on a flow apparatus with a
fixed layer of adsorbent).

It was found that both RDX analysis and elemental
analysis are suitable methods for determining the content
of CO, bound in the samples of adsorbent. The results of
measurements obtained by these methods show in a ma-
jority of samples a deviation lower than 1% rel.

The highest sorption capacities for CO, were shown
by limestone samples from the localities Certovy schody,
VitoSov and Branzovy. These samples are capable of
sorbing ca 34 to 37g of CO, for 100g of limestone. This
sorption capacity corresponds to about 80% of theoretical
CO; content in the individual limestone samples used for
testing. The chemisorption capacity of the adsorbent
samples for CO; decreases in repeated cycles of chemi-
sorption — calcination. The results of measurements ob-
tained on a flow apparatus are similar to the results that
were obtained using the Quantachrome ASiQ apparatus,
although the correspondence is not nearly as good as in
the case of testing using the methods of RDX analysis
and elemental analysis.This is probably caused by the
fact that each of the methods used for measuring CO,
chemisorption operates under different conditions (at a
different part. pressure of CO,). Most limestone samples
show an increase of inner BET-surface during calcina-
tion, with the exception of samples SPICKA, ENVI and
HVIZD. The last two samples are characterized by a high
potassium content, which is probably the cause of the sin-
tering of outer surface of the samples during calcination
at 1000 °C. This leads to a decrease in the reactivity of
calcined samples with CO,. Samples after a reaction with
CO; show a lower inner surface than the calcined samples
and the original limestone samples. The adsorption ca-
pacity of all samples of material decreases with the repe-
tition of the samples of calcination — CO, adsorption,
which is attributed to the sintering of their outer surface.
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Carbon dioxide removal from flue gas
using high temperature carbonate looping

In the article the basic principles of the high-temper-
ature carbonate looping process are described. This pro-
cess is being developed as one of the methods of CO,
capture from flue gases resulting from the combustion of
fossil fuels. This process uses mainly the oxides of alka-
line earth metals as the adsorbent, most often CaO. Under
suitable reaction conditions the sorbent reacts with car-
bon dioxide leading to the formation of carbonate. Be-
cause it is a chemical binding of CO,, the adsorption ca-
pacity of sorbent for CO» is rather high. Sorbent regener-
ation is done by raising the temperature above the tem-
perature stability of the carbonate, to cause the degrada-
tion (calcination) of carbonate to the metal oxide and re-
lease of CO; in concentrated form. Because the system
operates at high temperatures above 600 °C, it is possible
to use residual heat from the carbonate looping process
for the production of electric energy in the steam cycle.
The article describes the results of laboratory tests of
limestone samples from different sites in the Czech Re-
public for the usage in the process of high-temperature
carbonate looping. The theoretical sorption capacities for
CO; of individual samples were estimated from their
chemical composition. The samples were analyzed sim-
ultaneously by the method of elemental analysis and de-
tected for each sample was the content of CO, that is re-

leased when the sample is heated above the limit of sta-
bility of carbonates contained in the limestone sample.
The estimated results were compared with the theoretical
sorption capacity for CO, of the samples; in all cases very
good correspondence between the measured and calcu-
lated values was found. The adsorption capacities of
tested samples for CO, were measured after their previ-
ous calcination and the results were compared again with
theoretical adsorptive capacity for CO», calculated from
the composition of individual samples. Selected samples
of the adsorbents were further tested by the measurement
of breakdown curves for CO; using the model gas mix-
ture containing CO».
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Evaluation of natural limestones quarried in the Czech Republic in terms of
their use in carbonate looping

Marek Staf, Karel Ciahotny and Toméas Hlingik*

For effective operation of high-temperature sorption of carbon dioxide from the flue gas in industrial scale, it is necessary to ensure
an adequate supply of affordable sorbent having suitable technical parameters. For a given technology, natural limestones meet
the condition of low cost. Due to current needs to solve the issue of carbon dioxide capture in power as well as other branches of industry,
this study is focused on evaluating different types of natural limestones. A set of laboratory methods for evaluation of the physicochemical
properties of limestones was proposed. A laboratory apparatus, based on the principle of fixed bed tubular reactor made of quartz glass,
represented the main method for measurement sorption capacities. Within the sample base, a wide spread of sorption capacities was
determined in the range of 18.0 - 84.6 % of the theoretical values, based on chemical composition. After six cycles the sorption capacity
decreased to 3.5 - 35.6 %, compared to the theoretical value, mainly due to sintering. It was verified that appropriate selection of limestone
can significantly reduce degradation of the capacity during cyclic use.

Key words:Limestone; Carbon dioxide; Sorption; Carbonate looping; Post-combustion capture.

Introduction

The initiative in searching for technologies that would contribute to solving the global climatic changes
started in the relatively recent past. In the early 1970s, the hypothesis was first published, which suggested that
CO, is the main anthropogenic greenhouse gas. Later, in the mid-1970s, studies were published about other
greenhouse gasses, mainly CFCs, etc. People became more widely aware of the issue of greenhouse gases thanks
to a 1985 report by the World Meteorological Organization (WMO). The cooperation between WMO and
the United Nations Environment Programme (UNEP) led in 1988 to the foundation of the Intergovernmental
Panel for Climate Change (IPCC). IPCC First Assessment Report in the new millennium from 2001 confirmed
the original predictions made in the 1980s and revealed that the global mean temperature between 1900 and 2005
increased by 0.8 °C. In 2007, the original estimates were refined, suggesting that about 30 % of global warming
can be attributed to natural causes, while the remaining 70 % is anthropogenic. Currently, the proportion of
sceptical views to views corresponding with the findings of IPCC tends significantly to the latter as pointed by
Ramanathan and Feng (2009).

As regards the reduction of G@missions into the atmosphere that would not at the same time lead to
adecrease in industrial production and power production efficiency, there are, as stated by, for example,
Figueroa (2008), four ways available. These are: reducing the use of carbonaceous fuels, increasing
the efficiency of energy production in the existing sources, developing new energy sources, and developing
economically acceptable technologies for,@@pture.

The research presented here is concerned with the last of the ways mentioned above. Carbonate looping has
been studied in recent years within a wider group of methods called chemical looping, which summarised Gomes
(2013). The principle is based on the chemical reaction of gaseous carbon dioxide at elevated temperature with
a suitable oxide (e.g. calcium oxide), producing carbonate. The process is made reversible by increasing
the temperature above the limit of thermal stability of the carbonate, which ensures prolonged cyclical use of
the initial batch of sorbent. Materials suitable for use in carbonate looping were listed in, for example, the study
of Manovic and Anthony (2009). These materials can be natural, such as limestones, which are tested here, as
well as synthetically produced from suitable precursors.

One of the primarily considered possibilities of applying high-temperature carbonate looping on
an industrial scale is incorporating this cycle as a post combustion method for removing carbon dioxide from
flue gas from fossil fuel combustors (e.g. in coal power plants). Fig. 1 schematically shows the general principle
of high-temperature carbonate looping.

A similar mechanism, described by Alonso et al. (2014), was designed for, for example, on, sispiOfe
in biomass combustion, or for GQ@eparation during hydrogen production using methane steam reforming,
which method was studied by Yong et al. (2001).

! Marek Staf, Karel Ciahotny and Toma$ Hlky Department of Gaseous and Solid Fuels and Air Protection, University of Chemistry and
Technology, Prague, Technicka 5, 166 28 Praha 6 — Dejvice, Czech Repuodliak.staf@vscht.cz karel.ciahotny@vscht.cz
tomas.hlincik@vscht.cz
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Fig. 1. General scheme of carbonate looping (Staf, 2016).

A number of methods have been elaborated for captadrgpn dioxide on various types of solid sorbents.
A great deal of attention has been paid mainly to sorbents containing CaO. Promising properties, however,
described Oliveira et al. (2008) in materials based on synthetic hydrotalcite, or Fauth et al. (2005) in sorbents
based on LZrO; etc. If a sorbent is to be successful in practice, it should fulfil certain general criteria. Ideally,
asorbent used for C{rapture on an industrial scale should have the following characteristics:

High sorption capacity emphasised by Herzog et al. (1997).

Ready availability and low acquisition costs.

Selective CQ@ sorption with resistance to contamination by other flue gas components as mentioned by

Fauth et al. (2005).

The ability to sorb C@in the wide range of its partial pressures.

Good kinetics of the sorption and recovery process mentioned by, for example, Ruether (1999).

Low energy complete recovery by changing temperature or pressure.

The ability to sorb C@at high temperatures.

The Minimal decrease in sorption capacity during multi cycle sorption and recovery emphasised by, for

example, Dave et al. (1999).

Sufficient mechanical strength and abrasion resistance, studied by Burchell et al. (1997).

Currently, known sorbents still show some deficiencies that hinder their effective application in
commercially viable technology. There are many studies exploring the possibilities of removing those
deficiencies. The possibilities in general are summarised e.g. by Huang et al. (2010), who lists the main
directions of CaO sorbent research. The basic current research activities are as follows:

Chemical pretreatment of natural sorbents, published by Manovic et al. (2008).

Preparing new synthetic sorbents, studied by, for example, Gupta and Fan (2002).

Testing the impact of different precursors on the characteristics of the final sorbent, published by, for

example, Lu et al. (2006).

Introducing dopants (e.g. through impregnation) into an existing sorbent, tested in laboratory scale by Hong

et al. (2009).

Incorporating inert substances to increase the stability of sorbent structure also tested in laboratory scale by

Martavaltzi et al. (2010).

Hydrating CaO sorbents by steam, verified both in the laboratory as well as semi-industrial scale as

described by Manovic and Anthony (2007).

The above methods, however, bring about additional financial costs, namely the price of sorbent production
or its chemical modification.

Several less expensive methods have been investigated, for example, in Poland. In order to eliminate
undesired capacity drop, Kotyczka-Maska and Tomaszewicz (2014) proposed two treatments of the raw
limestone. As the first method, the authors examined washing the material with a diluted hydrochloric acid.
The second method used ultrasound waves, generating subsequently imploding microscopic bubbles filled with
water vapour or gas inside the sorbent particles. Both procedures should diminish the formation of sintered areas
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in the calcinate. Treatment using hydrochloric acid lead to chlorine salts that did not perform the function of
a framework in modified sorbents. Contrariwise the reactivation with ultrasounds enhanced the limestone
activity, which makes this method more promising. Improvement of sorption properties was not, however,
sufficient so the method requires further development. Within a subsequent research, Tomaszewicz et al. (2016)
verified positive impact of increased g@artial pressure on the both sorption capacity and the process kinetics.

In the both studies measurements of carbonations/decarbonations were carried out by means of
thermogravimetric analysis.

The research presented here focuses on the issue of effective use of natural materials which have
the deficiency of decreased sorption capacity as a result of cyclical use, but whose great advantage is their ready
availability and low acquisition costs.

In fact, implementation of any GOcapturing system causes extra costs of a sorbent regeneration.
The penalty depends on the overall enthalpy balance of the process. In the case of chemical sorption onto
CaCQ-based materials, the balance of calcination includes: heat to increase the temperature of the sorbent up to
calcination level (ca. 1170 K) and a reaction enthalpy of endothermic decomposition of,Gali¢h value
178.2 kJ.mof" was used for process calculations by, for example, Li et al. (2010). Depending on a calciner and
cabonator construction, a part of the energy can be recovered in a waste heat boiler. Romano et al. (2013) wrote
that Ca-looping implementation on a reference coal-fired power plant of 46 % electric production efficiency
leads to efficiency penalties in the range between 6.5 and 8.5 percentage points. From these values,
approximately 3 percentage points, however, attributed to the compressor and the air separation unit. The exact
value depends especially on a level of waste heat utilisation. For this estimation, the authors compiled outcomes
of mathematic models and process data from several pilot scale units.

The aims of the presented research

The research presented here is part of a more extensive research, the aim of which is to create a draft
concept of a pilot unit for studying flue gas decarbonisation using high-temperature looping, and subsequent
documentation for constructing a semi-industrial unit for testing the use of this looping process in practice.

The specific outcomes of this partial research are as follows. The primary objective was to identify
the limestones which are suitable for further testing on a semi-industrial unit and which are expected in future to
be used in an industrial pilot plant. This primary aim was achieved by obtaining a set of numerical and graphical
data about sorption capacities from isothermal measurements of breakthrough curves. The experimental values
provided the basis for an overview of the realistically achievable sorption capacities which limestones from the
individual deposits can offer. Testing in practice verified the optimal carbonisation temperature at which
carbonation reactions have good kinetics. A secondary aim of the study was to assess the limestones in terms of
the decrease of their sorption capacity due to the structural changes which, according to works published earlier
by, for example, Feng et al. (2006), occur during cyclical alternation of the processes of calcination and
carbonation. The problem of high-temperature sintering, which reduces the reversibility of the reaction
CaCQ« CaO + CQ, was pointed out more than forty years ago by Barker (1973).

Experimental

Sample base

Samples of natural limestones from 11 quarries located across the Czech Republic were acquired for
the realisation of this study. The localities of sampling and the individual samples were selected so that they
would cover an as large area of the Czech Republic as possible, and that the scale of calcite content in
the samples included in the sample base would be as wide as possible. A complete list of samples and
the respective quarries is given in Table 1, which also summarises the basic physicochemical characteristics of
the samples. Selected geological data about each sample were also collected for practical reasons, namely quarry
stage and blast date identification, but these values are not significant for the purposes of the study presented
here. Each limestone in the sample base was provided in quantity from 150 to 200 kg and was declared as
representative for the whole exploited seam by the geologist of the corresponding mining company. Laboratory
samples for analyses were prepared by quartering from the mentioned stored weight.

In the first phase of the research, which is the subject of this contribution, the samples were not chemically
modified in any way.

Before the commencement of the testing of the materials in terms of carbon dioxide sorption, the samples
were subjected to X-ray fluorescence analysis (XRF) to determine their elemental composition. The course of
calcination of small sample amounts was mapped by means of thermogravimetric analysis (TG).

XRF analysis was conducted on ARL 9400 XP+ apparatus using evaluation program UniQuant. Five
monochromators and their combinations with a flow or scintillation detector were used for the measurements.
The determined elements were divided into five groups from light to heavy, and each group was assigned
individual excitation voltage ranging from 30 kV/80 mA to 60 kV/40 mA. The results were normalised for
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100 % weight and expressed as oxides, with CaO and MgO being subsequently converted to carbonates by
the software.

TG analysis was carried out on Navas Instruments TGA 2000 apparatus. The measurements included only
calcination, up to a final temperature of 1273 K. Unbound water was determined by heating the sample to 378 K
at the speed of 12 K.minwith a subsequent isothermal delay to achieve a constant weight. This was followed
by heating at 5 K.mith to the final calcination temperature of 1273 K. Furnace cooling was initiated after
the final temperature was reached, with no isothermal delay. Sample crucibles were fitted with lids through
the entire temperature range. The analysis was carried out in a nitrogen atmosphere.

Sample intakes for the purposes of measuring sorption capacities and for providing supporting analyses
were obtained by quartering and subsequent vibratory sieving of a large weight (50 kg) of raw material, crushed
by an engine powered jaw mill.

Experimental apparatus

Sorption capacities of the samples were determined using a laboratory apparatus of own construction,
the scheme of which is shown in Fig. 2 and a photograph of the actual apparatus in Fig. 3. The testing proceeded
under dynamic conditions in a flow quartz reactor with fixed sample bed. The reactor was placed in a vertical
cylindrical furnace standing on a scissor lift platform, which enabled the reactor to be quickly pulled out, thus
making it easier to cool down the apparatus when changing the temperature regime of the experiment. Gaseous
media were fed into the apparatus through stainless steel capillary tubes from a pair of pressure bottles. The gas
flow rate was regulated by digital mass flow meter Bronkhorst EL FLOW Select coupled to an electromagnetic
regulator. The gas was fed to the base of the reactor, and after passing through a layer of inert material providing
preheating and even distribution over the cross-section of the reactor, it passed through a layer of loose fill
sample. The temperature of the layer of the sample was continuously measured by a Ni CrNi thermocouple lead
in the axis of the reactor and recorded by digital thermometer/datalogger Greisinger GMH 3250. The gas exiting
the reactor was cooled in several spiral air coolers connected in series. Another mass flow meter Bronkhorst was
connected at the outlet of the reactor after the coolers, and its purpose was to continuously record data about
flow rate and thus check the accuracy of regulation. The analysis of gas at the outlet of the reactor was carried
out by infrared spectrometre ASEKO AIR LF. Measuring initial,@0ntent in the feeding gas and calibrating
the IR analyser was possible thanks to a bypass, by means of which it was possible to feed the gas directly to
the analyser, without it coming into contact with the sample. Because the correct measurement of the volume of
gas that passes through a layer of the sample is a vital prerequisite of a correct evaluation of sorption capacity,
a wet drum gas meter was connected to the end of the apparatus.

Fig. 2. Scheme of the experimental apparatus: 1 - pressure cylinder with working gas, 2 - needle valve, 3 - mass flow meter, 4 - flow
controller, 5 - reactor bypass, 6 - gas inlet, 7 - thermometer, 8 - sorption zone, 9 - preheating zone, 10 - oven, 11 - spiral cooler, 12 - ball
valve, 13 - bypass of IR analyser, 14 - IR analyser, 15 - gas meter, 16 - gas outlet (Staf, 2015)

The laboratory apparatus described above enabled, unlike TGA, working with greater amounts of samples
and also the conditions of sample exposition to simulated flue gas were much closer to those expected in real
operation. The apparatus was designed for operation in atmospheric pressure with loose fill samples of a total
volume of 70 ml. The condition for maintaining minimal pressure drop in the reactor was to use such
granulometry that would ensure sufficient porosity of the layer. It was empirically determined that operation of
the apparatus is best suited by crushed samples sieved to the fraction of 1-2 mm. Given that the bulk density of
the samples of this granulometry ranged from 1.29 to 1.42%.dm weight of samples from the individual
quarrying localities was 90-100 g.

The calcination phase was carried out in an atmosphere of pure nitrogen, while a mixture of 14 % mol. CO
in nitrogen was chosen for carbonation. This atmosphere was to simulate oxygen free flue gases with CO
content corresponding with ordinary flue gases in energy production. Different methods for calcination and
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carbonation were also selected in the case of heating, with regard to the chemistry of the process and the
suggested evaluation method.

For the future application of Ca-looping in industrial practice a stream gf @&herated by oxyfuel
combustion of suitable sulphur free fuel, is estimated as the calcination atmosphere. However, within this study
N, flow was chosen for all calcinations due to technical reasons. Pyredt{d not be used for calcinations.
Otherwise, it would not be possible to quantify the percentage of releasday@aans of IR analyser. Testing
of various compositions of calcination atmosphere is a subject of the follow-up research.

During calcination, heating was carried out using programmed increase of temperature, with a 0 K.min
ramp. Carbonation, on the other hand, was carried out in isothermic conditions. On the basis of TG analysis
(Fig. 4), the target temperature necessary for a complete decomposition of all samples was determined as
1273 K. The temperature of isothermic calcination was determined on the basis of study of Berstad et al. (2014)
and then experimentally confirmed as 923 K. Volume flow rate of both of the used gases was kept at
2 dnt.min . This optimum value was also determined empirically. The flow rate of gas needed to ensure correct
measurement by IR analyser ASEKO is approximately 0.8-1.brdim'. Too high volume flow rate decreases
measurement sensitivity, which can lead to an incorrect assessment of the end of carbonation when the limestone
is already almost fully saturated, and the carbonation reaction proceeds very slowly (Fig. 4).

Fig. 3. Photo of the apparatus in operation (Staf, 2016)

One complete cycle of measurements was therefore carried out in the following way. After placing a sample
in the apparatus and testing its gas tightness, the nitrogen inlet was connected. The inert gas flowed through
the reactor without the furnace heating turned on until the zero signal on the IR analyser stabilised. Furnace
heating was then initiated at speed mentioned above and at the same time, data recording began on the IR
analyser, thermometer and flowmeter. After the target calcination temperature was reached, the measurement
continued until the IR analyser showed again a zero value of d@®tent in the gas, which indicated
the completion of the process of thermic decomposition of the sample. Data collection and furnace heating were
then terminated. Nitrogen flowed through the reactor the whole time the reactor was cooling to the preset
temperature of carbonation. Before the carbonation phase of the experiment commenced, a control measurement
was carried out, which checked the IR analyser response to the flow of gas with the init@n€éntration.
During this control measurement, the Cixture was fed from a pressure bottle through a bypass directly to
the analyser. When carbonation temperature was reached, the gas supply valve was switchgdtbflo@®\
mixture, and at the same time, the recording of IR analyser, flowmeter and thermometer data was initiated.
The carbonation phase continued at a constant temperature until theo@®nt detected in the gas exiting
the reactor was the same as at the inlet from the pressure bottle. This indicated that the sorbent reached a state of
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equilibrium saturation and the given experimental cycle could thus be terminated. Furnace heating was then
switched off; the reactor was removed from the heated area and left to cool down to laboratory temperature, at
which it became ready for the initiation of another experimental cycle. The flow of thea&Omixture was
maintained for the duration of the cooling of the reactor.

For each sample, the blank (dead volume of the apparatus) was measured. The dead volume curve made it
possible to determine for each experiment the amount oftk# is apparently sorbed as a result of transport
dday which occurs between the moment when the inlet valve with r@igture is opened, and the moment
when the IR analyser detects €@oncentration corresponding with the initial composition of the mixture.

The measurement of the dead volume of the apparatus was carried out in the reactor in which the sample fully
saturated with carbon dioxide was placed. The measurement proceeded as follows. After the first carbonation of
a sample, the reactor was left to cool down completely to laboratory temperature. Nitrogen supply was then
attached, and its flow was maintained until the value of &ftent on the IR analyser reached zero. The gas

was then switched to a GOmixture and, at the same time, the recording of gas flow and IR analyser data
collection were initiated. The result was a breakthrough curve corresponding to the respective zero sorption
capacity of the sample. In the evaluation of each carbonation cycle, the value of apparently seribed CO
subtracted from the value of sorption capacity of the sample (see below).

A total of six calcination — carbonation cycles was carried out for all samples. Published studies suggest that
the greatest decrease in sorption capacity occurs in the first two to three and, apart from some exceptions, no
significant decrease is detected after ten and more cycles as pointed by Angeli et al. (2014).

Fig. 4. Comparison of TGA curves measured undeatidosphere.

M athematical processing of measured data

The output of the measurement was continuously recorded - data abpuab@@ént in the gas emerging
from the reactor, temperature in a layer of the sample, and volume flow rate of gas through the reactor. The
interval of automated data collection was 5s in all three cases. Quantities necessary for the mathematical
evaluation of the experiment (i.e. the temperature of the medium in the gasometer, and the pressure of the gas in
the apparatus) were discontinuously recorded before each measurement.

The volume of C@ sorbed on the known sample weight during the whole time of carbonation was
cdculated as a sum of partial volumes that were sorbed in individual sampling intervals (5s). The sorbed volume
in a sampling interval was calculated using the arithmetic mean gt@@ent in the exiting gas measured in
two subsequent readings. The O@lume corresponding to the measured dead volume of the apparatus was
then subtracted from the value of total sorbed.d@r a mutual comparison of the samples, the value of sorbed
volume was converted, at the given temperature and pressure conditions, to weight relative to 100g of the initial
dry sample. Given the fact that the apparatus was working under atmospheric pressure, the equation of state of
an ideal gas was used for this conversion with sufficient precision. The calculation method is demonstrated using
the following four formulas (Eq. 1 - Eq. 4):

/'co2 = Sigcoz -jz, (1)

Vo =/ VL, _(/'COz)n-1+(/COZ)n V
o1 TP T50520C 2 6010 | 2

Vcoz = [Zvcoz,i j - VCQ,d @
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wherey , is the value of the zero line of IR analyser signal [% €Q.], / , is the value of the base line of IR
aralyser signal [% C@vol.], Sig-o; is the value of the 'raw' IR analyser signal [%,®@l.], V is the volume
flow rate of gas through reactor [dmin™], ¢ is the sampling interval of analyser (interval of data recording)
[sl, / coz is CO, volume fraction at the outlet of the apparatus [% v¥h,, i is the volume of C@sorbed in
patial interval of data recording [dfp Vo, is the total sorbed GQrolume [dr], p; is the absolute pressure of
gas in gasometer [kPaM;, co, is the relative molecular mass of €@], t is the temperature of gas in
the gasometer [°Clns is the sample weight [gR is the molar gas constant [J.knol™], Mo, is the total sorbed

weight of CQ, related to 1009 of sample [100g].

For the purposes of mutual comparison of basic characteristics of the samples, Table 1 was created, which
summarises data concerning the origin of a sample, its elemental composition, weight change as measured by
the TGA method, apparent density, and its theoretical capacity forsG@tion. The apparent density was
determined pycnometrically, using heptane as the pycnometric liquid. Taken as the theoretical sorption capacity
of each sample was the quantity (i.e. weight) of carbon dioxide that can be released by thermal decomposition of
calcium carbonate and magnesium carbonate contained in the original limestone. Contents of these carbonates
were calculated on the basis of the Mg and Ca content determined by XRF analysis. This theoretical capacity of
the carbonates did not include any other possibilities of chemisorption or physical adsorption.

Tab. 1. Identification and basic properties of the samples.

XRF analysis Dm

Sample name Quarry (locality) CaCOs MgCOs Theor. capacity for CO, TGA Apparent density
[wt %]  [wt %] [9.100 g [9.100 ] [9.cm?]
HVIZD Hvizdalka 69.32 3.58 32.35 34.02 277
SPICKA Na Spéce 78.28 3.31 36.15 39.27 2.74
BRANZ Branzovy 98.22 0.93 43.67 43.92 2.72
ENVI Upohlavy 74.43 1.71 33.62 35.28 251
TETIN Tetin 96.58 1.59 43.29 43.76 2.85
HOLY Holy vrch 84.24 3.64 38.94 31.93 2.79
MORINA Motina 91.47 4.39 42.51 42.64 2.73
CERT VelkolomCertovy schody 98.86 0.75 43.86 44.30 2.80
LIBO Kamenolom Stramberk -Libotin 96.47 1.19 43.04 43.66 2.64
VITO VitoSov 98.02 0.64 43.44 43.51 2.82
HASIT Hejna 82.64 12.49 42.86 45.92 2.77

The evaluation of the measured and mathematically processed values was concluded by the construction of
several comparative graphs. Specifically, graphs of breakthrough curves during carbonation, curves of CO
release from carbonates during high-temperature calcination of samples, bar graphs comparing sorption
capacities determined in the course of cyclic repetition of calcination and carbonation, and line graphs
comparing, in the same way, the behaviour of several samples at the same time.

Results and discussion

The shape of breakthrough curves is demonstrated in Fig. 5 by a sample from the VitoSov locality. To
demonstrate the shape of Cf@lease curves depending on the instantaneous temperature of calcination, shown
in Fig. 6, the selected sample was from the Libotin locality. The sample from quardatkaizvas used in
Fig. 7 as an example of a comparative bar graph of changes of sorption capacities during six cycles of
calcination — carbonation. Similarly, the changes of sorption capacities of individual samples during cyclic tests
were not only verbally summarised, but also — for the sake of clarity — shown graphically, as evidenced by
the example in Fig. 8.

Each limestone from the sample base was subjected to four independent series of sorption properties
measurements, including six calcination/carbonation cycles. The below-discussed capacities are represented by
the arithmetic mean of the corresponding values, obtained within these four repetitions. Repeatability of
the experiments was verified using standard statistical tools, namely calculations of standard deviation and
coefficient of variation (CV). In all measured cycles, the percentage values of CV, calculated for sorption
capacities as well as for amounts of desorbegl @€re in the range from 1.8 % to 7.8 %.

The highest value of sorption capacity for £ the first as well as in the last of the measured cycles, was
determined in the limestone from the quar@grtovy schody, in which the highest sorption capacity was
anticipated on the basis of XRF analysis. The readings for this sample were 37.1 and 15.8 of 108 spmple
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in the first and the last measured cycle, respectively. The situation was different in the case of the lowest
determined sorption capacity. According to the XRF analysis, the lowest value should have been shown by the
sample from the Hvi¥alka locality; in reality, however, the lowest value was determined in the sample Envicalc
from the Upohlavy locality. Consequently, in the last cycle, this material showed the highest value of CV
(7.8 %) within four repetitions of tests.

In the first cycle, this sample allowed the sorption of 6.1 g.106fghe sample and in the last cycle only
1.2 9.100 ¢-

If the sorption capacities that were actually measured were to be related to the theoretical values, they
would — within the entire sample base — range from 18.0 % to 84.6 % of the theoretical values in the first cycle,
and from 3.5 % to 35.6 % in the last one.

The average actual sorption capacity in the first cycle was 24.8 ¢.bd@ge sample and 9.1 g.107 gf
the sample in the last cycle.

As it was mentioned above, the stability of the achieved sorption capacity is a key parameter in terms of
a practical application of limestones in carbonate looping. If the decrease of this capacity is expressed relatively
to the first measured cycle, then the smallest decrease — 57.9 % — was shown by the limestone from the quarry
Certovy schody. Whereas the greatest relative decrease — 66.3 % — was determined in the sample from
the Libotin locality. The average relative decrease was 66.9 % of the initially determined capacity.

Fig. 5. Shape of breakthrough curves of the sample from the quarry VitoSov.

Fig. 6. Course of Cé&release during calcinations of the sample from the quarry Libotin.
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Fig. 7. Comparison of adsorbed and desorbed amounts pti@g tests of the sample from the quarry Halka.

Fig. 8. Comparison of changes in sorption capacities.

Conclusion

The conducted experiments proved that limestones from quarries in the Czech Republic offer a good
resource platform for a potential application of carbonate looping technology in post combustion capture of
carbon dioxide. On the other hand, it is necessary to pay attention to the selection of a suitable limestone when
applied in practice, because the sample base shows great differences not only in sorption capacities but mainly in
their subsequent changes during cyclic strain. It is evident that the content of @aK@CG; in a limestone is
animportant — but not the only — parameter which determines sorption capacity and in particular its stability in
a regenerative application of limestone. This fact is clearly visible, for example, from the graph in Fig. 7.

Samples from the quarertovy schody and the Libotin locality have very similar Ca@ad MgCQ
contents and corresponding theoretical capacities. Yet the sample from the Geetoyy schody showed
a capacity that was higher by 7.8 g.100ag the sample in the first cycle, and by 5.7 g.18®fthe sample in
the last cycle.

The results of this study were in agreement with the findings in available literary resources, namely in
studies written by Manovic et al. (2008), Lu et al. (2006), Berstad et al. (2014), but their evaluation generated
further questions, which are to be the subject of subsequent research. Thanks to a broad sample base and detailed
data concerning the origin and composition of the tested samples, the conducted tests provided a good platform
for designing a carbonate looping semi-industrial unit which uses limestones from local sources in the Czech
Republic. From the follow-up research activities intended for the near future, the following should be mentioned.

First of the follow-up activities will be calcination experiments conducted in order to determine the exact
causes of deactivation. The reason for that are the not quite consistent results of already published studies of
Feng et al. (2006), Angeli et al. (2014) or Berstad et al. (2014), which mention as the causes of the reduction of
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sorption capacity during cyclic strain, apart from sintering, also structural causes leading to a mechanical
blockage of some pores.

To assess the influence of sintering and pore blockage, the experiments will measure the changes of specific
surface, distribution and size of pores and crystallinity (according to XRD) depending on the changing maximum
calcination temperatures. If a favourable effect is proved of the reduction of calcination temperature on limiting
the loss of sorption capacity, multi cyclic tests will follow, examining the extension of the lifespan of a limestone
batch.

Also, the possibility of inexpensive reactivation of partially debased limestone will be tested by means of
hydration at low temperatures by liquid water and increased temperatures by water steam fed into a layer of
sorbent. Part of this phase of research will be the assessment of the influence of unwanted contamination of
calcined material by residual concentrations of products of fossil-fuel combustion, such as dust particles and low
concentrations of unseparated,SO

One of the partial tasks will also be the determination, whether the presence of minor elements and their
inorganic compounds influences changes in sorption capacity and the process kinetics.

An important point which needs to be examined is also the testing of the course of calcination and
carbonation in the same atmosphere, simulating flue gas containingACsitive test result would bring
afinancial saving in a subsequent application of the technology into practice.

In a medium term horizon, a conversion is planned of the above described experimental apparatus for
operation under an increased pressure of gaseous media.
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The study describes actual experiences with continuous testing of high temperature CO; sorption on
limestones using a unique pilot laboratory fluidized bed reactor. The article summarizes results obtained after
mathematic processing of data, collected during longer term measurements. Experiments with cyclically
alternated decarbonation and carbonation phases were performed without shutting down the system. Sorption
behavior of tested substrate was compared with the same parameters evaluated using two smaller-scale
laboratory apparatuses. One of the laboratory apparatuses had a fixed bed reactor, while the other was
equipped with quartz-made fluidized bed adsorber. The effect of different heating rates, applied in the three
above mentioned apparatuses, on sample sintering of the sample was discussed and documented by appropriate

SEM photos.
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1. Introduction

Three studies on laboratory testing high temperature
CO; capture onto limestone via carbonate looping were
already published in the journals "Paliva" and "Zpravodaj
Hnédé uhli" during the years 2015 and 2016 [1 — 3]. In
all cases the results represented partial outcomes
obtained within a larger scale project, aimed at preparing
complete documentation for building up an industrial
scale pilot carbonate looping unit.

This work builds on the previous phases of the
research and brings actual results of tests, performed
using a pilot laboratory scale fluidised bed unit. Results
of experiments were compared with those obtained from
smaller scale laboratory apparatuses.

Currently worldwide, taking in consideration risk
factors associated to global climate change, a series of
methods for carbon dioxide separation from flue gas are
being developed. The carbonate looping method seems to
be a promising approach for post-combustion capture of
this greenhouse gas. From the viewpoint of the Czech
Republic good availability of various grades of
limestones, representing the preferred sorbent, is an
important beneficial factor for this method [4].

Based on the published reports from long term
testing of pilot units it is obvious that the method is not
actually developed to the state permitting its commercial
utilization. The three key problems that carbonate
looping technologies faces are: construction materials for
the calciner, heat energy management (heat transfer
optimization and improvement of efficiency) and
problems with insufficient lifetime of the cyclically
applied sorbent. Therefore, intensive research is still
needed [5-7].

Numerous research teams deal in parallel with the
last of the cited problems [8]. Different solutions were
proposed to maintain the sorption capacity at the highest
possible level, such as chemical reactivation [9],
stabilization of CaO structure by its fixation on suitable
support etc. [10, 11].

The purpose of the project, which took place at UCT
Prague in the years 2015 - 2017, was, among other things,
to verify crucial problematic aspects of the method of
high temperature carbonate looping and to propose
suitable solutions.

1.1. Aim of the study

Above all the aim of this study is to provide an
overview of actual results, obtained during
measurements on the above mentioned apparatus.
Moreover the authors consider important to compare
these results with the values, acquired using the two
laboratory non-circulating flow apparatuses. The first
apparatus was equipped with a fixed bed reactor, while
the second had a quartz fluidised bed adsorber installed.

To make the article maximally clear the apparatuses
are hereinafter marked as follows:

- pilot laboratory scale fluidised bed unit — ap. A,
- smaller laboratory fluidised bed apparatus — ap. B,
- smaller laboratory fixed bed apparatus — ap. C.

The second, but no less important, target needs to be
described in more details. Measurements in all the three
apparatuses were carried out at the same carbonation
temperatures, under comparable gaseous atmospheres
and approximately the same pressure. Regarding
composition of the gaseous atmosphere, please refer to
the chapter 3.1.
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However, the following parameters were
substantially different: volume flow rates through the
sample layer, heating and cooling rates, as well as
particle sizes of the samples.

As described below, variable aerodynamic and other
conditions can substantially influence the sorption
properties of the tested substrates. The second aim of this
study is, therefore, to demonstrate the impact of these
variable conditions.

2. Experimental apparatus and methods
2.1. Tested substrate

A sample base was already described in the first
article, discussing preliminary results of the project. The
same sample base was subsequently used for the all of
the follow-up tests [1]. The sample base contained
11 different limestones, mined in the Czech Republic
territory.

Based on the previously published measurements
the limestone sample, mined in the quarry “Velkolom
Certovy schody”, was selected as reference sample for
further comparisons within the whole project. It was the
material with the highest weight fraction of CaCO3 and
the lowest contents of SiO,, Al,O; and MgCOs. This
substrate showed the smallest declines in the initial
sorption capacity during all preliminary tests with
calcinations in inert N, atmosphere.

As stated above, this article compares results,
obtained from experiments realized independently in the
three apparatuses.

Different designs of these units and especially
different internal dimensions of the installed adsorbers
required utilization of different particle size fractions of
the sample. For better illustration the basic parameters of
the experimental limestone are summarized in Tab. 1.

Tab. 1 Basic parameters of the sample (limestone
“Certovy schody”)

Parameter Value Unit
Apparent density 2.80 g.cm
Content of CaCO; 98.86 wt. %
Content of MgCO; 0.75 wt. %
Theoretical capacity for

CO2 43.86 2.100 g'!
Particle sizes used in experimental apparatuses:
Apparatus A 05-1 mm
Apparatus B 0.2-0.5 mm
Apparatus C 1-2 mm

2.2. Experimental apparatus

Capacity measurement was carried out in the self-
designed pilot laboratory scale unit with fluidised bed
reactor (ap. A), installed in the technological hall of the
Department of Gaseous and Solid Fuels and Air
Protection, UCT Prague. Schematic drawing of the

apparatus is showed in Fig. 1, although its real
construction and arrangement is better visible in Fig. 2
and 3.

A vertical steel reactor with external electric heating
was the fundamental part of the system. Internal diameter
of the adsorber was 80 mm, where the bottom two thirds
were used only for inlet gas preheating. Fluidization
medium was supplied through 228 holes distributor
having square network arrangement with 0.5 mm
diameter of holes and 4.1 mm pitch. The entire adsorber
was made of stainless steel, class AISI 316Ti.

The inlet gas was heated up using resistance furnace
with input power 10.8 kW, divided into three
independently adjustable zones.

Unlike the pilot units, described in other works
[5-7], the overall height of the experimental apparatus A
is considerably lower. The reason is as follows. The main
purpose of the system was not to achieve maximum CO;
capture efficiency, but to test the dependence of sorbent
capacity changes on increasing number of
sorption/desorption cycles.

Gas, leaving the adsorber, entered tangentially the
filtering unit, equipped with ceramic candle filter.
Regarding particle size distribution of the sample as well
as volume flow rate, used for the experiments, the
particle drift was relatively very small (ca 3 g). The
filtering unit had an additional second function as
a recuperation tubular heat exchanger. Enthalpy of the
outlet gas stream was passed to the cold inlet gas, before
it entered the preheating zone of the adsorber. An air
cooler, followed by a safety plate water cooler, were
installed after the recuperator.

Circulation of the atmosphere inside the system
during closed loop regime was provided via an electric
radial blower. A plastic bag was incorporated into the gas
circuit in order to compensate volume changes. Volume
of the gas, circulating inside the system, varies
continuously due to increasing or decreasing temperature
depending on the actual phase of the experiment due to
corresponding chemical reactions.

Volumes of CO,, released into the apparatus during
calcinations, or removed by the sample during
subsequent carbonations, were not constant. Their value
declined with the increasing number of performed cycles
and corresponded with sorption capacity drop. More
detailed description of this effect is given in the chapter
“Results and discussion®.

Continuous measurement of CO, concentration
inside the circulation loop of the system was realized
using IR spectrometer Siemens Ultramat 23 (producer
Siemens AG, Germany). The output signal was
processed by the A/D converter and stored in the PC
using 15 s sampling rate. The same sampling interval was
applied also for recording the actual temperatures.
Temperature was measured by Ni-NiCr thermocouples
simultaneously at two places in the reactor axis: closely
beneath the fluidization distributor and above the
expanded layer of the sample.
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Fig. 1 Scheme of experimental apparatus (I — thermometer / datalogger measuring temperature in the filtration column,

2 — thermometer / datalogger measuring temperature in the reactor, 3 — heating zone of the reactor, 4 — fluidised bed of
sample, 5 — ceramic candle filter, 6 — recuperation heat exchanger, 7 — rotameter, 8 — air cooler, 9 — plate cooler, 10 —
circulation blower, 11 — purge air inlet, 12 — IR spectrometer, 13 — membrane gas meter (for continuous flow regime),

14 — security cylinder, 15 — water manostat, 16 — membrane gas meter (for circulation mode), 17 — membrane gas meter
(for gas filling), 18 — gas outlet, 19, 20— pressure cylinders with variable filling atmospheres, 21 — compensation bag

The temperature values were processed using
thermometer/datalogger Greisinger GMH 3250 with A/D
converter connected to its analogue output. Continuous
storing of these values was synchronized with the output
of the IR spectrometer.

Gas volume flowing through the closed circulation
loop of the apparatus within defined time interval was
recorded manually from a diaphragm gas meter. The
actual values, displayed by the gas meter, were recorded
before and after each experimental phase (calcination,
carbonation) and then periodically every 5 min intervals.

Because the experiments were proposed for
atmospheric conditions the apparatus was equipped with
a manostat, filled with isopropyl alcohol, as a safety
element against overpressure.

The apparatus allowed installation of two pressure
cylinders containing different gases (working
atmospheres) at the same time. During the continuous
measurement, hereby discussed, only inert N
atmosphere was chosen. The entire space of the unit was
filled with N> before first calcination.

The photo in Fig. 4, showing the laboratory fluidised
bed apparatus, allows better comparison, especially of
the external dimensions of the systems.

Samples of the utilized sorbent, exposed to all
sorption/desorption cycles performed either in the pilot
apparatus A or in the smaller scale laboratory apparatus
B, were taken after each experiment. The surface of the
each sample was scanned using SEM in order to verify,
whether repeated exposition to the high temperatures at
the given conditions caused sintering or other structural
changes of the particles. For this purpose the Field
Emission Scanning Electron Microscope JEOL JSM —
7500F with cold cathode (producer JEOL Ltd., Japan)
was used.

3. Results and discussion

3.1. Overall description of the course of continuous
measurements

For all tests, discussed within this article and
performed in the pilot laboratory scale apparatus A, 100 g
of sample was used.

Measurements in this fluidised bed unit applied one
parameter substantially different from the all of the
already published experiments in laboratory conditions.
The hereby presented unit worked always with a closed
gas circulation loop.
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Fig. 2 Front right view of the apparatus A
(I — furnace controller, 2 — reactor, 3 — recuperation
heat exchanger/candle filter, 4 — water plate cooler, 5 —
air cooler, 6 — manometer, 7 — overpressure
compensator, 8 — data collecting laptops, 9 — water flow
restrictor, 10 — IR spectrometer, 11 — A/D converter, 12
— membrane gas meter with pulse encoder, 13 —
pressure cylinders with gas mixtures)

Partial pressure of carbon dioxide, entering the
sample layer, was therefore changing dynamically during
carbonations and calcination phases of the experiment.

This experimental arrangement made possible to
establish whether sorption capacity, measured with gas
containing CO, volume fractions varying between 0 and
0.6, changed against measurements under constant CO-
volume fraction of 0.12 or 0.14 respectively. This
comparison was made using pressure higher by ca. 85 Pa
than the atmospheric value (measured above fluidized
sample layer). Pressure drop of the fluidizing sample
varied between 350 — 380 Pa, while Ap of the distributor
reached ca. 110 Pa. Gas flow rate through the blower was
kept constant. Gas velocity in the adsorber was not,
therefore, the same during the calcination and
carbonation phases of the experiment. Depending on
actual temperature it varied from 0,17 m.s! during
carbonations to the maximum value of 0,21 m.s!, when
maximum calcination temperature 900 °C was reached.

The following paragraphs give detailed description
of one specific test, that lasting three days and nights.

Fig. 3 Detail of the reactor (left — heating elements
removed, right — three zone furnace installed, 1 — gas
outlet, 2 — position of the fluidization distributor, 3 —

preheating zone, 4 — gas inlet)

Fig. 4 Front view of the laboratory fluidised bed
apparatus B

Three complete cycles of calcinations and
carbonations were realized during the first day, four
cycles were completed in the second day and the last
three cycles were carried out in the third day. This
experimental time schedule allowed to compare the
sample state after exposition to an identical number of
cycles as previously applied in both laboratory
apparatuses B and C. The specific procedure of
preparation and realization of the experiment was as
follows.
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The above mentioned sample weight was placed
onto the fluidization distributor and the filling flange of
the adsorber was closed and tightened. Before each
experimental phase the test of gas tightness was provided
using slight overpressure of nitrogen.

Subsequently, data acquisition from the IR
spectrometer and thermometer was initialized.
Immediately after this step the process continued without
any interruption until the end of the entire experiment.
The first phase of the measurements was calcination,
when all three zones of the furnace were set to a final
temperature of 900 °C applying a temperature gradient of
30 °C.min’!, After reaching the required temperature on
the distributor, calcination still continued under
isothermal condition until desorption of CO; ceased.

Length of the cycles was not rigidly set as certain
time interval. End of each calcination or carbonation
phase was defined when 20 consecutive values of the first
derivation of the curve of CO; concentration inside the
loop was equal to zero. This was considered as a signal
that the system reached equilibrium state.

Immediately after calcination terminated heating
was stopped and the adsorber underwent spontaneous
cooling down to a temperature of 650 °C. This
temperature was confirmed by numerous measurements
in the laboratory apparatuses B and C as the optimal
temperature for carbonation with maximum efficacy. The
cooling process started with a relatively high temperature
rate of 6.5 °C.min"!, which was in all experiments nearly
constant until about 750 °C. The cooling rate between
750 and 650 °C was significantly slower. This effect was
not caused only due to a lower temperature gradient
between the furnace and the adsorber, but also due to the
reaction enthalpy of the exothermic carbonation process.
Therefore temperature was stabilized at the constant
value of 650 °C only during the termination phase of the
carbonation process. Each carbonation phase/cycle took
place for approximately 120 minutes. The phase/cycle
was stopped manually by the operator when recorded
CO; concentrations signalized equilibrium as described
above. Main experimental conditions, applied in the
apparatuses A, B and C are summarized in Tab. 2.

Tab. 2 Fundamental conditions of experiments

Apparatus

P t

arameter A B C
Max. calcination 900 900 850
temperature [°C] 950  (1000)*
Heating rate for
calcination [°C.min™'] 30 30 10
Gas flow rate at 23 °C
[dm?.min] 16.3 ! 2
Adsorber diameter [mm] 80 20 20
Input CO; content for Not 12 or 12 or
adsorption [vol. %] constant 14 14

* Applied in preliminary tests, published in 2015 [2].
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Another difference compared to the laboratory
apparatuses B and C should be underlined. In the pilot
unit A, in contrast to these apparatuses, cooling after
carbonation steps did not continued till reaching ambient
temperature. The system was heated up again to 900 °C
and next calcination phase started instantly. This
arrangement was applied for the whole experiment
except during two night phases, when another property
of the sample was investigated as described below.

During the night no alternation of carbonations and
calcination was realized. The circulation blower was,
nevertheless, kept running at stable frequency, ensuring
constant flow rate inside the system. The furnace
temperature was lowered during the first night.The
temperature under the fluidization distributor was kept
constant at 490 °C for about 10 hours. During the second
night the isotherm corresponding to standard carbonation
conditions i.e. 645 °C was tested instead.

There were two reasons for maintaining these
isothermal conditions. The first reason was practical only.
Material of the gaskets used in the reactor flanges undergoes
thermal dilatation. The manufacturer did not guarantee its
tightness unless the defined excessive temperature
fluctuation was avoided. The second reason for maintaining
the elevated temperatures during the night was due to
experimental purposes. All of the previously realized
experiments confirmed significant capacity decrease
especially within the first five cycles. In accordance with the
literature [ 12] the main cause for capacity loss is sintering of
the sorbent particles at high temperatures. This effect should
lead to closure of the porous structure of the substrate and
consequently to suppression of transport of CO, molecules
into the particles.

Based on the measurements carried out in the
laboratory non-circulating flow apparatuses B and C the
rate of sorption decreases gradually with increasing
number of cycles. CO; diffusion into the calcinate should
not, however, cease completely. According to the original
hypothesis the sorption should continue for a long time,
even though its rate would be so low and practically not
usable. This effect should be manifested during the
mentioned night phases by slowly decreasing CO»
concentration in the circulating gas. Nevertheless, this
hypothesis was confirmed neither in the case of 490 °C
isotherm, nor at 645 °C. Together with increasing number
of cycles CO, transport into the calcinate was not only
suppressed but it ceased completely. The explanation of
this behavior is discussed below in the chapter 3.3.

The evolution of the temperature closely beneath the
fluidization grid and above the expanded layer of the
sample is well demonstrated in Fig. 5. The graph in Fig. 6
shows, how CO; concentration followed the temperature
program that determined the alternation of the calcination
and carbonation cycles. Moreover in Fig. 6 constant CO;
level inside the system, indicating termination of the
sorption process during the night phases, can be
observed.
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Fig. 5 Course of the two most important internal
temperatures during continuous tests (71 - temperature
above the fluidised sample layer, T2 - temperature at
the distributor)

Fig. 6 Dependence of CO, concentration inside the
apparatus A on the actual temperature (72 - temperature
at the distributor)

3.2. Capacity changes observed at different
experimental conditions

Correct evaluation of sorption capacity is essential
for the overall assessing of the process of cyclically
repeated sorption and desorption. Evaluation of this
parameter was provided on the basis of recorded data
regarding immediate CO, concentration in the system
and volume gas flow in the circulation loop. A graph,
where the values of the membrane gas meter were put
against the time scale, showed that the circulation blower
with the frequency converter was able to maintain the gas
flow constant throughout the whole three day
experiment.

Due to the flexible bag, installed in the circulation
loop, all volume changes of the gas during individual
phases of the experiments were compensated and
atmospheric  pressure was therefore maintained
constantly.

The following parameters were calculated for each
experimental cycle. Weight of carbon dioxide, released
into the inner space of the apparatus due to thermal
decomposition of the sample, was calculated for the

calcination phases. Weight of CO,, captured from the
circulating atmosphere by the calcined sample, was
expressed for the carbonation steps.

In general terms it can be said that the same
mathematic approach was also used for the both
laboratory apparatuses with no-circulating gas flow.
Weights of captured as well as desorbed carbon dioxide
can be therefore mutually compared without needing any
additional mathematic correction.

For better clarity all results, showing adsorbed or
desorbed amount of CO», were expressed for 100 g of the
initial dry sample/sorbent before its first calcination.
Changes in the values of adsorbed and desorbed CO,,
processed by the previously mentioned mathematical
approach are shown in Fig. 7. The graph contains also
data, obtained during experiments in the laboratory
fluidized bed apparatus B.

Fig. 7 Comparison of adsorbed and desorbed quantities
of CO», expressed for pilot and laboratory fluidised bed
apparatuses A and B

Based on the course of ten cycles, carried out
independently in the two apparatuses the following
information can be derived. Measurements in the semi-
industrial fluidized bed apparatus confirmed the findings
from the laboratory tests. Structural changes, causing
gradual decrease in sorption capacity, occur already
during the first calcination. This fact can be documented
by the great difference between the weight of CO»,
desorbed during the first calcination, and the weight of
CO, captured back during the subsequent (second)
carbonation.

Sorption  capacity continues to  decreases
significantly. However, after the seventh or eighth cycle
the rate of this decline slows down substantially. Besides
these corresponding results several differences in
sorption behavior were observed when comparing the
apparatuses A, B and C. These findings demonstrate how
different construction and geometry of the experimental
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devices and therefore slightly different thermodynamic
conditions influence the samples and their capacities.

The course of the sorption capacities is in fact the
same until the fourth cycle regardless of the apparatus
design. In this cycle the sorption capacity of the sample
was 21.3 g. 100 g'! for the both fluidized bed apparatuses
A and B.

After that in the apparatus A the capacity decreased
more or less linearly until the seventh cycle, when the
capacity stabilized at the value of ca 13 g. 100 g''. On the
other hand, in the laboratory apparatus B significant
decline in capacities was detected also in the fifth and
sixth cycle. Since the eighth cycle the capacity was
roughly stabilized and its value was about 8.5 g.100 g,
which means a difference of 4.5 g.100 g! compared to
the larger apparatus A.

The causes of this behavior can be explained by two
factors. Maximum calcination temperature was the first
parameter. During tests in the all three apparatuses
calcination temperatures in the range of 850 - 1000 °C
were applied. The highest number of experiments with
various settings of the maximum calcination temperature
was realized in the fixed bed laboratory apparatus C.

The temperature of 850°C was repeatedly
confirmed as the minimum temperature, necessary for
complete decomposition of any CaCOs based sample.
From the viewpoint of structural changes this
temperature was chosen as the most suitable. On the other
hand this setting substantially prolonged calcination
time. The temperature of 1000 °C leads to practically
immediate conversion of CaCOs to CaO. However due to
a series of reasons, such as stability of construction
materials, this temperature is not applicable for industrial
practice.

In the fluidised bed laboratory apparatus B the
maximum calcination temperature of 950 °C was tested
in order to insure fast decarbonation of the sample.
Because the semi-industrial unit had the adsorber made
of stainless steel AISI 316Ti, maximum calcination
temperature 900 °C was chosen as a compromise.
Anyway, 50 °C of difference in calcination seems to be
the key factor causing the different trend in the reached
sorption capacities.

The second factor was significantly higher partial
pressure of CO; in the gas, circulating in the apparatus A.
Both laboratory apparatuses B and C worked always with
gas mixtures with defined composition and containing
CO; in the range of 12 - 14 vol. %. While in the closed
circulation of the pilot laboratory scale apparatus A the
content of CO;, detected at the end of the first two
calcinations, reached up to 60 vol. %. Until now the of
partial pressure of CO; on sorption capacity has not been
experimentally quantified and will be therefore
investigated in future measurements. This effect was,
however, discussed in several literary sources/scientific
publications [13].

3.3. Effect of steam and SO:

It is useful to put the capacities of the tested
limestone into the context with another two factors,
whose impact was already documented during the
laboratory experiments. It is specifically the effect of
steam reactivation and the effect of low concentration of
SO; in the simulated flue gas. Both effects were already
published [1, 2], but the results were not yet compared
with the apparatus A. The graph in Fig. 8 depicts mutual
comparison of the effect of the above mentioned factors
on sorption capacities.

Fig. 8 Comparison of sorption capacities, realized on
different apparatuses under variable experimental
conditions

Assuming that the economical assessment of
carbonate looping process shows that sorbent capacities
in range 9 — 12g. 100 g' will be sufficient it is
nevertheless possible to maintain sorption capacity more
or less stable by optimizing the temperature regime even
without applying any additional reactivation step. Taking
in consideration that the effect of steam reactivation and
the influence of sulphur dioxide in the gas stream have
already been discussed in previous works, this work does
not address these issues.

3.4. Structural changes of the sorbent particles

SEM photos document very illustratively the reason
why the above described changes in sorption capacity
occur once the sorbent has been subjected to periodically
alternating phases of carbonations and high temperature
calcinations.

By the comparison of amounts of CO» adsorbed and
desorbed in each cycle following assumption can be
expressed. As seen in Fig. 7 the declines in sorption
capacities occur due to both incomplete release of CO;
during calcinations as well as its incomplete capture
during carbonation phases. It is probable that these
phenomena are caused by structural changes blocking
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CO2 molecules transport out or inside the sorbent
particles.

Above all, SEM photos explain why CO, transport
into the calcined sorbent stopped and sorption terminated
completely during prolonged circulation under
isothermal conditions at 650 °C.

As seen in Fig. 9 and 10, the surface of the material
is practically free of pores. Only a network of cracks,
caused by thermal dilatations and contractions, can be
observed on the relief. This is especially noticeable when
magnification 5 x 10* was used for scanning. The surface
of the individual grains, forming the agglomerate,
appears smooth and intact and therefore significantly
prevented diffusion of CO; molecules. During the next
cycle new fissures are formed, thus again enabling the
carbonation process, although with lower conversion

rate.
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Fig. 9 Surface of the sample after ten cycles of high
temperature calcination, followed by carbonations
(magnification 50000)
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Fig. 10 Surface of the sample after ten cycles of high
temperature calcination, followed by carbonations
(magnification 10000)

This finding is supported by several literature
sources, as well as the parameters of CO, molecule,
which has its kinetic diameter 330 pm for O=C=0O
bonding angle of 180° and C=0 bond length 1.16 x10°1°
m [14, 15].

The same phenomenon was observed during
experiments in both laboratory apparatuses B and C. In
this case one difference was found.

If calcination was performed in the apparatus C
process of surface sintering occurred somewhat slower.
Significantly lower heating rate, applied for calcination,
was identified as the reason for this behavior.

4. Conclusion

This work compares results of the sorption
experiments performed in parallel in three different
apparatuses. Function and features of the pilot laboratory
scale unit with fluidized bed reactor and closed gas
circulation are established by performing a specific three-
day experiment as an example. Method of processing the
collected data is discussed as well.

All experiments fully confirmed the findings of
measurements in smaller apparatuses B and C. All the
measurements showed that CO, sorption capacity of
limestones is more or less stabilized after the first six or
seven cycles. The specific value for the tested sample
after stabilization varies in the range of 9 — 12 g. 100 g".
It seems that shift of the stabilized sorption capacity to
lower or higher limit within the interval depends strongly
on temperature conditions in the calciner (temperature
profile and heating rate).

Night phases of prolonged carbonation under
isothermal conditions confirmed that closure of the
porous structure leads not only to a decrease of
carbonation rate but to practically complete stop of
adsorption.

It should be noted that the purpose of the pilot
laboratory scale unit A was not reaching high efficiency
of CO, capture but providing data about sorption
capacities and their changes. Due to economic reasons, in
the case of industrial application of carbonate looping the
number of calcination/carbonation cycles should reach
tens or better hundreds of repetitions for one limestone
batch. Based on the above described measurements it is
obvious that this arrangement excludes confronting the
calcinate with insufficiently desulphurised flue gas.

Alternatively, carbonate looping can be used for
single step combination of dry FGD and CO; capture. In
that case the performance of regeneration and number of
cycles would be, however, significantly limited.
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Continuous testing of carbonate loop in the fluidized
bed unit with closed circulation

The article summarizes results of measurements of
the equilibrium sorption capacities of natural limestone,
obtained using a carbonate looping unit with pilot
laboratory scale.

One material, mined in the quarry “Velkolom
Certovy schody”, was selected on the basis of previously
performed preliminary tests under laboratory conditions.
The selected sorbent material was subjected to the hereby
presented cyclical measurements.

The paper contains detailed description of the
experimental device, having a single fluidized bed
reactor, which plays both the roles of the calciner and the
carbonator as well. A three-day experiment was used as
an example to demonstrate the arrangement of the tests
and their evaluation.

Unlike the devices with separated reaction chambers
for sorption and desorption the apparatus, constructed for
the hereby discussed experiments, allowed changing the
process phases simply by controlling/setting the
temperature of the external three-zone oven. In all cases
the gas flow rate was maintained constant
at 16.3 dm*.min"! (blower temperature 23 °C).

The final temperature for the calcination phase,
measured on the fluidization distributor, was set at
900 °C, while carbonation was carried out at isothermal
conditions at 650 °C.

Within the article the values of the achieved
capacities and their changes, depending on the number of
exposition cycles, are compared with the corresponding
data from two smaller laboratory non-circulating flow
apparatuses. The first of the comparative apparatuses
worked with fixed sample/sorbent bed, while the second
system was operated with fluidised bed.

Close relation between sustainable capacity and
calcination conditions was confirmed. Depending on the
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maximum calcination temperature and heating rate the
capture capacity of the given limestone can be more or
less stabilized in the range of 9 - 12 g.100 g'!. The SEM
photos, taken after 10 cycles, showed how the high
calcination temperatures influenced the particles surface
and determined the available sorption capacity of the
sample.
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Prispévek se zaméruje na ucinnosti jednotlivych systéemii pro ukladani elektrickeé energie z obnovitelnych
zdrojui a jejich detailnéjsi popis. Systémy pro akumulaci elektrické energie jsou diileZitym faktorem pro zajisteni
stalych dodavek elektrické energie do elektrické site. V praxi se vyuziva mnoho systémii pro akumulaci elek-
tricke energie. V tomto clanku budou popsany nejvyuzivanéjsi technologie.
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Ucinnost riiznych systémii ukladani elektrické energie z obnovitelnych zdrojt

1. Uvod

Za ucelem snizovani zavislosti na konvencnich
zdrojich energie a snizovani emisi oxidu uhli¢itého pa-
nuje v poslednich letech snaha o rozvoj obnovitelnych
zdroju energie (OZE). Mezi konvencni zdroje energie fa-
dime elektrarny na fosilni paliva a mezi obnovitelné
zdroje energie fadime naptiklad fotovoltaické, vodni
nebo vétrné elektrarny. Elektricka energie z obnovitel-
nych zdrojii ma velkou nevyhodu a tou je jeji nestabilni
vyroba, ktera zavisi na aktualnim stavu pocasi, a tedy ji
nelze presné predikovat, kromé vodnich elektraren. V
tomto pfipadé miize dochazet bud’ k nedostate¢né vyrobé
elektrické energie, nebo k jeji nadvyrobé [1]. Aby bylo
mozné alespon ¢astecné nahradit konvenéni zdroje elek-
trické energie, je tfeba zatadit do elektrické sité systémy
pro akumulaci elektrické energie z obnovitelnych zdroju.
Dalsi moznosti vyuziti pfebytecné elektrické energie v
dob¢ jeji nadvyroby je jeji pfeména na energii chemic-
kou. Vyroba chemické energie z piebytecné elektrické
energie je znama pod pojmem Power-to-Gas.

2. Koncept Power-to-Gas

Koncept Power-to-Gas spojuje rozvodnou elektric-
kou sit’ s plynovodni siti tak, ze pfeménuje nadbyte¢nou
elektrickou energii na chemickou pomoci dvoufazového
procesu. V prvni fazi jde o produkci vodiku pomoci elek-
trolyzy vody, kde mize byt vodik prvnim kone¢nym pro-
duktem v konceptu Power-to-Gas. Vodik mize byt ulo-
zen do tlakovych lahvi, nebo muze byt ulozen spolu se
zemnim plynem v ramci infrastruktury zasobnikii zem-
niho plynu. Dale mtze byt vodik naptiklad vyuzit jako
palivo pro pohon motorovych vozidel. Nebo muze byt
produkovany vodik vyuzit k reakci s oxidem uhli¢itym
na methan. Tento plyn je oznacovan jako synteticky nebo
nahradni zemni plyn (SNG). SNG mize byt vtlaovan do
stavajicich plynovych rozvodi nebo plynovych zasob-
niki, dale mize byt vyuzivan jako motorové palivo pro
vozidla na CNG (stlaceny zemni plyn) nebo mtize byt po-
uzit pro stavajici plynarenskéd zatizeni. Jednotlivé cCasti
konceptu Power-to-Gas jsou zndzornény na obr. 1. Cel-
kova svétova skladovaci kapacita zemniho plynu je vice

nez 3 600 TWh [2] a celkova svétova vyroba elektrické
energie z vétrné a solarni energie byla v roce 2012
639 TWh [3].

3. Technologie pro akumulaci elektrické
energie

Akumulace elektrické energie je klicovym aspek-
tem nejen v konceptu Power-to-Gas, ale je dulezita i ve
spojitosti s konven¢nimi zdroji energie. Nevyhodou kon-
vencnich zdroju elektrické energie, jako jsou elektrarny
na fosilni paliva ¢i jaderné elektrarny, je jejich najezd na
plny vykon, ktery se pohybuje v rozmezi od jednoho dne
az po n¢kolik tydnti. Vzhledem k tomu, Ze elektricka sit
musi byt v neustalé rovnovaze mezi vyrobou a spotfebou
elektrické energie, Cini nestabilni vykon OZE vyrazné
obtize pfi fizeni elektrické pfenosové soustavy. Pti nedo-
statecné vyrob¢ elektrické energie z OZE musi byt odbé-
rové $picky kryty najizdénim zaloznich zdroji a naopak
pfi nadmérné vyrobé elektrické energie musi byt nékteré
zdroje odstavovany. Zaroven pii nadmérné vyrobé hrozi
pretizeni pfenosové soustavy a nasledné vypadky doda-
vek elektrické energie. Tyto problémy lze vytesit zafaze-
nim systémt akumulace elektrické energie do elektrické
rozvodné site [4].

Existuje mnoho zptisobti akumulace elektrické ener-
gie, kde se vzdy jedna o preménu elektrické energie na
jinou formu energie a v piipadé potifeby znovu zpét na
elektrickou energii. V praxi se vyuziva mnoho technolo-
gii pro akumulaci elektrické energie, mezi n¢ patfi napf.
precerpavaci vodni elektrarny, technologie pro akumu-
laci stlacenym vzduchem, elektrochemické ¢lanky, setr-
vacniky, superkondenzétory, supravodivy magneticky
systém akumulace energie, a dalsi.

3.1. Pielerpavaci vodni elektrarny (PVE)

V dnesni dob€ vyznam PVE stoupa predevsim diky
obtizné predvidatelnému vykonu obnovitelnych zdroja
energie, jeZ jsou zdrojem vyraznych vykyvl na vyrobni
stran¢ vykonové bilance elektrizacni soustavy.
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Obr. 1 Schéma konceptu Power-to-Gas [3]
Fig. 1 Schema of concept Power-to-Gas [3]

PVE dokazi diky velmi rychlému najeti elektrarny
behem 60 sekund tyto vykyvy spolehlivé vyrovnavat a
dle velikosti nadrze jsou schopny pracovat v rozmezi
4 — 10 hodin.

Tato technologie vyuziva dvou zéasobnikli vody,
které jsou umisténé v riznych nadmoiskych vyskach. Pti
ukladani energie je voda ¢erpana ze spodniho do horniho
zasobniku. Naopak pfi vyrob¢ energie je voda z horniho
zasobniku vypousténa dolt pres turbinu, ktera vyrabi
elektrickou energii. Jako zasobniky vody slouzi nadrze,
jezera nebo feky v horskych oblastech, ptipadné mize
byt spodni zasobnik uloZen v zemi. Jedna se o nejb&éznéjsi
systém ukladani energie, ktery disponuje velkym vyko-
nem a je zde moznost akumulace energie po dlouhou
dobu. Utinnost PVE se pohybuje v rozmezi 50 — 85 %.
Mezi nevyhody patii zejména zajisténi vhodné lokality s
dostatecnym prevySenim a prostorem pro ob& nadrze. V
Ceské republice mame tfi PVE, a to Stéchovice II, Dale-
Sice a Dlouhé strané [5].

3.2. Akumulace do stlaceného vzduchu (CAES)

Tato technologie akumulace energie, ktera je zalo-
zena na vyuziti stlaceného vzduchu (CAES — Compres-
sed Air Energy Storage), by se méla v budoucnu vyuzivat
pfedevsim u vétrnych elektraren, které v soucasnosti do-
sahuji nejvetsich vykont z obnovitelnych zdroji energie.

Pti akumulaci elektrické energie pomoci této tech-
nologie je vzduch stlacovan kompresorem do zasobniku.
Zpét je elektricka energie ziskavana expanzi vzduchu na

turbing. Zasobnikem zde mohou byt ptirodni jeskyné,
nebo uméle vytvorené kaverny. CAES mtize byt pouzit
pro akumulaci velkého mnozstvi elektrické energie.
Utinnost CAES pii zatazeni systému akumulace tepelné
energie, ktera vznika pfi kompresi plynu a vyuziti této
energie k predehievu plynu pfed expanzi, je pfiblizné
70 %. Nicméné v prumyslové praxi systémy CAES do-
sahuji vlivem nizkych elektrickych ucinnosti (komprese
a expanze) celkové ucinnosti pod 35 %. Vyhodou tohoto
systému akumulace je vysoka doba skladovani (vice nez
jeden rok) a to hlavné z dtivodu velmi malych ztrat vzdu-
chu z kaveren. Hlavni nevyhodou je potieba dostatecné
velkych prostorti v podzemi, aby byla vystavba ekono-
micky tinosna [6]. Na obr. 2 je schématické znazornéni
technologie CAES [7].

3.3. Elektrochemické ¢lanky

Jedna se o chemicky princip akumulace energie, kdy
je energie uchovavana v chemickych vazbach elektrodo-
vého materialu a dochazi k vratnym reakcim elektrodo-
vého materidlu s ionty z elektrolytu. Jejich vyhodou je
relativné nizka cena, moznost operativniho vyuziti a
mnohonasobné opétovné nabijeni a vybijeni. Mezi hlavni
nevyhody patii samovybijeni a maly pomér akumulované
energie k hmotnosti ¢i objemu akumulatoru. Do tohoto
typu akumulace fadime vSechny akumulatory a super-
kondenzatory. Uéinnost elektrochemickych &lanki se
pohybuje v rozmezi 75 — 95 %.

61



S29 (3)

PALIVA 9 (2017), 2,5.: 60 - 66

Ucinnost riiznych systémii ukladani elektrické energie z obnovitelnych zdrojt

Obr. 2 Usporadani technologie CAES [7]
Fig. 2 Arrangement of technology CAES [7]

3.3.1  Olovené akumulatory

Patii mezi nejstarsi, nezndmé;jsi a nejvice rozsirené
akumulatory. Nejbéznéji vyuzivané olovéné akumula-
tory jsou sestavené sériove do baterie, kde se napéti jed-
noho akumulatoru pohybuje v rozmezi 1,1 — 2,5 V. Elek-
trolytem je zde zfedéna kyselina sirova, ktera v roztoku
disociuje na kladné vodikové ionty a zaporné siranové
ionty. Schéma vybijeni a nabijeni olovéného akumula-
toru je znazornéno na obr. 3 [8].

Olovéné akumulatory vynikaji zejména svoji odol-
nosti vii¢i nizkym teplotam, bezpec¢nosti a cenou. Velkou
nevyhodou téchto akumulatort je jejich ekologicka zatéz

[9].

3.3.2  Ni-Cd akumulatory

Mezi vyhody téchto akumulatort patii jejich malé
samovybijeni a odolnost proti zvysenym teplotam. Zivot-
nost je vice nez 500 cykld nabiti - vybiti pii 80 % DOD
(Depth of Discharge — hloubka vybiti). U velkych sys-
témd pro akumulace energie je zivotnost 20 let s piedpo-
kladem 15 % DOD. Tento typ baterii ma velkou mérnou
energii, ta se pohybuje okolo 50 Wh.kg! [10]. Nevyho-
dou je jejich potizovaci cena, ktera je v porovnani s Pb
akumulatory cca 6 krat vyssi. Nejvétsim problémem u
téchto baterii je cadmium, které je vysoce nebezpecné a
karcinogenni. Z tohoto dtivodu se opousti od vyroby zmi-
néného typu baterii.

Obr. 3 Schéma olovéného akumulatoru [8]
Fig. 3 Schema of lead accumulator [8]
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3.3.3  Li-ion akumulatory

Tyto akumulatory vynikaji pfedevs§im svou malou
velikosti, malou hmotnosti, maji relativné vysoké napéti
3,7 V a velkou mérnou energii, kterd se pohybuje okolo
140 Wh.kg!. Jejich nedostatkem je vysoka cena a ztrata
akumulaéni kapacity pii hlubokém vybijeni, které se pro-
jevuje snizovanim zivotnosti baterie [9].

3.3.4  NaS akumulatory

Tento typ akumulatoru ma nejlepsi vlastnosti pro
energetiku, jelikoz ma velkou mérou energii
(150 Wh.kg") a dosahuje ¢innosti kolem 90 %. Zivot-
nost téchto akumulatord se odhaduje na cca 15 let i ptes
velky pocet cyklt nabijeni — vybijeni [11].

Hlavni nevyhodou NaS akumulatoru je pracovni
teplota, kterd se pohybuje kolem 300 °C. Pii této teploté
jsousodik i sira v kapalném stavu. Tento typ akumulatoru
je nainstalovan v akumulacni stanici v Presidio USA,
ktera je pti vypadku elektfiny schopna dodavat 4 MW po
dobu 8 hodin. Dalsi zafizeni o vykonu 1 MW a s kapaci-
tou 7,2 MWh je naistalovano naptiklad v Japonsku, kde
vyrovnava zatizeni sité a zlepSuje tak jeji stabilitu [12].
Schéma NaS akumulatoru je znazornéno na obr. 4 [13].

3.3.5  Zn-Br akumulatory

Na rozdil od ostatnich akumulatord ma tento typ
akumulatoru oddélené elektrolyty, v nichz je akumulo-
vana energie. Béhem nabijeni je ¢erpan roztok bromidu
zinecnatého do prostoru mezi elektrody. Na kladné elek-
trodé dochazi k vylucovani kapalného brému, ktery je
spolu s pfisadami pro zlepSeni jeho rozpustnosti ¢erpan
do druhé nadrze.

Obr. 4 Schéma NaS akumulatoru [13]
Fig. 4 Schema of NaS accumulator [13]

Na zaporné elektrodé se vylucuje kovovy zinek. Pti
vybijeni je roztok ¢erpan z druhé nadrze do prvni, kde na
elektrodach reaguje s kovovym zinkem. Zde vznika bro-
mid zinecnaty a elektricky proud [14]. Schéma Zn-Br
akumulatoru je znazornéno na obr. 5 [15].

Napéti na jednom ¢lanku je ptiblizn€ 1,7 V. Velkou
vyhodou téchto akumulatorti je jejich moznost uplného
vybiti bez poskozeni s velkym poctem cykli. Nevyhodou
tohoto typu akumulatoru je jeho energetickd hustota,
ktera neni pfili§ vysoka. Zminénou nevyhodu ostatné pte-
vazuje jeho nizka pofizovaci cena [14].

Obr. 5 Schéma Zn-Br akumulatoru [15]
Fig. 5 Schema of Zn-Br accumulator [15]
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3.4. Superkondenzator

Princip superkondenzétoru je obdobny jako u elek-
trochemickych ¢lankt s tim rozdilem, Ze u tohoto aku-
mulatoru neni elektricky naboj uchovavan chemicky, ale
fyzikalné, tedy elektrostatickou silou na povrchu elek-
trod. Elektrody jsou vyrobeny ze specialniho materialu,
ktery vynika velkou plosnou hustotou. Jedna se praskovy

uhlik, ktery je naneseny na hlinikové folii. Prostor elek-
trod je vyplnén tekutym elektrolytem a elektrody jsou od
sebe oddéleny polypropylenovou fo6lii. Napéti jednoho
¢lanku se pohybuje okolo 2,5 V. U tohoto zafizeni je
mozné akumulovat energii s vy$sim napétim, a to sério-
vym zapojenim ¢lankd. Velkou vyhodou je vysoka ucin-
nost akumulace - az 95 %. Nevyhodou je pomérné vy-
soka cena [16]. Schéma superkondenzatoru je zndzor-
néno na obr. 6 [17].

Obr. 6 Schéma vnitiniho uspofadani a modul superkondenzatoru [17]
Fig. 6 Schema of internal arrangement and modul of supercapacitor [17]

3.5. Setrvaéniky

Setrvacniky funguji na principu uchovani kinetické
energie. Kineticka energie se ziskava pomoci elektric-
kého ptikonu, kterym se roztaci rotor. Pii ukladani elek-
trické energie je setrvacnik zrychlovan elektrickym mo-
torem. Elektricka energie je zpét ziskavana z generatoru,
ktery je pohanén setrva¢nikem. Moderni setrvacniky jsou

vyrabény z uhlikovych kompozitd, které jsou lehké a ro-
tor tak dosahne vétsi rychlosti. Setrvaéniky délime na dva
typy. Prvni pracuje pfi otdckach do 8 000 min!. Druhy
typ setrvacniku je podstatné lehéi a pracuje pii otackach
az 100 000 min’!. Setrva¢niky se vyznaluji vysokym vy-
konem, nizkou energii a velmi kratkou nab&hovou pro-
dlevou. Ug¢innost se pohybuje v rozmezi 90 — 95 %. Na
obr. 7 je znazornéno vyuziti setrvacniku [18].

Obr. 7 Vyuziti setrvacniku [18]
Fig. 7 Use of flywheel [18]
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3.6. Supravodivé prstence

Jedna se o akumulaci energie do magnetického pole,
kde se nejprve musi stiidavy proud z rozvodné sité pre-
meénit na stejnosmeérny proud a nasledné je pfivadén do
supravodivé civky. Civka musi byt zkonstruovana ze su-
pravodivého materialu, ktery je odolny pro velké proudy
a musi byt tepeln¢ izolovana [19]. Pfi ¢erpani energie z
civky je proces opacny, kdy stejnosmérny proud z civky
je ptes vykonovy stiidac pteveden do sité. Hlavni vyho-
dou je moznost ve velmi rychlém Case pfechazet ze stavu
akumulace do stavu cerpani naakumulované energie.
Utinnost tohoto zafizeni se pohybuje okolo 95 %.

4. Zavér

Aby bylo mozné konvenéni zdroje elektrické ener-
gie nahrazovat obnovitelnymi zdroji energie, je tfeba do
sit¢ zaradit systémy pro akumulaci elektrické energie.
Nevyhodou konvenénich zdroji elektrické energie, jako
jsou elektrarny na fosilni paliva ¢i jaderné elektrarny, je
jejich dlouhy najezd na plny vykon, ktery se pohybuje v
rozmezi dnii az tydnd. Tato nevyhoda miize mit za nasle-
dek vypadky dodavek elektrické energie. Resenim této
situace je akumulace elektrické energie z obnovitelnych
zdrojt energie. V soucasné dob¢ existuje mnoho zptisobti
akumulace elektrické energie. V praxi se nejcastéji vyu-
zivaji preCerpavaci vodni elektrarny, technologie pro
akumulaci stlaceného vzduchu, elektrochemické clanky,
setrvacniky, superkondenzatory ¢i supravodivé prstence.
V tab. 1 jsou zndzornény jednotlivé technologie s jejich
ucinnostmi [20]. Z tabulky vyplyva, Ze nejvyssi uc¢innost
akumulace elektrické energie maji superkondenzatory a
supravodivé prstence. Lze predpokladat, ze se v bu-
doucnu budou tyto technologie dale zdokonalovat.

Tab. 1 U¢innosti jednotlivych akumulaénich systémi
Tab. 1 Efficiency of individual storage systems

Ucinnost akumulace

Systém elektrické energie[%]

Ptecerpavaci vodni

elektrarny (PVE) >0-85
Stlaceny vzduch (CAES) 27-170
Elektrochemické ¢lanky 75-95
Superkondenzatory 95

Setrvacniky 90 -95
Supravodivé prstence 95

Power-to-Gas: vodik* 20 -35
Power-to-Gas: methan* 15-20

* elektfina — plyn— elektfina + teplo (plynova turbina)

Podékovani

Prace byla realizovana s finan¢ni podporou poskyt-
nutou TACR (projekt TH02020767 Methanizace oxidu
uhlicitého v bioplynu) a IGA VSCHT
(A2 _FTOP 2017 _027). Autofi p¥ispévku dékuji TACR
a IGA VSCHT za finanéni prostiedky poskytnuté na fe-
Seni projektu.
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Summary

Veronika Snajdrova, Tomas Hlincik, Karel Ciahotny
University of Chemistry and Technology, Prague, Tech-
nickad 5, 166 28 Praha 6, snajdrov@vscht.cz

Efficiency of systems for storage of electricity from re-
newable sources

This article focuses on the principles and efficiency
of individual storage systems for electricity produced
from renewable sources. Electricity storage systems are
important means of ensuring constant electricity supply
to the power grid. A variety of electricity accumulation
systems are used in practical applications. In this work
the most commonly used technologies are described.
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Use of electricity from renewable energy sources for the production of synthetic natural

gas
Veronika S’najdrovd, Tomas Hlincik, Karel Ciahotny

Department of Gas, Coke and Air Protection, University of Chemistry and Technology,
Prague

Introduction

In recent year in order to reduce dependence on conventional energy sources and reduce carbon
dioxide emissions, there is an effort to develop renewable energy sources. Among conventional
energy sources belong mainly thermal and coal power plants and among renewable energy
sources belong mainly solar, water and wind power plants. The main disadvantage of electricity
from renewable energy sources is its unstable production, which depends on the current weather
conditions and therefore it can never be accurately predicted. Due to the unstable nature of
energy production from renewable sources either a lack or in the opposite case overproduction
of energy may be experienced. In Fig. 1 annual electricity production and fluctuations in
electricity generation from photovoltaic and wind power plants in the Czech Republic during
the year 2015 is shown [1]. In order to replace conventional energy sources in the power supply
should be included systems for storing electrical energy from renewable sources. Another
option is storing electrical energy by converting it in to chemical energy for instance in the form
of hydrogen or methane. Production of chemical energy from excess electrical energy is known

as the concept ,,Power-to-Gas*.

Figure 1: Yearly diagram of electricity production from renewable energy sources in the Czech

Republic during the year 2015
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Power-to-Gas

The concept Power-to-Gas connects the power grid to a pipeline network so that it converts
excess electrical energy to chemical through a two-stage process. In the first stage hydrogen
production by water electrolysis takes place. In the second stage hydrogen conversion with
external sources of carbon dioxide to methan via the methanation process takes place.

In Fig. 2. the individual steps of the concept Power-to-Gas are depicted.

Figure 2: Scheme concept of Power-to-Gas

The conversion of electrical energy into chemical is the basis for any Power-to-Gas concept.
This conversion is performed by water electrolysis. Through water electrolysis hydrogen and
oxygen are produced via an electrochemical reaction (Equation 1). Water electrolysis can be
divided into two steps. At the negatively charged cathode reduction reaction takes place while

at the positively charged anode oxidation reaction takes place.
H,0(1) — Hy(g) +02(9) AH? = +285,5 kj /mol (1)

Between the electrodes is situated an electrolyser, which consists of the electrolyte and the
membrane. Depending on the type of electrolyte electrolysis cells can be divide into three basic
categories. These include alkali electrolysis with liquid alkaline electrolyte (AFC), electrolysis
using polymeric membranes (PEMEC) and electrolysis using solid carbon (SOEC) [2]. In the

concept Power-to-Gas most is used AEC electrolyser.
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The second reactant in the methanation process is carbon dioxide. In this stage can be used
various sources of carbon dioxide, such as carbon dioxide from fossil fuel power plants,
biomass or from industrial processes. Obtaining carbon dioxide is already being rigorously
investigated due to attempts to reduce emissions from stationary sources. A sustainable option

would be the utilization of carbon dioxide from Carbon Capture and Storage (CCS) facilities

[3].

The main methanation process objective in the concept Power-to-Gas is converting hydrogen
and carbon dioxide or carbon monoxide to methane. In Fig. 3 a schematic overview of a

Power-to-Gas chemical methanation unit is illustrated.

Figure 3: Scheme of Power-to-Gas methanation unit

The first final product in the concept of Power-to-Gas may be hydrogen, which is produced by
water electrolysis. Hydrogen may be subsequently either stored in cylinders or with natural gas
within the gas storage infrastructure. Hydrogen can also be converted back to electrical energy

through combustion, or can be used as a fuel for motor vehicles [3].

The second possible product in the concept of Power-to-Gas is methan, which is produced from
methanation. The produced methan is referred to as synthetic natural gas (SNG). The main
advantage of SNG as the final product in the concept of Power-to-Gas is its unlimited
applicability in gas infrastructure, as it intersects the electric and gas grid networks.
Furthermore, SNG can be used as fuel for motor vehicles, raw materials for manufacturing
industry or for heating. The physical and chemical properties of SNG and natural gas are so

similar that there is no need for any technical adjustments [4].
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Conclusions

The main idea of the concept Power-to-Gas is to create a system of electricity accumulation
from renewable energy sources. In Europe, the concept is used more widely in Germany, where
in 2013 was built the first device Thiiga Power-to-Gas in Frankfurt am Mohanem. The first
produced hydrogen was injected into the natural gas distribution system. The first major
technology that produces synthetic methane for transportation has been in operation since 2013
in the German Werlte. In this technology is used carbon dioxide and excess heat obtained from

a biogas plant [5].
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